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PREFACE 

There is a great demand for generic research in process measurement and control and 

in bioseparations as they pertain to the rapidly maturing biotechnology industry. The National 

Institute of Standards and Technology (NIST) and the National Aeronautics and Space 

Administration (NASA) sponsor basic physical research in process technology and foster 

the diffusion of technology into the commercial sector. NIST, an agency of the U.S. De- 

partment of Commerce, maintains one of the nation’s leading physical research capabilities, 

while NASA is responsible for access to low-gravity environments, an important resource 

for the investigation of gravity-dependent fluid phenomena relevant to bioprocessing. It 

seemed fitting that researchers representing the goals of these two agencies should, with the 

concurrence and support of the agencies, convene a conference dealing with subjects at the 

leading edge of bioprocessing research and development. Thus was born the Frontiers in 

Bioprocessing conference, which took place in Boulder, Colorado from June 28 to July 2, 

1987. We wish to thank the sponsors of the Frontiers in Bioprocessing conference: the U.S. 

Department of Commerce, NASA, and the corporate sponsors (Schering-Plough, Coors, 

Synergen, and Synthetech). 

The rapid dissemination of bioprocessing research results that characterized the confer- 

ence was only made possible by the generous participation of representatives of leading 

companies, universities, and governments, who freely shared their common problems and 

scientific progress. The pages that follow contain the plenary lectures and several poster 

presentations that were given at the conference in the spirit of exploring the frontiers and 

creating a spirit that leads beyond them. The problems and challenges of modern biopro- 

cessing are aptly defined in the keynote paper by Professor Humphrey. Each of these problems 

is addressed by contributors in six categories: process integration, fermentation control, 

sensor development, free-fluid bioseparations, chromatography, and emerging technologies 

such as integrated systems, protein engineering, and mineral processing. Each of these 

contributions was reviewed by volunteer scientists to whom we are extremely grateful for 

their patience, willing contribution of time, and, in many cases, promptness. As a token of 

our gratitude to them, we have listed their names and affiliations below. Finally, we wish 

to thank and acknowledge those who contributed in a major way to the organization of the 

conference and the publication of the proceedings: Kent Zimmerman and his staff at the 

University of Colorado Conference Center; Jesse Hord, director of the NIST’s Center for 

Chemical Engineering, and his staff, including the local organizing committee; Dr. V. N. 

Schrodt; Dr. R. Perkins; Mrs. Linda Banks, secretary; and the editorial staff of CRC Press, 

Inc. 

Subhas K. Sikdar 

Milan Bier 

Paul Todd 

Boulder, Colorado 

May 1988 
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Chapter 1 

PROBLEMS AND CHALLENGES IN THE PRODUCTION AND 
PROCESSING OF BIOLOGICALLY ACTIVE MATERIALS 
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2 Frontiers in Bioprocessing 

I. INTRODUCTION 

Biotechnology is no longer a fantasy. It offers numerous opportunities to improve the 

quality of life on many fronts. It presently represents a more than $2 billion/year industry 

in the U.S. alone. Most economists predict it will be a $40 billion/year industry by the turn 

of the century. The U.S. has been, and continues to be, the world leader in genetic bio- 

technology research.'* Maintenance of that leadership and timely commercialization of the 

fruits of biotechnology research are vitally important to the future economic well-being and 

international technological stature of the U.S. The key to commercialization of this research 

is a strong knowledge base on which to design bioprocessing systems for the manufacture 

of bioproducts.* Unfortunately, little attention has been given to date to downstream bio- 

processing research. This text will focus on the development of new and improved processing 

techniques for the manufacture of products of this ‘‘new biology’’. I have been asked by 

the editors to ‘‘set the stage’’ for the chapters to follow by highlighting the problems and 

challenges in the production and processing of biologically active materials. 

A. WHAT IS THE PAYOFF? 
Virtually every economist and every biotechnologist has a personal assessment of the 

potential of biotechnology. Busche and Hardy® have reported on a consensus survey of 75 

experts in the field on biotechnology opportunities (see Figure 1). Their survey suggests 

that the greatest potential is in health care, followed by agriculture and, then, chemicals. A 

number of reports on biotechnology potentials have been summarized in a National Research 

Council (NRC) research briefing report entitled Chemical and Process Engineering for 

Biotechnology.' This panel has estimated that potential worldwide markets for biologically 

derived products will range from $40 to $100 billion annually by the year 2000. The high 

and low ranges of these estimates for each area are given in Table 1. This ranking indicates 

pharmaceuticals will be first, followed by chemicals, then agriculture. Clearly, the consensus 

is that health care will be the most important application of biotechnology. There is disa- 

greement over whether chemical or agricultural products have the next greatest potential for 

biotechnology applications. 

Pollack’? suggests that the potential for biotechnology products will be at least $10 

billion/year by 2000. He notes that the present market capitalization of the seven largest 

new genetic engineering companies (see Table 2) is nearly $6 billion and for all 200 new 

genetic engineering companies it approaches $10 billion. He points out that the four phar- 

maceuticals produced to date by genetic engineering techniques exceeded $150 million in 

sales last year. He suggests that the potential for genetically engineered drugs in 1988 could 

approach $0.5 billion (see Table 3). When one adds the sales of diagnostic bioproducts, 

income from breeding better plants and animals, and high-value-added chemicals produced 

by bioprocesses, it is not difficult to believe that by the year 2000 this industry will have a 

value in the tens of billions of dollars. 

B. CHEMICALS VIA BIOTECHNOLOGY? 

The debate over the potential for biotechnology in the chemical industry is very under- 

standable. It stems from the fact that in terms of absolute market sales, commodity chemicals 

derivable from biotechnology processes have far and away the largest sales potential of any 

of the bioproducts, including medicinals® (see Table 4). However, most forecasters do not 
take into account the fact that most bioproducts are produced in dilute aqueous solutions. 
It takes a lot of energy to ‘‘squeeze the water out’’ of the bioproducts. Note that the selling 
price of bioproducts can be related to the final concentration of product achieved in the 
fermentation broth* (see Figure 2) and the annual production rate’ (see Figure 3). In the 
case of large-volume chemicals, bioprocesses have to compete with efficient high-product- 
concentration chemical processes. Biotechnology probably will not make significant headway 
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FIGURE 1. Expected worldwide impact of biotechnology. (From Busche, 

R. M. and Hardy, R. W. F., Biotechnol. Bioeng. Symp., 15, 651, ©1985. 

Reprinted by permission of John Wiley & Sons, Inc.) 

TABLE 1 

Estimates for Annual Sales of Biotechnology 

Products by the Year 2000" 

Millions of Dollars 

Category Low estimate High estimate 

Medical products 7,000 45,000 

Chemical products 5,000 25,000 

Agricultural products 3,000 9,000 

Food/feed 3,000 4,000 

Associated equipment and en- 10,000 24,000 

gineering systems 

Sum of combined low and 28,000 107,000 

high estimates 

in the production of commodity chemicals because of end-product inhibition effects on 

cellular biology and the difficulty genetic engineering has had solving this end-product 

inhibition problem. Because of these problems, biotechnology will impact only on those 

high-value chemical products having a value greater than $10/kg. Therefore, one should 

not consider biotechnology research on commodity chemicals unless it is directed at process 

improvement, i.e., nonaqueous bioprocessing, elimination of end-product inhibition, or 

development of cheaper substrates. Future biotechnology research in the chemical area should 

be focused on high-value-added chemicals produced by tissue culture, where small yield 

improvements can result in significantly increased process economies. However, more on 

this later. 

II. SPECIFIC OPPORTUNITIES 

The specific opportunities for commercializing the products and devices emerging from 

biotechnology are both tantalizing and highly diverse. Among the more exciting prospects 

are those described in the following sections. 
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TABLE 2 

Leading Genetic Engineering Companies and Their Products 

Market capitalization 

Company (millions) Products 

Genentech $3200 Human growth hormone; tissue plasminogen activa- 

tor; gamma interferon; tumor necrosis factor 

Cetus 7716 Interleukin-2; beta interferon 

Amgen 628 Erythropoieten; granulocyte colony stimulating factor 

Genetics Institute 398 Granulocyte colony stimulating factor; factor VIII:C 

Chiron 348 Hepatitis B vaccine; superoxide dismutase; epidermal 

growth factor 

Biogen 243 Alpha interferon; gamma interferon 

Immunex 180 Interleukin-2; granulocyte colony stimulating factor 

California Biotechnology 155 Atrial natriuretic factor 

TABLE 3 

First Genetically Engineered Pharmaceuticals’* 

Sales, $/year 
Pharmaceutical Company (potential) 

Human insulin Eli Lilly 100,000,000 

Human growth hormone Genentech - 44,000,000 

Alpha interferon Biogen/Schering Plough 5,000,000? 

Hepatitis B vaccine Chiron/Merck 10,000,000? 

Tissue plasminogen activator Genentech (200,000,000) 

Interleukin-2 Cetus/Immunex (10,000,000) 

a Estimated values. 

A. HUMAN AND ANIMAL HEALTH CARE 

A revolutionary new family of diagnostic products based on enzymes, monoclonal 

antibodies, and other genetically engineered proteins promises to provide quick and highly 

accurate detection of immunity to or infection by viral and bacterial diseases, susceptibility 

to autoimmune diseases, the presence of genetic defects, or the existence of neoplasms. 

Other significant opportunities include novel prophylactic products: vaccines for the pre- 

vention of viral, bacterial, and protozoal diseases such as hepatitis, typhus, and malaria; 

new therapeutic biologicals for the treatment of cardiovascular and cerebrovascular disease, 

neurological diseases, rheumatoid arthritis, diabetes, and cancer; and peptide hormonal 

substances that minimize dwarfism, stimulate red blood cell production, increase milk pro- 

duction of dairy cattle, stimulate growth, and enhance feed utilization by cattle and other 
farm animals. 

B. HUMAN AND ANIMAL NUTRITION 

Opportunities include the utilization of low-cost carbon sources for new microbiological 

and enzymatic syntheses of amino acids, sugars, and edible fats and oils, and the use of 

low-value feedstocks in the manufacture of nutritionally balanced single-cell protein for 



TABLE 4 

Bioproduct Markets 

Current world sales 

($ million U.S.) Product 

$14,180 Organic solvents and acids 

1,700 Amino acids 

1,625 Antibiotics 

667 Vitamins 

440 Industrial enzymes 

380 Steroids and alkaloids 

260 Polypeptides and hormones 

160 Nucleotides and nucleosides 

155 Medicinal enzymes 

100 Polysaccharide gums 

Modified from Busche, R. M. and Hardy, R. W. F., 

Biotechnol. Bioeng. Symp., 15, 651, 1985. 

© Pectinase 

Price ($/Ib) 

Won 
Ethylene 

° 
Methanol -4 10 

402 10! 102 103 104 10° 108 10” 108 109 
Production (ton/yr) 

FIGURE 2. Price vs. production volume for selected commodity and specialty chemicals 

and biochemicals. (Data courtesy of Dr. C. L. Cooney, Massachusetts Institute of Tech- 

nology.) 

human or animal consumption. This area is particularly challenging for developing nations 

with rapidly expanding populations and with special needs for nourishment of their peoples. ae 
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FIGURE 3. World production and prices per kilogram of some products of biotechnology. 

Supporting data are given in Table 7. (From Dunnill, P., Biochem. Soc. Symp., 48, 9, 

1983. With permission.) 

Another hope for biotechnology or genetic engineering applications in the food area is 

to transfer the genes coding for various food flavors, colors, and fragrances from plant and 

animal cells to simple, easy-to-culture microorganisms. However, since flavor and fragrances 

are complex chemicals and are the result of multiple metabolic pathways, it will be very 

difficult to transfer, express, and control such genes in microbes. The ability to do this will 

undoubtedly occur a considerable time in the future. Enzymes to produce cheaper sweeteners, 

e.g., the high-fructose corn syrups, have been obtained through genetically engineered cells. 

Also, genetically engineered proteins offer the opportunity of providing modified texture 

and other physical characteristics to future engineered convenience foods. 

C. AGRICULTURAL CHEMICALS AND RELATED PRODUCTS 

Prospects for applications of biotechnology include biologically derived fungicides, 

herbicides, and pesticides that are highly potent, highly specific, and environmentally safe; 

plant growth regulators to stimulate crop productivity; genetically engineered plants with 

reduced sensitivity to environmental stress and reduced fertilizer requirements; and new 

techniques for crop propagation and strain improvement that employ genetically manipulated 

plant cell embryoids to replace seeds. 

D. COMMODITY CHEMICALS 

As noted earlier, the specific commodity chemical opportunities for biotechnology lie 

with the high-value chemicals. This is especially true for countries with relatively small 

economies. Just as some countries have specialized and unique crops, there are related 

opportunities for developing specialized products, particularly from plant tissue culture. The 

focus can be directed to those opportunities which by their size and volume are not attractive 

to giant chemical companies such as DuPont and Monsanto. 

Sahai and Knuth"” have suggested some plant products of commercial interest (see Table 

5). At present, some of these products have sufficient volume and value to interest even big 

chemical companies. For example, diosgenin has a 200,000 kg/year market demand and a 



TABLE 5 

Plant Products of Commercial Interest 

Food colors, flavors, and fragrances 

Colors: anthocyanins, betacyanin, saffron 

Flavors: strawberry, grape, vanilla, tomato 

Oils: mint, rose, vetiver, jasmine, patchouly, garlic, sandalwood, lemon, onion 

Sweeteners: stevioside, thaumatin, miraculin, monellin 

Agricultural chemicals 

Pyrethrins, rotenone, azadirachtin, nerlifolin, salannin 

Pharmaceuticals 

Codeine, morphine, scopolamine, atropine, vinblastine, L-dopa, hyoscyamine, diosgenin, digoxin, quinine, 
shikonin, ajmalacine, serpentine 

Modified from Sahai, O. and Knuth, M., Biotechnol. Prog., 1, 1, 1985. 

selling price of nearly $700/kg. It is presently derived from the Dioscorea deltoides plant, 

where it occurs in concentrations of up to 2% of the dried plant tissue. Big companies worry 

about the long-term profitability of such products when produced on a large scale. Because 

of economies in scale, fermentation products such as penicillin sell for around $40/kg, 

monosodium glutamate for $2/kg, and citric acid for $1.4/kg. Obviously, if diosgenin could 

be produced by large-scale tissue culture for prices approaching that of penicillin, it would 

have little attraction to a large chemical manufacturer. Instead of a $140 million/year po- 

tential, it might become only an $8 million/year product. Because of this, there probably 

is a niche for emerging bioentrepreneurs in the high-value-added specialty chemical market 

which would be marginal for the big chemical companies. 

E. ENVIRONMENTAL IMPROVEMENT AND PROTECTION 

New microbial and enzymatic techniques for removing or destroying toxic pollutants in 

municipal and industrial wastes provide a promising horizon for the application of biotech- 

nology to environmental problems. Opportunities exist for collaboration among biotech- 

nologists, toxicologists, and environmental engineers for developing and implementing these 

techniques. 

F. NATURAL RESOURCE UTILIZATION 

New microbiological processes for the recovery of metals and nonmetals (e.g., iodine) 

from low-grade ores and subsurface aquifers are under development. These processes could 

increase our supply of essential minerals substantially. The possibility of increasing recov- 

eries of petroleum from depleted reservoirs by microbiological means is being explored, as 

are in situ microbial and enzymatic techniques for transforming solid fossil carbon sources 

(coal, shale) into gaseous and liquid fuels. As the various fossil fuel crises repeat themselves 

(e.g., acid rain, oil cartels, etc.), biotechnology processes will again be examined and 

possibly utilized for producing fuels and energy from biomass and wastes. 

II. WHAT ARE THE CHALLENGES? 

A. THE NEED FOR RESEARCH 
In a 1984 report on commercial biotechnology from the Office of Technology Assessment 

of the U.S. Congress,” it was noted that ‘‘in 1983 the Federal Government spent $511 

million on basic biotechnology research compared to $6.4 million on generic applied research 

in biotechnology.’’ The report went on to state that ‘‘in the next decade the competitive 

advantage (to the U.S.) in areas related to biotechnology may depend as much on devel- 

opments in bioprocess engineering as on innovations in genetics, immunology and other 

areas of basic science.”’ 
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TABLE 6 

U.S. Firms Commercializing 

Biotechnology” 

Total number — January 1984 219 

New firms since 1973 118 

New firm starts — 1980 through 1982 91 

Many congressmen ask, ‘‘Why can’t the development of this bioprocess knowledge base 

be left to the private sector?’’ The answer lies in the character of the biotechnology industry. 

At the present time, nearly 250 U.S. companies are involved in the commercialization of 

biotechnology. One half of these companies have been established in the last decade. Roughly 

100 are less than 5 years old (see Table 6). Few have yet built a commercial plant to produce 

their first product. Most are in the product development and testing stage. 

Part of the problem is that most bioproducts are high-unit-value materials. For this 

reason, there is little concern for optimizing the process until the commercial value of the 

product has been established. As a consequence, many “‘new’’ biotechnology companies 

initially make their products virtually in pails. 

Most directors of research of these genetic engineering companies say they haven’t had 

time to worry about scaleup and bioprocess improvement. Their greatest concern is rapid 

approval of their products. At present, they are focusing on developing better gene vectors, 

gaining a handle on protein excretion from the cloned cells, and maintaining the activity of 

their protein products during processing, i.e., understanding protein folding and unfolding. 

For the most part, gaining a better knowledge base for the design of bioprocesses is rather 

remote in their thinking. They point out that a new company cannot afford to spend its 

precious investment dollars on process research until the value of its product(s) has been 

established. However, to maintain a competitive advantage one must have not only the best 

product, but also a product made by the most economical process. To achieve this, an 

adequate knowledge base must exist to enable the company to do the following: 

1. Design and scale up bioreactors 

2. Design and scale up separation and purification operations 

3. Develop biosensors and process-control algorithms enabling effective and economic 

control of the bioprocesses 

B. WHAT ARE THE CONSEQUENCES OF NOT DOING THIS? 

The present U.S. lead in biotechnology research is being unwittingly lost to the Japanese 

and Western European countries who are poised to establish commercial positions in bio- 

technology by practicing effective and forward-looking bioprocess engineering. For virtually 

no cost they are utilizing our basic research in biotechnology, which is made conveniently 

available to them through the open literature. 

Past case histories illustrate lost opportunities in related fields because of a lack of 

aggressiveness in U.S. research in process engineering. For example, U.S. companies led 

the world in manufacture of amino acids prior to the 1960s. Then, an intensive Japanese 

effort began to improve amino acid production through biological and biochemical engi- 

neering techniques. First, classical genetic strain improvement techniques were applied to 

isolated mutant microorganisms that produced greatly increased quantities of amino acids. 

Second, biochemical engineers utilized very large bioreactors and developed efficient meth- 

ods for product recovery. Today, Japan dominates the amino acid business, with annual 
world sales of $1.7 billion. 

In another example, process technology for penicillin manufacture was developed in the 
U.S. in the 1940s. Protected by patents, several U.S. companies dominated the world 



TABLE 7 

Supporting Data for Figure 3 

Production Price 

Product (tons x 10°/year) ($/Ib) 

Chemicals 

Ethylene 15,000 0.25 

Propylene 7,000 0.24 

Toluene 5,000 0.21 

Benzene 5,000 0.23 

Ethylene 4,600 0.14 

Methanol 4,200 0.11 

Styrene 3,300 0.38 

Xylene 3,200 0.21 

Formaldehyde 1,100 0.29 

Ethylene oxide 2,600 0.45 

Ethylene glycol 2,100 0.33 

Butadiene 1,600 0.38 

Acetic acid 1,400 0.26 

Phenol 1,300 0.36 

Acetone 1,100 0.32 

Pyopylene oxide 900 0.44 

Isopropanol 800 0.32 

Adipic acid 600 0.57 

Ethanol (synthetic) 600 0.27 

Ethanol (ferm.) 700 0.27 

Dextrose 430 0.45 

Citric acid 300 0.80 

Gluconate 75 0.48 

Fructose Ip) 1.10 

L-Glutamine 270 1.8 

D,L-Methionine 100 2.9 

L-Lysine 25 7.3 

L-Aspartic acid 0.6 Ze 

L-Arginine 0.5 13.6 

L-Phenylalanine 0.1 38 

L-Tryptophan 0.06 44 

Enzymes 

Glucose isomerase 1 25 

Glucoamylase 0.35 30 

Bacterial amylase 0.35 35 

Bacterial protease 0.5 60 

Pectinase 0.1 700 

Other 

Penicillin oD. 20 

p-Calcium pantothenate 4.5 6.4 

Data courtesy of Dr. C. L. Cooney, Massachusetts Institute of 

Technology. 

penicillin market for many years. Now that the patents have expired and U.S. companies 

have decided to invest in research on new, higher-return products rather than on penicillin 

process improvement, European companies with modern process technology account for the 

preponderance of worldwide sales of natural penicillin. 

Japan and Western Europe can be expected to be no less aggressive as the results of 

the U.S. research in the ‘‘new biology’’ diffuse abroad. 

C. WHAT, THEN, ARE THE SPECIFIC PROCESS CHALLENGES? 

Frankly stated, our ability to perform and control large-scale tissue culture for the 
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manufacture of bioproducts is primitive. Our knowledge of techniques for efficient large- 

scale recovery and purification of bioproducts from the complex mixtures of proteins in 

which they occur is little more than rudimentary. Successful manufacture of bioproducts 

requires the availability of highly sophisticated on-line monitoring instrumentation and pro- 

cess control systems. Practical biosensors for monitoring large-scale systems are virtually 

nonexistent. This is also true of process models for control and optimization of bioprocesses. 

Let us now look at these problems in greater detail. 

1. Large-Scale Tissue Culture 

A major intellectual challenge exists in the scaleup of plant and animal cell culture 

systems. Because of the complexities of some plant and animal genomes and because of 

problems of prokaryote cells in reading the genetic messages of higher cell genomes and 

translating those messages to correctly folded proteins, future genetically engineered cell 

culture systems will necessarily involve both plant and animal cells. As a consequence, a 

knowledge base for the design of bioreactors for handling plant and animal cells is needed. 

This includes a knowledge of 

1. Effect of mechanical shear on genetically engineered plant and animal cells, in both 

susyension and microcarrier culture systems 

2.  Cell-surface interactions for those plant and animal cells that require attachment to 

surfaces in order to grow (anchorage-dependent cells) and make product 

3. Surfaces and materials for anchorage-dependent cells that can be used in large bio- 

reactors 

4. Transport phenomena in plant cells forming large cell aggregates (organized cells) or 

in gel-entrapped cells 

2. Separation and Purification of Bioproducts 

It is the bioseparation and purification area in which many biotechnologists see the 

greatest need. For my part, I see three principal challenges to rapid bioprocess commer- 

cialization in this area. 

The first challenge is the modification of conventional, large-scale industrial separation 

systems to render them more efficient, reliable, and/or economic when employed for bio- 

logical product recovery. Examples in this area include 

e Column chromatography 

e Pressure-driven membrane separation processes 

e Liquid-liquid extraction 

Adaption of biochemical laboratory separations methods to large-scale bioprocessing is 

the second challenge. Life scientists of all subdisciplines have, over the past several decades, 

developed extremely powerful and sophisticated separation tools which today are used pre- 

dominantly for analytical and small-scale preparative purposes. Significant rewards await 

those who are able to extend the scale and range of these pec es to meet industrial 

separation process requirements. Examples are 

® Electrophoretic separations 

e Affinity separations 

® Fractional precipitation 

Finally, a third principle challenge to rapid bioprocess commercialization is the inves- 

tigation of novel separation/purification process concepts. The special properties and strin- 
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gent process requirements for the safe and economic production of biological products 

emphasizes the need for discovery and development of truly novel separation/purification 

process concepts which embody unique combinations of physical, chemical, and biological 

phenomena outside the area of conventional chemical process technology. A number of such 

process concepts have recently been described, and they are illustrative of the kind of 

imaginative synthesis which must be stimulated and encouraged if process innovation of 

genuine industrial utility is to be accomplished. These process concepts include 

Aqueous two-phase separations 

‘‘Multiple-field’’ fractionation processes 

Electromolecular phase transfer 

Separations by selective enzymatic transformation 

Separations by genetically manipulated intracellular processes 

Separations based on modifications of cell-wall permeability 

When one begins to look in detail at these bioseparation process challenges, one is 

struck by two main features. First, the bioproducts are for the most part fragile protein 

molecules in which the activity (i.e., three-dimensional structure) must be preserved in the 

processing. Second, the processes, with few exceptions, involve some surface interaction. 

An understanding of the surface chemistry involved is fundamental to an understanding of 

the process. 

With respect to the protein nature of bioproducts, there is considerable variation. They 

can be anything from small polypeptides of the several thousand molecular weight range, 

as is the case with hormones, to very large enzyme molecules with molecular weights of 

100,000 or greater. They occur as highly polar dynamic molecules that readily change their 

shape and behavior in various pH and osmotic environments. For this reason, each bioproduct 

protein tends to be unique, with its own shape, size, surface, and tertiary characteristics. 

3. Protein Behavior 

The key to many bioprocesses is an understanding of protein behavior. Most bioman- 

ufacturing systems will require processes to produce, concentrate, and separate a target 

protein from a myriad of other proteins while maintaining its activity (i.e., three-dimensional 

structure). 

The protein must first be excreted from the biosystem into the reaction solution. This 

solution is generally aqueous. Consequently, data on protein solubilities and a knowledge 

base are needed to predict the relation of solubility to protein structure and size, as well as 

to ionic strength of the solution. There is a need to develop affinity cosolvents for proteins. 

Virtually nothing is known about this field. Some enzymes are known to function in doped 

organic solutions. An understanding is needed of the solubility of proteins in organic solvents 

and of how organic solvents and cosolvents affect their behavior. 

Most separation and purification processes involve surface interactions. These interac- 

tions are of three basic types: 

ile Particle/particle interactions, such as the effect of micro- and macroenvironments on 

adhesion of animal cells to various supports and on antigen/antibody affinity appli- 

cations 

2 Molecule/particle interactions, such as the effect of local environments on the ad- 

sorption of a particular protein to a chromatographic column support or enzyme ad- 

sorption on a membrane 

3. | Molecule/molecule interactions, including environmental effects on intramolecular 

reactions such as the denaturation/renaturation (folding/unfolding) of proteins or en- 

zyme/inhibitor interactions 
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It seems obvious, therefore, that there is a need to better understand the behavior of 

various protein molecules in different physical and chemical environments and to develop 

chemical theories to explain the reaction of protein molecules with various surfaces, as well 

as with other proteins and with solute and solvent molecules. 

4. Process Monitoring and Control 

The successful and economical operation of bioreactors and separation equipment re- 

quires process control. This, in turn, depends upon accurate and timely measurement of the 

critical process variables. Reliable, noninvasive sensors are needed to measure cell concen- 

trations and activity, substrate and product concentrations, plus those of certain growth 

promoters and inhibitors. 

a. Monitoring 

Biosensing measurements fall into two categories: (1) devices for measuring parameters 

on-line and (2) instruments for rapid, sophisticated off-line measurements. On-line biosensors 

will steadily involve more fiber optics technology to permit the noninvasive spectroscopic 

examinations of materials within a bioreactor. We need to adapt the present knowledge of 

nuclear magnetic resonance (NMR), infrared, Raman, and fluorometric spectroscopy to 

biosystems. 

Sensors using tagged moieties such as antibodies will permit continuous off-line mon- 

itoring of particular proteins and cell types. More immuno-type sensors will appear. 

b. Control 
The difficulty with controlling most bioprocess systems is that they are very complex, 

and we cannot measure many of the cellular parameters. Thus, most bioreactors operate 

without an adequate control model. They are, for the most part, controlled to match historical 

operating patterns that over time have proved optimal. As we wait for needed biosensors to 

be developed, it may be feasible to adapt tendency control techniques to our bioprocesses. 

c. Continuous Processing 

Most industrial processes involving biotechnology are being carried out in a batch mode. 

For handling large volumes, the advantages of continuous processing, such as economy and 

uniformity of product quality, are well known. The translation from batch to continuous 

processing is not technically trivial. For example, beer is still batch brewed and aged in 

huge vessels. Past attempts to manufacture beer continuously did not yield acceptable taste. 

An understanding of the aging process is lacking. 

Continuous processing of biological systems will place additional demands on asepsis 

and biocontainment in terms of equipment design, instrumentation, and operation. 

d. Asepsis, Containment, and Detection of Trace Contamination in Large-Scale 

Bioreactors 

Bioreactor systems have an additional element of complexity when compared to chemical 

reactors: microbial contamination must be prevented. Bioreactor design demands that a single 

bacterium or virus cannot be allowed to penetrate the reaction system over a period of 

200 h, during which time as many as 5 vessel transfers and 50 samplings of the system 

might be made. One or the other, i.e., containment or contamination prevention, is relatively 

easy to achieve by itself; however, to achieve both simultaneously is very difficult. Reliable 

yet economical systems to do this have yet to be developed. A further complication with 

bioreactors is the need to detect low levels of contamination, i.e., single microorganisms 

in 10° ml of media. This is necessary in order to ensure the purity and safety of the bioproduct. 

No one has an idea to date how this level of detection can be achieved, but research could 

vastly improve the gross detection methods that are used today. 
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IV. SUMMARY 

Biotechnology presents many possiblities for improving the quality of life in the future. 

There are many commercial opportunities in biotechnology in the areas of health care 

delivery, agriculture, foods, chemicals, environmental protection, and resource utilization. 

In the short term, opportunities in health care delivery, particularly in diagnostic and ther- 

apeutic medicine, will dominate the applications opportunities. In the long run, agriculture 

and human nutrition will benefit most from biotechnology. The chemical industry will mainly 

benefit from biotechnology in the high-value chemicals area. Commercialization of bio- 

technology may depend as much on developments in bioprocess technology as on innovations 

in genetics and immunology. The intellectual challenge in developing the needed process 

technology includes the following: 

The design and scale up of bioreactors 

Development of separation and purification techniques; in particular, those that will 

preserve the three-dimensional structure of protein bioproducts 

3. Creation of biosensors and process models enabling the optimal control of bioprocesses 

NO = 

If we meet these intellectual challenges quickly, the biotechnology will be commer- 

cialized more rapidly. 
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Part 1. Process Integration 

In most cases, process integration still consists of the sequential ordering of feedstock 

supply, production, waste management, formulation, and packaging. In a more recent 

context, the efficient integration of processes needs to include the development of simulta- 

neous and compatible technologies of reactor maintenance, continuous product removal, 

gas exchange, prevention of toxic waste accumulation, and downstream processing of ex- 

tremely dilute product solutions. In this section, researchers from three corporations and a 

university in a developing nation describe their experiences in the development of new and 

significant integrated processes. 
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Chapter 2 

DEVELOPMENT OF A REVERSE-PHASE HPLC PROCESS STEP 
FOR RECOMBINANT B-INTERFERON 
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I. INTRODUCTION 

Recombinant techniques allow production of many potentially useful proteins that oth- 

erwise could not be obtained in large quantities. The challenge in bioprocessing is to develop 

purification methods that yield sufficient quantities of product in a form suitable for the 

intended use without sacrificing efficiency. 

Factors such as high expression levels and ease of fermentation often make bacterial 

production, most commonly in Escherichia coli, the method of choice. Certain problems 

must be addressed in the purification of recombinant proteins or polypeptides from E. coli.’ 

If the product is intended for parenteral use in humans, very thorough removal of E. coli 

antigens and pyrogens must be achieved. Also, problems specific to synthesis of the particular 

protein in the E. coli host must be addressed. For example, heterologous proteins are 

sometimes deposited within the host cell in insoluble inclusion bodies. This can often be 

used to advantage in the initial stages of the purification,” but eventually the protein must 

be solubilized. Use of strong denaturants and disruption of covalent bonds, particularly 

disulfide bonds, are sometimes required.* Processes must then be developed to refold the 

protein to the proper, active conformation. Especially for oligomeric proteins, this may be 

a tricky process, since subunit refolding and interaction can be competing processes requiring 

different conditions.*° Also, E. coli is incapable of certain types of posttranslational pro- 

cessing, such as glycosylation. Lack of glycosylation can affect the solubility of some 

proteins, as in the case of vesicular stomatitis virus (vsv) glycoprotein,® and may lead to 

altered immunogenicity. Another problem that may require attention is synthesis of alternate 

forms of the protein of interest during fermentation. Incompletely synthesized or proteolized 

fragments have been reported for several recombinant proteins.*:’? Other alternate forms can 

include oligomers,* oxidation states,* and N-terminal heterogeneity.° 

The product that will be discussed here is B-interferon (IFN-B) that has been cloned 

and expressed in E. coli. Native IFN-f is a glycoprotein.'° The glycosylation does not appear 

to be required for activity, since the E. coli product is fully active in in vitro assay systems." 

The molecule is deposited in refractile bodies during expression in the E. coli host and must 

be solubilized using a denaturant and then refolded. During this process, the native IFN-B 

sequence, containing three cysteines, can form incorrectly disulfide-bonded conformations 

which are inactive. Therefore, the protein has been engineered to replace the third cysteine 

(not involved in disulfide bond formation) with serine.'”'’ The replacement simplifies pro- 

duction of a fully active, correctly refolded molecule and improves the stability of the 

product.'*:!° However, other issues remain to be addressed during the purification process. 

E. coli antigens and pyrogens must, of course, be removed. Also, certain minor forms of 

the protein are produced during fermentation and must be removed. In the case of Betaseron, 

these include incomplete fragments of the protein, an oxidized methionine species, and 
oligomers. 

This chapter describes a reverse-phase high-performance liquid chromatography (RP- 

HPLC) purification step for recombinant IFN-B, expressed in E. coli, that addresses some 

of these issues. The process can be used to achieve good removal of E. coli antigens and 

endotoxin. It also separates certain minor forms of the protein that are produced during 

fermentation: low-molecular-weight fragments, oxidized methionine, and a proportion of 
the oligomers. 

II. RP-HPLC PROCESS 

Figure 1 shows some of the minor IFN-f species produced during fermentation. They 
have been separated by SDS-polyacrylamide gel electrophoresis (SDS-PAGE) and detected 
by Western blotting with a monoclonal antibody to IFN-B. Dimers and oligomers, as well 
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as low-molecular-weight fragments, begin to appear shortly after induction (approximately 

10.8 h) and accumulate throughout the fermentation. The same species in roughly the same 

amounts are apparent whether or not protease inhibitors are added during cell disruption, 

implying that the fragments are produced at the time of synthesis. The dimers and oligomers 

may result from denaturation and cross-linking as IFN-B is deposited in inclusion bodies. 

Other minor species can be separated by analytical RP-HPLC, as shown in Figure 2. 

The most prominent of these is a species labeled peak A, which has been shown to contain 

an oxidized methionine in position 62, analogous to a minor form of interleukin-2.* Oli- 

gomers, if present, elute after peak B, the main species. 
The species shown in Figure 2 were separated on a biphasic analytical gradient developed 

by Kunitani et al.2? The system gave excellent separations on a small scale. However, it 

would have been difficult to scale up and run as a preparative process. The first step in the 

development of a preparative reverse-phase procedure, therefore, was to find conditions that 

would give good separation of minor species using a simple, linear gradient. The separation 

of peak A (the most prominent of the minor species by analytical RP-HPLC) and the main 

peak, peak B, was used as the benchmark for a good separation. 

A number of column and solvent combinations were screened using a linear gradient of 

solvent B (10 to 85%) with a fixed slope and flow rate. A single gradient was used to test 

all combinations of columns and solvents in order to allow comparison of the selectivities 

of each system. Selectivity (a) has been defined for isocratic systems as follows: 

Ky, 
Oa 

K, 

where 

t, = retention time, and t, = injection peak time. Essentially, it is a ratio of the retention 

times of two peaks adjusted for the injection peak time.'® It has been applied here to provide 

some measure of the separation between two peaks, independent of absolute retention time. 

The selectivities of several systems, separation times between peaks A and B, and the 

retention time of peak B are reported in Table |. Of the systems shown here, the combination 

of a C,, column and a gradient of acetonitrile with 0.1% heptafluorobutyric acid (HFBA) 

gives the best selectivity between peaks A and B. Combinations of acetonitrile and isopro- 

panol, reported in some cases to give improved separations of hydrophobic proteins,'’ give 

increased separation between peaks A and B, but only at the expense of increasing retention 

times for both species; overall selectivity actually decreases. Use of HFBA, a longer-chain 

analogue of trifluoroacetic acid (TFA), with C,, increases selectivity somewhat over TFA.!®:!9 

Although the results are not shown on Table 1, isopropanol in combination with TFA 

or acetic acid was also tested. During these gradients, backpressure rose dramatically, and 

the recovery of IFN-B was poor. Apparently, recombinant IFN-f precipitates on the column 

in this solvent system. This was confirmed by examining the solubility of IFN-B in various 

concentrations of isopropanol, shown in Table 2. Judging by eye, recombinant IFN-B appears 

to be soluble at concentrations of isopropanol less than 10% or greater than 50%; between 

10 and 50%, the solubility of the protein decreases. Surprisingly, the solubility of IFN-B 

in acetonitrile, examined as a control, also decreases at concentrations below 50%. In order 

to keep the protein soluble throughout the entire range of the gradient, it is necessary to use 
very high concentrations of acid. Although separations of hydrophobic proteins have been 
reported under such conditions,” this was not considered desirable for a preparative process. 
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FIGURE 2. Analytical RP-HPLC of IFN-B-ser,,. The chromatography was done as described in the 

text. The proportions of the separated species in this sample are 2.95% peak A, 94.8% peak B, and 

2.2% other species. 

TABLE 1 

Separation Time, Retention Time, and Selectivity for Each of the RP-HPLC 

Systems 

Separation time _ Retention time of 

Column Solvent B (min) Peak B (min) a 

G, Acetonitrile/0.1% TFA 1.93 54.8 1.04 

(Cr Acetonitrile/0.1% HFBA 3.02 53.9 1.06 

Gc Acetonitrile:propanol-2 (4:1), 0.1% HFBA 3.20 68.0 1.05 

G: Acetonitrile/0.1% TFA 1.38 47.1 1.03 

(Cs Acetonitrile/O.1% HFBA 3.20 56.1 1.07 

Cis Acetonitrile:propanol-2 (4:1), 0.1% HFBA SIT 67.0 1.06 

During initial testing on a small scale, no problems were encountered using a gradient 

of acetonitrile (10 to 80%). However, to be economical, preparative reverse-phase processes 

are often run under ‘‘overloaded’’ chromatography conditions.*! Here, the reduction in IFN- 

8 solubility at intermediate concentrations of acetonitrile could potentially lead to problems 

in running the process or to reductions in yield. Moreover, precipitation might be expected 

to affect the separation adversely, even at the analytical scale. Therefore, the system was 

retested using a gradient with a starting concentration of 50% acetonitrile. The slope and 

flow rate were identical to the gradient used previously. The results are summarized in Table 

3. Beginning the gradient at 50% acetonitrile increases the absolute separation time between 

peaks A and B and increases selectivity. The change will also lead to shorter processing 
time and lower solvent consumption at the production scale. 

The conditions selected for the preparative process, then, were C,,-derivitized silica 

with a linear gradient of acetonitrile beginning at 50% and 0.1% HFBA. The next step was 
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TABLE 2 

Solubility of IFN-B in Various Organic Solvents 

Percent B* 

Solvent B 10 30 50 70 100 

Propanol-2/0.1% TFA + - +/— + + 

Acetonitrile/0.1% TFA - - + + + 

Acetonitrile/60% formic acid + + + + + 

Acetonitrile/10% formic acid — - +/— + + 

a + = soluble, — = insoluble (judged by eye). 

TABLE 3 
Separation Time, Retention Time, and Selectivity for Separations on a C,, Column 

in Gradients of Acetonitrile/0.1% HFBA 

Separation time —_ Retention time of 

Column Solvent B (min) Peak B (min) a 

Cy Acetonitrile/0.1% HFBA, 10—80% Solvent B 3.20 56.1 1.07 

Gis Acetonitrile/0.1% HFBA, 50—80% Solvent B 3)53) 16.0 135, 

to scale up the process to an intermediate level, using a 1-in.-diameter (90-ml volume) 

column and a load of approximately 50 mg of IFN-f. The results are shown in Figure 3. 

Close to baseline separation of peaks A and B is achieved under these conditions. Analysis 

of fractions from each peak shows that almost pure fractions of each material are recovered 

(Figure 4). Serendipitously, Western blot analysis, shown in Figure 5, reveals that low- 

molecular-weight fragments are also separated. 

Next, the load was scaled up an order of magnitude to a level equivalent to that desired 

for a production process. The chromatogram is shown in Figure 6. Baseline separation of 

peaks A and B is not achieved; however, analysis of fractions through the chromatogram 

reveals that separation of the two species does occur. Results are shown in Table 4. Early 

fractions are enriched in peak A and other early-eluting peaks. Later fractions contain very 

little peak A, but are enriched in late-eluting species. Western blots of the IFN-B species 

separated by SDS-PAGE reveal that separation of low-molecular-weight fragments is pre- 

served at the higher loads (Figure 7). 

To examine the power of the separation system to resolve E. coli antigens and endotoxin 

from IFN-®, material at an early stage of purification was loaded. An elution profile is 

shown in Figure 8. Within the error of the bioassay, all of the IFN-B is recovered during 

the gradient. Some of the E. coli proteins are eliminated during application of the sample 

to the column. Within the gradient, E. coli proteins are most concentrated in the early- 

eluting fractions, with some increase in the late fractions, as shown in Figure 9. IFN-B is 

concentrated in the middle fractions. Analytical RP-HPLC and Western blots of IFN-B 

confirm that the separations of peaks A and B and of low-molecular-weight fragments are 

maintained (not shown). Depending on the concentration in the starting material, endotoxins 

can be reduced by up to five orders of magnitude, from as much as 250 wg/mg protein in 

a very impure starting material to less than 0.8 ng/mg protein in a pool from the column. 

When the process is scaled up to production levels, preserving the ratio of load and 

column dimensions, identical separations are obtained. A process chromatogram is shown 

in Figure 10; it is indistinguishable from the chromatogram obtained at the 1-in. stage. 

Western blots and analytical RP-HPLC demonstrate the same separation of E. coli contam- 

inants and minor IFN-B species (not shown). The process can, therefore, be implemented 

in production to obtain reductions in minor IFN-B species that can be difficult to separate 
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FIGURE 3. Elution of approximately 50 mg IFN-B on a 22-mm C,, column. The separation was performed 

as described in the text. At this load, almost baseline resolution between peaks A and B is attained. 

from the major species. The process can also be used to obtain large reductions in EF. coli 

proteins and endotoxin contamination. Recovery of IFN-8 bioactivity from the column 

appears to be close to 100%, although some activity must be sacrificed to eliminate fractions 

high in minor IFN-B species. In combination with other process steps, this procedure can 

be a simple and efficient method to obtain a‘high purity product. 



24 Frontiers in Bioprocessing 

A. Starting Material 

. 

B. 32.5 minutes 

C. 40 minutes 

2.9 5.7 8.6 11.4 14.317.1 20 22 25.7 28.6 31.4 34.3 37.1 

FIGURE 4. Rechromatography of fractions on an analytical column. Concentrated start- 

ing material and two fractions from the chromatogram are shown. The fraction at 32.5 

min is 99.8% peak A, with no measurable peak B. The fraction at 40.0 min is 0.3% 

peak A and 98.7% peak B. 
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Starting Material 

33.0 minutes 
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FIGURE 5. Western blot of IFN-B in fractions through the chromatogram. SDS-PAGE 

and Western blots were done as described in Figure 1. All lanes contain 0.5 wg protein. 

Low-molecular-weight fragments are concentrated in early fractions. 

30 40 50 60 70 80 90 100 

Retention Time (minutes) 

25 

FIGURE 6. Elution of 500 mg IFN-f on a 22-mm C,, column. The separation was performed as described 

in the text. With this amount of starting material, the column is “‘overloaded’’. 
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TABLE 4 
Analytical RP-HPLC of Fractions 

from the Application of 500 mg 

IFN-B to a 22-mm C,, Column 

Sample Peak A Peak B 

(min) (%) (%) 

Starting material 2S 96.5 

Bl 353 14.7 

37-5 a) — 

42.5 17.6 _ 

47.5 3.6 77.0 

S25) 0.5 96.7 

S/S) — 98.4 

62.5 98.3 

67.5 0.2 98.2 

1PsS: — 100.0 

77.5 — 100.0 

82.5 — 97.2 

87.5 _- 2a 

92.5 3.9 51.6 

97.5 — — 

Starting Material 12345 67 8 9101112131415 

FIGURE 7. Western blot of IFN-f in fractions through the chromatogram. SDS-PAGE and 

Western blots were done as described in Figure 1. All lanes contain 0.25 yg protein. Low- 

molecular-weight fragments are most concentrated in the early fractions, while dimers are 

more concentrated in late fractions. 
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FIGURE 8. 

20 40 60 80 100 120 140 160 

Fraction # 

Elution of impure starting material by RP-HPLC. The separation was performed as described in 

the text. The chromatogram is quite similar to that obtained with an equivalent load of purified IFN-8. According 

to bioactivity measurements, essentially all of the IFN-B is recovered during the gradient elution (data not 

shown). 

1514131211109 8 76543 21 

FIGURE 9. Western blot of E. coli proteins. SDS-PAGE was performed as 

described in Figure 1. The Western blot was developed with a polyclonal antiserum 

to the E. coli strain used for expression, containing the plasmid but not the IFN- 

B gene. The E. coli proteins are most concentrated in early fractions, with some 

increase in late fractions. 

27 
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FIGURE 10. Chromatogram from pilot production run of the RP-HPLC process. The 

separation was performed as described in the text. The elution profile is almost identical to 

previous runs on a smaller scale. 
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Chapter 3 

SENSITIVITY ANALYSIS OF AN INTEGRATED PROCESS OF 
LIGNOCELLULOSE CONVERSION TO ETHANOL 

T. K. Ghose and P. Ghosh 
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I. INTRODUCTION 

Those who have until recently been substantially involved with experimental and mod- 

eling studies of cellulose conversion into sugars, ethanol, and chemicals may be of the view 

that the subject has now become of historical interest and its future is uncertain. Those of 

us who live on the other side of North America (in the East, Southeast Asia, and even parts 

of Eurasia) have additional comments on the subject. It can only be stated that active interest 

in research and development has slowed down, but it is not yet dead. A reference to the 

two United Nations Industrial Development Organization (UNIDO) reports’? reveals that 

eight universities and research centers in the U.S., four in Canada, one in the U.S.S.R., 

one in Finland, one in Sweden, one in Italy, one in South Africa, one in India, and a few 

in Japan were until recently actively engaged in studies on cellulose conversion. The gulf 

oil project report? also indicated the economic advantages in the use of cellulosic wastes 

instead of grain or ethylene as a source of alcohol. Successful crystallization of endoglucanase 

D (EGD) of Clostridium thermocellum from an Escherichia coli expression system has 

recently been reported* by a group led by Aubert at the Pasteur Institute in Paris. Over- 

production of EGD in the host system made the crystallization of the protein possible. This 

is a significant advance in the direct conversion of cellulose to ethanol. 
Our long-standing interest in the bioconversion of cellulosic substrate which began in 

1974 to 1975 has addressed the issues regarding the current status of liquid fuel supply. 

However, basically our understanding of the biochemical and engineering fundamentals of 

this complicated system needs much more than what is currently available. A vast area of 

basic knowledge on enzyme action and inactivation, reaction rates, equilibria, and separation 

sciences is not yet adequately available. The approach to the bioconversion of lignocellulose 

to ethanol by the Biochemical Engineering Research Centre (BERC), Indian Institute of 

Technology, Delhi constitutes a story somewhat different from those in Japan® and the U.S.? 

Based on some detailed studies of the process steps such as raw materials survey, cost data 

for plant equipment, utilities, and products, a sensitivity analysis involving parametric and 

nonparametric factors has been prepared. . 

Since rice straw is a dispersed agroresidue having a low bulk density, the base case 

proposed is a medium-sized plant with an annual capacity of 15,000 m? 95% (v/v) ethanol. 

It is envisaged that an adequate supply of rice straw must be ensured from a given region 

not far away from the plant site. Parametric variables considered are 

Impact of plant capacity on product cost 

Impact of rice straw cost on product cost 

Impact of lignin credit on product cost 

Impact of cellulase enzyme source on product cost ga 2S) (Sl 

Nonparametric effects include 

1.  Delignification of rice straw by alkali treatment replacing the solvent process 

2. Ethanol separation by adsorption-desorption replacing distillation 

Effects of these variables on the sensitivity of the chosen process have been analyzed 
in terms of costs of various materials and the sources of enzyme used in the process studies. 
Replacement of the subsystems, such as solvent delignification of rice straw and distillation 

separation of ethanol by other methods, has been analyzed. 

It is important to mention here that while all cost data are drawn from literature dealing 
with U.S. market information, the cost of rice straw is taken as $10 (Rs 126)/ton, which 
is considerably higher than what is currently quoted in India ($2.4 to $4.0/ton). This cost 
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($10.0) is, however, lower than the available cost of rice straw in the U.S. and is considerably 

lower than the price which the Ministry for International Trade and Industry (MITI) pilot 

plant at Hofu (Prefecture-Yamaguchi), Japan is reported to be paying to import from Thai- 

land, Y 10,000 ($72)/ton. We have chosen rice straw as the raw material for the process 

because of its abundance in many states in India. Nearly 90 million tons of this residue are 

currently produced, and much of it is burned on the field, while a part is still used as an 
inferior fodder. 

II. THE PROCESS 

The process considered in the sensitivity analysis consists of pretreatment of rice straw 

in two steps, separate production of two enzymes, single cell protein (SCP) production, 

simultaneous saccharification and fermentation (SSF) of treated straw, and separation of 

ethanol. The flow diagram is presented in Figure 1. 

The solvent pretreatment process developed at the BERC is a two-step system comprising 

autohydrolysis and solvent delignification.*’ The combined operations separate the major 

components of rice straw for further processing. Rice straw contains roughly 40% cellulose, 

30% hemicellulose, 15% lignin, and 15% ash. In the steam autohydrolysis, nearly 70% of 

the hemicellulose present in straw is removed as soluble mixed sugars, mostly xylose. The 

pentose sugars (4.5 wt%) present in the water extract from the autohydrolysis reactor are 

used to produce Candida utilis, proposed to be used as animal feed.* The autohydrolyzed 

residue (56.5% cellulose, 13% hemicellulose, 15% lignin, and 15.5% ash) is delignified 

with 50% (v/v) aqueous ethanol solution in the presence of a catalyst at 170°C for 30 min.®!° 

Filtered and dried-solvent-treated straw (76% cellulose, 8% hemicellulose, 6% lignin, 

and 10% ash) is sent to the SSF reactor for its conversion to ethanol. The lignin-containing 

aqueous ethanol solution is batch-distilled to recover the solvent. During the distillation, the 

reflux ratio is increased from 0.5 to 10 in order to achieve a constant overhead vapor 

composition. Lignin present in the bottom of the reboiler is filtered off from the aqueous 

phase and dried. The adhering ethanol is recovered by drying. 

A combined process of cellulose saccharification and fermentation, SSF is carried out 

under programmed vacuum cycling coupled with intermittent substrate feeding.?:'' Vacuum 

cycling is defined as a programmed application of vacuum on a volatile product-forming 

system operating between the limits of product concentration within which product inhibition 

is either very low or absent. From the energy economy point of view, application of a 

continuous vacuum is redundant. 

The bioreactor system consists of an SSF reactor, a settler, and a flash vessel. It operates 

in conjunction with a vapor recompression system, drawing the reactor broth into a flash 

chamber maintained under vacuum (80 mmHg), while the reactor works under atmospheric 

pressure. The conversion processes in the SSF reactor are initiated by introducing treated 

rice straw, nutrients, mixed enzymes, and yeast inoculum. Trichoderma reesei E-12,'* a 

powerful mutant strain developed at the BERC, is the source of cellulase enzyme. Since a 
T. reesei E-12 culture is deficient in B-glucosidase (filter paper activity, 17.5 IU/ml; B- 

glucosidase activity, 6.0 IU/ml), this enzyme is supplemented with Aspergillus wentii Pt 

2820 culture filtrate containing 20 IU/ml of B-glucosidase.'* The culture filtrates from these 

two sources are mixed such that the ratio of B-glucosidase to filter paper activity becomes 

1.6. A thermotolerant yeast, C. acidothermophilum, is used for simultaneous conversion of 

sugars to ethanol at pH 4.8 and 50°C. 

Once the ethanol concentration in the SSF reactor reaches 22 to 23 g/l, the programmed 

vacuum-cycling process is switched on and the broth is circulated between the reactor and 

settler through the ethanol separation circuit. The settler is used to remove unconverted, 

siliceous residue contained in the system. The settler is connected with the vacuum system 
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FIGURE 1. Flow diagram of bioconversion of rice straw to ethanol. 

through a flash vessel. During the period of operation of the vacuum cycle, this vessel is 

maintained at 80 mmHg. The vacuum cycle is automatically terminated as soon as ethanol 

concentration in the SSF reactor reaches 5 g/I. 

Following separation of the ethanol-water vapor mixture from the liquid broth in the 

flash vessel, the vapors are adiabatically compressed from 80 to 186 mmHg, resulting in a 

corresponding increase in the temperature of the vapors. These are cooled and condensed 

by their passage through a heating coil located in the flash vessel to supply the heat of 

vaporization to ethanol in the solution. The condensate enters a knock-off drum in which 

the noncondensable vapors are separated from the condensed aqueous ethanol solution. The 

vapors from the knock-off drum are further compressed to atmospheric pressure by the 

second stage compressor, followed by the intercooler. The condensed aqueous ethanol 

solution collected from both knock-off drums, containing 12.4% (w/w) ethanol, is sent to 

a distillation system to recover the product as 95% (v/v) ethanol. 

Following programmed termination of the vacuum cycle, ethanol concentration in the 

SSF reactor during the second cycle goes up and again reaches a concentration of ca. 22 to 
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FIGURE 1 (continued). 

23 g/l. The vacuum system is again actuated, and the process follows in repeated cycles. 

Between every two vacuum cycles, a fresh batch of delignified cellulosic substrate is intro- 

duced. 

In this way the system has been operated with 14 feedings of cellulose and 30 vacuum 

cycle operations covering a total period of 220 h, and an average ethanol productivity of 

4.4 g/l/h has been obtained. During the cyclic process, a portion of the uncoverted residue 

is removed from the settler every 12 h to limit the buildup of the nonfermentables. The 

settler placed in series with the SSF reactor increases the number of feeding cycles, besides 

removing the nonfermentables. 

II. ECONOMIC CONSIDERATIONS 

Based on the process described above, the product (ethanol) cost is estimated for a plant 

with an annual capacity of 15,000 m°. Cost estimates are based on the procedure recom- 
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TABLE 1 

Major Equipment 

Pretreatment reactors (1 X 120 m*, 1 X 75 m%) 

SSF Fermentor (8 < 120 m°) 

Settler (8 xX 15 m*) 

Flash vessel (8 < 10 m*) 

SCP fermentor (8 xX 120 m°*) 

Cellulase enzyme production fermentor (2 x 150 m’) 

B-Glucosidase enzyme production fermentor (2 x 100 m’) 

Storage tanks (2 x 675 m’, 1 X 170m’, 1 x 310m’, 1 x 350 m?, 1 X 50 m3, 1 xX 20 m’, 1 x 900 m’) 

Screw conveyer system (2 X 25 tons/h) 

Vapor compression system 

Columns for ethanol recovery 

Batch-distillation system for solvent recovery 

Heat exchanger, filters, pumps, etc. 

TABLE 2 

Costs of Rice Straw, Utilities, 

Credits, and Labor 

Rice straw $10/ton 

Utilities 

Steam $8.50/ton 

Electricity $0.035/kWh 
Water $0.008/1000 m? 

Credits 

Lignin $1000/ton 

Animal feed $228/ton 

Steam exhaust $1.67/ton 

Labor $10/man-hour 

mended by Peters and Timmerhaus,'* Holland et al.,!° and Guthrie.'© Cost of land has not 

been taken into account, and 100% company financing has been considered in the analysis. 

Major equipment required for the process is given in Table 1. The costs of major 

equipment are updated according to the Marshall and Swift Index of September 1986.!’ 

Costs of rice straw, utilities,'* labor, and by-product credits considered in the analysis are 

given in Table 2. Credits from lignin, animal feed, and exhaust steam are considered in the 

analysis. For profits, a 15% simple after-tax return on total capital investment (RCI) has 

been considered. 

IV. ANALYSIS AND DISCUSSION 

Presented below are three elements of the sensitivity analysis. Case 1 is parametric and 

includes the following steps: 

1. _ Rice straw pretreatment by two-stage autohydrolysis followed by solvent delignification 
process 

2. | Mixed enzyme preparation consisting of culture filtrates of T. reesei E-12 and A. wentii 

Pt 2820 and B-glucosidase to filter paper activity ratio of 1.6 used in the SSF reactor 

3. Simultaneous saccharification and fermentation with vacuum cycling and intermittent 

substrate feeding for the conversion of cellulose to ethanol 
4. Ethanol separation by distillation 
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TABLE 3 

Summary of Capital Investment (Case 1) 

Plant capacity 15,000 m?/year ethanol 95% (v/v) 

Item Cost ($ x 10°) 

Purchased equipment 4,384 

Installation (40% of equipment) 1,752 

Instrumentation (10% of equipment) 438 

Electrical (10% of equipment) 438 

Process piping (20% of equipment) 876 

Utilities (20% of installed equipment) 1,226 

Building (20% of equipment) 876 

Engineering and supervision 3,330 

(20% of total fixed capital) 

Contingency (20% of total fixed capital) 3,330 

Total fixed capital 16,650 

Working capital (10% of total fixed capital) 1,665 

Total capital investment 18,315 

Case 2 is nonparametric. Its process is the same as in Case 1, except that ethanol separation 

by distillation is replaced by adsorption-desorption. Case 3 is also nonparametric. Its process 

is the same as in Case |, except that solvent pretreatment is replaced by alkali pretreatment. 

A. CASE 1 

The summary of fixed capital investment and manufacturing cost for this case is given 

in Tables 3 and 4. For a plant of 15,000-m* annual capacity, the total fixed capital is 

estimated to be $16.6 million. Considering 10% working capital, the total capital investment 

is $18.3 million. The direct production cost works out to be 52.4¢/l. Utilities (54% of 

production cost) have a major contribution to the direct production cost. This is mainly due 

to the high energy requirement of the pretreatment process. Only 20% of the direct production 

cost is consumed in raw material. In the conventional molasses-to-ethanol process, raw 

material cost amounts to 75 to 80% of the total production cost. However, in the molasses- 

to-ethanol process, utilities cost much less, as little or no pretreatment is needed in the 

process. Taking into consideration the by-product credits, the cost of the product becomes 

54.6¢/1. 

1. Plant Capacity 

The impact of plant capacity on product cost is given in Table 5. Plant capacities are 

varied from 3,000 to 30,000 m?/year. For the estimation of equipment cost of plants of 

different capacities, the six-tenth factor rule’* is applied with 15,000 m*/year as the base. 

By increasing the plant capacity by tenfold, from 3,000 to 30,000 m’, a 2.7-fold reduction 

in product cost can be achieved. 

In order to keep the product cost below 60¢/I, a plant size exceeding 15,000 m?* of 

ethanol per year seems to be desirable. 

2. Rice Straw (Substrate) 

Rice straw cost is taken as $10/ton. In a country like India and in several Southeast 

Asian countries, the rice straw cost is still lower. In Japan, the U.S., and some European 

countries the cost is on the higher side. Since rice straw cost has a direct impact on the 

product cost, we analyzed its sensitivity on ethanol cost. Cost of straw has been varied from 

$10 to $100/ton. From the computed product cost vs. various rice straw costs, it is evident 

from the data of Table 6 that with a tenfold increase in straw cost, the product cost increases 
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TABLE 4 

Summary of Product Cost (Case 1) 

Item Cost (¢/I) 

Raw material 10.6 

Operating labor 4.6 

Operating supervision (15% of operating labor) + 0.7 

Utilities 28.3 

Maintenance (6% of total fixed capital) 6.5 

Operating supplies (15% of maintenance) 1.0 

Laboratory charges (15% of operating labor) 0.7 

Direct production cost 52.4 

Depreciation (linear 18-year zero salvage) 6.1 

Taxes and insurance (4% of total fixed capital) 4.4 

Plant overheads (60% of operating labor + super- WA 

vision + maintenance) 

Fixed cost 17.6 

Manufacturing cost 70.0 

Administrative cost (20% of plant overhead) 1.8 

Distribution and marketing (5% of total production Bets) 

cost) 

General expenses 5.6 

After-tax profit (15% return on investment) 18.3 

Income tax (50% of profits) 18.3 

Lignin credit (—) 46.2 

Animal feed credit (—) 8.0 

Steam exhaust credit (=) ae! 

Product cost 54.6 

TABLE 5 TABLE 6 

Impact of Plant Capacity on Impact of Cost of Rice Straw 

Product Cost ; on Product Cost 

Plant capacity Ethanol cost Rice straw cost Product cost 

(m?/year) (¢/l) ($/ton) (¢/l) 

3,000 110.3 10 54.6 

6,000 82.0 20 59.1 

15,000 54.6 40 67.7 

24,000 44.5 60 77.0 

30,000 40.2 80 86.0 

100 95.1 

nearly 1.7 times. At $10/ton the raw material accounts for 20% of the total production cost, 
whereas at $100/ton it amounts to 54%. 

3. Lignin (Coproduct) 

It is also seen from Table 4 that credit obtained from lignin significantly affects the 

product cost. In the base case (Case 1), the lignin cost is taken as $1000/ton. However, the 

value of lignin depends on its quality, determined by chemical makeup as well as the process 

by which the lignin is recovered. The existing and potential markets of lignin have been 

classified as polymers, modified polymers, prepolymers, low-molecular-weight chemicals, 

and fuels.*° The potential uses of lignin reflect a good number of possiblities of its outlet 

as an important industrial chemical. However, this is not possible to realize because of its 

nonavailability in bulk. Depending on its specific application, different values of lignin have 

been quoted in literature. Thus, Sundstrom and Klei”®° considered lignin value ranging from 
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TABLE 7 
Impact of Lignin Credit on 

Product Cost 

Lignin cost Product cost 

($/ton) (¢/)) 

100 96.2 

200 91.6 

400 82.3 

500 Te 

1000 54.6 
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FIGURE 2. Impact of cost of lignin and rice straw on product cost. 

$88 to $1100/ton, depending on its use as fuel or high-molecular-weight polymer. Katzen 

et al.?! used $200/ton of lignin in his economic analysis of the alcohol pulping process. In 

the phenol pulping process Battelle used a lignin value of $330/ton,*” whereas Myerly et 

al.?? used a cost of $176/ton in their economic analysis when its use as modified lignin was 

envisaged. 

The sensitivity of lignin cost (ranging from $100 to $1500/ton) to the product cost is 

given in Table 7. At $100/ton for lignin the product cost is 96.2¢/l1, whereas at $1000/ton 

it is 1.8 times less. The potential economic benefit of high-molecular-weight lignin is much 

greater than its value as fuel. The lignin obtained by the solvent process is high molecular 

weight and almost native in form. The value of solvent-derived lignin at $1000/ton considered 

in the analysis appears reasonable. 

The dependence of product cost on the scale of operation, raw material (substrate) cost, 

and by-product credit is evident from the analysis. The variations in product cost due to 

changes in the costs of straw and lignin at two scales of operation, namely, 15,000 and 

30,000 m? ethanol per year, are presented in Figure 2. It illustrates that the product cost 

could be about the same at straw costs of $10 and $40/ton if the scale of operation is doubled. 

The data also indicate that even at comparatively higher rice straw costs (say $80/ton), a 

30,000-m? facility could be economically attractive if lignin can fetch a price of $1300/ton. 



40 Frontiers in Bioprocessing 

TABLE 8 

Enzyme Activity with Different 7. reesei Strains 

Filter paper activity 6-Glucosidase activity Maximum productivity 

Source (IU/ml) (IU/ml) (IU/I/h) 

T. reesei 9414 9.2 3.0 28.6 

T. reesei D-1/6 135 SO 62.5 

T. reesei E-12 ib7/eS) 6.0 97.3 

TABLE 9 

Impact of Enzyme Source on Product cost 

Mixed enzyme source Product cost (¢/1) 

T. reesei 9414—A. wentii 2820 62.1 

T. reesei D-1/6—A. wentii 2820 55.0 

T. reesei E-12—A. wentii 2820 54.6 

4. Enzyme Source 
In the process, a mixed-enzyme-containing culture filtrate from 7. reesei and A. wentii 

has been used. In the preceding analysis, a mixed-enzyme-containing culture filtrate of T. 

reesei E-12 (filter paper activity, 17.5 TU/ml; B-glucosidase activity, 6 IU/ml) and A. wentii 

Pt 2820 (B-glucosidase activity, 20 IU/ml) was used. We performed a parametric analysis 

of the effect of cellulase enzyme source on product cost by taking three cellulase-producing 

strains of T. reesei (QM 9414, D-1/6, and E-12). We are aware that the T. reesei QM 9414 

strain is not as powerful as the other two, but this was considered only as a model for 

comparison. The comparative activities and productivities of these strains are given in Table 

8. The impact of enzyme source on product cost is given in Table 9. In all cases, the ratio 

of B-glucosidase activity to FP activity is taken as 1.6. The analysis indicates that the mixed 

enzyme preparation consisting of T. reesei E-12 and A. wentii Pt 2820 culture filtrates gives 

minimum product cost. Even though 7. reesei E-12 yields higher cellulase enzyme activity 

compared to T. reesei D-1/6, the product costs are not significantly different. This is because 

T. reesei E-12 yields less B-glucosidase, and for maintaining a balanced enzyme it needs 

to be supplemented with larger amounts of A. wentii culture filtrate. However, the impact 

of source of cellulase enzyme on product cost is not very significant. 

B. CASE 2 

Concentration and dehydration of ethanol from fermentation broth are conventionally 

done by distillation and rectification. In order to reduce the energy requirement for ethanol 

separation, several nondistillation approaches have recently been reported.***? Ethanol sep- 

aration by adsorption-desorption, studied at BERC, is one such approach?*?* used in the 

analysis. Some resins and activated carbon preferentially adsorb ethanol from aqueous so- 

lution. This is documented extensively. Using these methods, it is theoretically possible to 

develop equilibrium separation stages to achieve a fairly high concentration of ethanol to a 

near-dehydrated state. This principle has been applied to the use of some resins as sorbents 

to dehydrate ethanol from the product obtained from the SSF reactor via the vacuum cycling 

process. The ethanol is then desorbed from the saturated sorbent by elution with CO,, N,, 

or even air, and upon condensation the eluted fraction gives a concentrated ethanol solution. 

The process has been described in detail elsewhere.** We have analyzed the impact of this 
process of ethanol separation on product cost. 

The data of a two-stage adsorption-desorption system for ethanol separation?® on which 



Sorbent 

Sorption capacity 

Packing density 

Feed 

Elution 

TABLE 10 

Stage 1 

IRC-SO resin 

0.12 g ethanol/g dry resin 

0.48 

12.4% (w/w) ethanol at 30°C 

N, at mass velocity of 6 g/cm?-min; inlet 

pressure and temperature, 7 kg/cm? and 

150°C; outlet pressure and temperature, 3 
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Stage 2 

Activated carbon 

0.8 g ethanol/g dry activated carbon 

0.50 

50% (w/w) ethanol at 60°C 

N, at mass velocity of 12.55 g/cm?-min; 

inlet pressure and temperature, 5 kg/cm? 

and 150°C; outlet pressure and tempera- 

kg/cm? and 70°C ture, 3 kg/cm? and 70°C 

TABLE 11 

Summary of Product Cost (Case 2) 

Item Cost (¢/l) 

Direct production cost 61.7 

Fixed charges 25.3 

General expenses 7.0 

Credits (—) 60.1 

Profits 27.9 

Tax 27.9 

Product cost 89.7 

product cost estimation is based are given in Table 10. A polymeric hydrophilic sorbent 

with a weak acidic group (IRC-50) has been used in the first stage, activated carbon in the 

second stage, and nitrogen gas as eluant for both stages. For equipment cost estimation, in 

place of distillation towers, columns (2 X 60 m? and 2 X 8 m*) packed with the described 

sorbents are taken. Additional equipment for the process are compressor and refrigeration 

systems. Other equipment is the same as in Table 1. Sorbent life of 2 years is considered 

in the analysis. The product cost for this case is given in Table 11. 

It appears that in case 2 the product cost is 64.3% higher than in case 1. This is mainly 

attributed to the higher capital investment and additional expenditure on sorbents. These 

additional investments offset savings in the energy for ethanol separation. 

C. CASE 3 
In this case, solvent pretreatment is replaced by the conventional alkali process. In the 

alkali process, chopped rice straw is soaked in 1.5% NaOH for 24 h, followed by delig- 

nification at 120°C for 1 h.*° The treated straw, following filtering, washing, and drying, 

is sent to the SSF reactor. An alkali solution containing lignin, hemicellulose, and the sugars 

derived from it is concentrated by evaporation to 60% solids. Alkali is recovered by the 

usual incineration of the solids. The lignin credit available from the process is considered 

equivalent only to its fuel value. No credit can be taken into account for animal feed, as 

pentose sugars are not available from the alkali process for SCP production. 

In this case, equipment for solvent delignification is replaced by that required for the 

alkali process. However, the equipment for the batch-distillation system and that associated 

with solvent recovery and SCP production are not required. One evaporator (42.3 tons/h 

water removed) is needed. Based on these modifications, the capital cost for this case has 

been estimated. 

The computed product cost for this case (Table 12) works out to be 74.6¢/1. It follows, 

therefore, that despite lower by-product credit for this case, vis-a-vis case 2, the product 
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TABLE 12 

Summary of Product Cost (Case 3) 

Item Cost (¢/l) 

Direct production cost 41.3 

Fixed charges 15.0 

General expenses 4.6 

Credits (S)ilsys7/ 

Profits 14.7 

Tax 14.7 

Product cost 74.6 

TABLE 13 

Investment and Ethanol Costs Based on Different Substrates 

Total Product 

Capacity investment cost 

Substrate (m?/year) ($ x 10°) (¢/) Remarks Ref. 

Molasses 1x1 02 28.74 53.0 Molasses $85/ton 18 

Corn 189 x 10° 75.80 49.6 Corn $3/bushel, 10-year de- 3 

preciation 

Municipal and urban waste 189 x 10° 122.20 38.0 Cellulosic waste $15.75/ton, 3 

10-year depreciation 

Rice straw 15 x 10° 18.30 54.6 Case | he 

Rice straw 30 x 10° 27.70 40.2 Case 1 = 

Note: Asterick (*) indicates information from this chapter, Section IV.A. 

cost is lower. This is due to decreased fixed charges ane direct production cost. However, 

the product cost is higher than in case 1. 

V. CONCLUSIONS 

The total capital investment and annual manufacturing cost for the three cases discussed 

above are compared. These costs are found to be higher for case 2. Although capital 

investment and manufacturing costs for case 3 are the lowest, the minimum product cost is 

for case 1. The advantages of lower capital investment and manufacturing cost for case 3 

are offset by lower by-product credit. This emphasizes the importance of by-product credits 

in the total process economics, which is the key position of the BERC process. Under the 

current market situation, ethanol alone may not be sufficient for a profitable operation of 

such a bioconversion facility, unless ethanol becomes an emerging need. This underlies the 

necessity of converting all the major components of biomass to valuable products. 

Finally, the investment and product costs for ethanol production based on various sub- 

strates (molasses sugar, starch, municipal wastes, and rice straw cellulose) calculated by 

several workers*'* and including the work presented here are shown in Table 13. It may be 

noted that the product costs are estimated using different bases and at different scales of 

operation. Nevertheless, it gives an indication of the range of variation in the cost of ethanol 
production from lignocellulosic biomass. 
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I. INTRODUCTION 

This chapter presents a look at the operations involved in the manufacture of a human 

pharmaceutical, namely, human insulin of recombinant DNA (rDNA) origin — the first 

recombinant pharmaceutical product ever to be marketed. This material was presented at 

this symposium for the first time outside of Eli Lilly and Company premises. It is, however, 

derived from a presentation which we have used internally to acquaint visitors with the 

production of human insulin. 

II. ELI LILLY AND COMPANY AND INSULIN 

This report will first briefly touch on Lilly’s historical involvement with insulin man- 

ufacturing. It will then concentrate on the operations being used to produce biosynthetic 

human insulin. 

Insulin was discovered in 1921 by Dr. Frederick B. Banting and his assistant, Charles 

H. Best. Following the discovery, Lilly was the first company to commercially produce this 

life-sustaining hormone from an animal pancreas. Marketing began in 1922. Patients who 

would have died from the progressive effects of diabetes were given new life. Throughout 

the more than 60 years that Lilly has been manufacturing insulin, the company has continually 

sought to improve production techniques and to improve the quality and purity of insulin 

formulations. 

Until recently, the only commercially available forms of insulin were extracted from 

the pancreas glands of swine and cattle. As an average, an 800- to 1000-lb cow will provide 

enough insulin to make one vial; this will supply the average diabetic for about 25 d. It 

takes 14 cattle — or 70 pigs — to sustain a diabetic patient for 1 year. However, the diabetic 

population has been growing much faster than either the general population or the rate at 

which we consume beef or pork. A future shortage of animal-source insulin was thus a 

threat. , 

Another drawback of extracting insulin from the animal pancreas is that the end product 

is beef or pork insulin, not human insulin. The chemical structures of beef, pork, and human 

insulins have different amino acid sequences. As early as 1975, Lilly considered alternative 

ways to duplicate the human hormone and to break the dependence of diabetic care on the 

meat industry. Among these alternatives were 

1. Extraction of insulin from the pancreas glands of human cadavers 

Total chemical synthesis (obviously lengthy and expensive) 

3. Conversion of pork insulin to human insulin using enzymes (again, dependent on 

animal glands) 

4. Production of human insulin using the techniques of rDNA technology 

Lilly opted to pursue rDNA technology because it was the only alternative that provided 

an economically viable and predictable source of human insulin. 

Il. THE APPROACH THROUGH rDNA TECHNOLOGY 

The genetic manipulations involved in obtaining a modified Escherichia coli which will 
express a foreign protein are 

1. Isolation of the plasmid DNA from the host 

2. Cleavage at the desired site with restriction enzymes 

3. Insertion into the plasmid of the desired DNA sequence coding for production of the 
product 
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4.  Enzymatically rejoining the ends of the plasmid 

5. Reintroduction of the modified plasmid into the host through transformation 

In the human body, proinsulin is broken down to form insulin. In addition to the normal 

A- and B-chains of insulin, this molecule contains a connecting peptide. The molecular 

structures of proinsulin and insulin, therefore, made two recombinant manufacturing methods 

available. The first option was to ferment E. coli containing either the A or B chains in 

separate batches, isolate the chains, purify them, combine them, and then isolate the resulting 

human insulin from the combination mixture (the ‘‘chain process’’). The second option was 

to begin with the body’s own starting material by fermenting E. coli that produces proinsulin, 

isolating the proinsulin, folding it to form the correct bonds, removing the connecting peptide, 

and isolating the human insulin from the reaction mixture (the ‘‘proinsulin route’’). Research 

with the chain process was more advanced, so we initially chose this approach. We now 

make insulin by the proinsulin route. 

IV. PROCESS OVERVIEW 

The process begins with fermentation of the E. coli. Next, the cells are killed by a heat 

inactivation process. Purification operations begin with harvesting the cells from the fer- 

mentation broth. This is followed by a chemical cleavage, a step that releases the proinsulin 

from the amino acid leader sequence used to initiate its biochemical synthesis. Next, there 

is a sulfitolysis reaction to prepare the proinsulin for chromatographic purification. During 

sulfitolysis, negatively charged ions are chemically bound to the proinsulin molecule at the 

disulfide bonds. This reaction provides a chemical ‘‘handle’’ that will be used during chro- 

matographic purification. After sulfitolysis, the modified proinsulin is subjected to initial 

column purification. These steps include hydrophobic interaction chromatography, ion-ex- 

change chromatography, and gel filtration chromatography. 

The result of this processing is purified human proinsulin-S-sulfonate that is ready for 

folding. During the folding reaction, conditions are maintained to enable the proinsulin chain 

to arrange itself in the proper molecular configuration and the disulfide bonds to form in 

the proper positions. After undergoing an additional hydrophobic interaction chromatography 

step, the material is ready for transformation. During this step, the connecting peptide is 

removed enzymatically, and the resulting product is human insulin ready for final purifi- 

cation. Final purification steps include ion-exchange chromatography, crystallization, gel 

filtration chromatography, and a final crystallization. 

V. FERMENTATION 

The fermentation process starts with the streaking of a preserved seed culture of the 

genetically modified E. coli onto an agar plate. The organisms grown on the plate are 

transferred to shake flasks to prepare a vegetative inoculum. The vegetative inoculum is 

transferred to a seed tank using a specially designed transfer vessel. When sufficient growth 

has occurred in the seed tank, the culture is transferred to the production fermentor. The 

production fermentor has been modified to meet the requirements for the containment of 

recombinant organisms according to the guidelines proposed by the National Institutes of 

Health (NIH). These modifications include the use of a double mechanical seal on the 

agitator which is flushed with hot condensate. The condensate flow and pressure are mon- 

itored to assure the integrity of the seal during the fermentation. Exhaust air from the 

fermentor and seed vessel is first demisted in a cyclone separator, then passed through a 

coalescing filter to remove any last entrained water or organisms, and finally passed through 

a pair of sterilizing-grade absolute filters in series before being discharged to the atmosphere. 
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All condensate which could contain organisms, live or dead, is collected and thermally 

inactivated before being discharged to waste treatment. Samples from the vessels are taken 

with the use of contained samplers. Environmental sampling is the last line of action taken 

to assure containment of the organism. From a process point of view, the modifications to 

a standard production fermentor were directed at achieving the greater oxygen transfer and 

cooling required to support this bacterial fermentation. Computer control of the fermentation 

process regulates the process parameters to achieve optimal growth and expression of product. 

At harvest the E. coli cells, laden with insoluble deposits of proteins, are thermally 

inactivated under very precise temperature and flow conditions. Computer control assures 

that appropriate conditions are maintained for inactivation, and magnetically coupled pumps 

and spiral heat exchangers provide for mechanical containment. 

VI. PURIFICATION 

The first purification step is harvesting. The E. coli cells are separated from the fer- 

mentation broth. This is done in disk stack centrifuges generating about 13,000 x g at 6700 

rpm. Control is maintained by a programmable controller interfaced with a central computer. 

Next, the proinsulin is cleaved from the leader amino acid sequence. For safety reasons, 

these operations are remotely monitored and controlled from a central computer outside the 

processing area. The cleavage reaction is the classic cyanogen bromide technique that has 

been in use for years by biochemists for this specific purpose, but in order to generate 

enough reagent to support our needs we had to devise a unique method of preparation. Since 

the reaction is carried out in formic acid, our solution was to generate the reagent from the 

reaction of sodium cyanide with bromine, then to distill the cyanogen bromide from the 

reaction mixture and absorb directly into the formic acid. At the conclusion of the cleavage 

reaction, any unreacted cyanogen bromide is distilled from the reaction mixture — again 

being absorbed directly into formic acid. Obviously, the nature of these reagents dictates 

the use of glass-lined vessels and Kinar-lined pipe, but beyond that, all air exhausted from 

the vessels is scrubbed with a solution of hypochlorite which is prepared and maintained in 

situ. Work rules for this totally isolated area require the operators to work in pairs, entering 

the isolation area only in full, protective, supplied-air suits and limited to a maximum of 

2 h in any one work period in the area. Additionally, the rooms are continuously monitored 

for the presence of halogen and organic vapor. 

After cleavage, the acid is removed in evaporators in which it is displaced by the solvent 

that will be used during the subsequent purification steps. As indicated previously, the first 

step is to prepare the molecule for purification by subjecting it to a sulfitolysis reaction. 

This makes the S-sulfonate derivative of the disulfide and sulfhydryl groups present, giving 

those groups very strong negative charges, which are the keys to purification of the proinsulin- 

S-sulfonate. The first chromatographic purification step is by hydrophobic interaction, carried 

out in columns specifically designed for the packing being used. The ion-exchange and gel 

filtration chromatography steps that follow are carried out in a cold room using Amicon 

columns. We are currently using columns to 140 cm in diameter for these operations, but 

in the initial design stages for this facility the largest columns that were then available were 

only 100 | in size. Because of our need at that time, Amicon built and we tested the prototype 

63-cm-diameter columns which became our mainstay for the next 4 or 5 years. Performance 

of the columns is monitored by on-line high-performance liquid chromatography, as well 

as the customary optical density and conductivity measurements. These are interfaced with 

a process control computer which has completely automated these process steps. 
Now the proinsulin-S-sulfonate is ready for folding to the proper spatial configuration 

with the proper disulfide linkages. The folded proinsulin next undergoes another form of 
hydrophobic interaction chromatography — this time carried out in a reverse-phase mode. 
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Again, Amicon columns are used for this step. Following evaporation to remove the organic 

solvent used in the elution of the above step, the enzymatic transformation to biosynthetic 

human insulin is conducted in a batch mode. The final purification steps of the human 

insulin are again carried out in a cold room in chromatography columns from Amicon, in 
the case of the ion-exchange step, and Pharmacia, in the case of the final gel filtration. The 

final crystallization is carried out in the presence of zinc, and the product is vacuum dried 
in a shelf dryer. 

The final packaging of Humulin® takes place in another facility, one that is designed 

for the sterile processing of injectable human pharmaceuticals to their final package forms. 

VII. TECHNOLOGICAL ADVANCEMENT 

From the start-up of production of human insulin in 1981, significant progress had been 

made toward increasing the yields of the chain process. However, the proinsulin method 

has provided production yields that are twice that of the chain process. Furthermore, we no 

longer have to process the A and B chains separately through the plant, which means we 

now have a significantly shorter and more capital-efficient production method. Thus, the 

advantages of the proinsulin route can be summarized as follows: 

It increases the capacity of the plant. 

The improved yields provide a better opportunity to control costs. 

Proinsulin can now be evaluted as a therapeutic agent for some forms of diabetes. 

It allows Lilly to maintain leadership not only in state-of-the-art insulin production, 

but also in the rDNA field. 

a oe 

VIII. CONCLUSION 

While we have emphasized the importance of rDNA methods, the production of a 

recombinant pharmaceutical product like Humulin® requires extensive capability in other 

technologies. They are 

1. Large-scale fermentation technology with the additional demands for containment of 

the recombinant organism 

2. Complex protein chemistry like that used to produce biologically active chemicals and 

to modify antibiotics 

3. Protein isolation and purification similar to that used in the separation of animal insulin 

from a pancreas 

4. Analytical chemistry essential to monitoring yields and purity as we separate the dilute 

product from a complex mixture 

When Eli Lilly and Company began the human insulin project in the mid-1970s, we 

had expertise in these four essential technologies. We acquired the fifth essential technology 

in 1978 from Genentech, Inc.: the successful creation and insertion of the human insulin 

gene into E. coli bacteria. We had the resources and commitment to do 5 years of research 

and then 4 years of process development. We were able to obtain the first approval from 

the NIH to scale up production of a recombinant product. We were willing to make the 

$70-plus million investment for full-scale production facilities to manufacture Humulin® 

here in the U.S. and at Lilly facilities in the U.K. 

The success of the human insulin program is an achievement we are proud of, but we 

hope there will be others to come. We believe this technology holds promise for the discovery 

of new pharmaceutical and agricultural products to help mankind. 



Cae Mol 
| we 

nag 

7 is RE es) of A ae pei 
ViTaest, ory ees oe aa tel a 

% ‘ 6 we fu ian a Se Prig 

= i eairwe ; OH jth np eves ae g ia mary id" Deventer ; 

byl y int Oe i ve 7F im nT 2) ’ teeny io "Pareles : trast, ’ 
= _ ~~ 7 7a Aats 

; om 

A Lia rien* ory Sianel a, a reer 

=) aga. Gone ws Sh 

iat @) ay So? & oie Tey pine a = S 

Ss - HOM Pie gil VN 

" ; ‘= Rayie— legal Geni) ae, f 

jay F ¢qowVs 
ba ing nan Wibae ae ipod nee y 

f “=< as (OF Sey 

. a 

a 

——— hae ; > ae es CS iG in fr aif * 

: } NT) Wr earogn tay 

“ony A | 2 NP cae 6 aT STR 
f at? pas od Twi. A CIOS 

x ae AM Ls 
Dh .00e AP Bok er Tie i RE 

; pr S096 pets eS tas Yetlradee SED Tay 

: ’ _ yy ed tas eye Rl eo ff We et 

i of a we 10" acy =alihy agp 
a Wp p(y Gaetan or AD nee, ei 

otis VAUAD 24, Rhy ae Y 



51 

Chapter 5 

PURIFICATION AND SEQUENCING OF INTERFERONS AND 
OTHER BIOLOGICALLY ACTIVE PROTEINS AND POLYPEPTIDES 

T. L. Nagabhushan, R. Kosecki, B. Pramanik, J. Labdon, and P. P. Trotta 

TABLE OF CONTENTS 

I. IntoGuetiGn sy 7972 heels aa Ee. a ie eS Be MOREA a2 

If. Ex petimental eerie ces: 2 se Settee NCAA TT SR Oe A ee oz 

A. Material sai nese te ers AEE aro ie Bak aaa a 32 

B. Continuous Free-Flow Isoelectric Focusing Apparatus.................... 52 

©: Fast Atom Bombardment/Mass Spectrometry ...............0.0.00.0 eens Si) 

D. Gas Chromatography/Chemical Ionization Mass Spectrometry ........... 53 

REESE PSUR sults oN etek ie I Oa OR ee hae ig ee lee =] 

A. Continuous'Eree-Flow Electrophoresisia an sae eae os 53 

B. Fast Atom Bombardment/Mass Spectrometry ................0.0e eee eee 54 

iF Human IFN yy N-Terminal Nonapeptide ........................4. 54 

px. Identification of Fragments of Recombinant Human IFN ......... ay. 

Be Sequencing of the C-Terminal Peptide of Recombinant 

Haman TEN yess: nominee. + 24k as ek Etta le boa VC 57 

C. Gas Chromatographic-Mass Spectrometric Sequencing of Leu- 

Enkephigunit. tate nets eee ee de nee ote oe eave nah cls Sends set heehee 57 

LV Pa SLI SCUSSIOIT ARR TMI t eay Pe EK SSPE SOD WB 22h Sse Mar ameeNeRReeOey. Dae 60 

PXCKTOWICURTNENES Sates is 5 Sie ers stale wth AEN NSiaNe a ot wiidae ald lalala lg aoe bi Peete ae ee eel 62 

References 



52 Frontiers in Bioprocessing 

I. INTRODUCTION 

The purification and structural characterization of proteins occurring at low levels in 

natural sources has been a challenging problem to protein chemists. The advent of recom- 

binant DNA technology has provided the basis for the expression of heterologous proteins 

in a variety of bacterial and eukaryotic systems. Although the levels of expression of 

recombinant proteins may represent a high percentage of the total cellular protein, techniques 

must be developed for efficient extraction and purification with good yields. Of special 

interest is the resolution of electrophoretic variants in the final purified material. We describe 

here the application of a novel continuous free-flow isoelectric focusing system for the 

resolution of forms of a recombinant human hybrid a-interferon (IFN «) with distinct iso- 

electric points. This apparatus was designed as a modification of previously reported recycling 

isoelectric focusing systems.' The technique appeared to be comparable in resolving power 

to chromatofocusing, but was superior with respect to the fact that large quantities of material 

could be processed continuously. 

Structural characterization of the purified protein must also be obtained, especially with 

respect to its primary sequence and the state of oxidation of cysteine residues, if present. 

Although conventional mass spectrometry (MS) has been useful for obtaining structural and 

molecular weight information on nonpolar compounds, its usefulness for proteins and poly- 

peptides is limited since electron ionization requires volatilization before analysis. Fast atom 

bombardment/mass spectrometry (FAB/MS) is a new technique for obtaining high-quality 

mass spectra that previously had been difficult or impossible to obtain by ionization tech- 

niques.** Since FAB/MS does not require heating, it avoids potential thermal degradation. 

FAB/MS may be utilized to determine the sequence of as many as 20 to 30 amino acid 

residues and requires only 10 to 15 nmol of material. We report here the successful application 

of this technique to obtain amino acid sequence information and molecular weights on 

polypeptides of biological significance. The technique has also been employed to identify 

the state of oxidation of sulfhydryl groups on a polypeptide related to the N-terminus of 

human recombinant IFN y. Finally, we have combined gas chromatography (GC) with 

chemical ionization (CI) MS to determine the amino acid sequence of N,O-permethylated, 

N-acetylated leu-enkephalin. 

Il. EXPERIMENTAL 

A. MATERIALS 

Ampholytes were obtained from Serva Fine Biochemicals (Westbury, NY). CHAPS (3- 

[{3-cholamidopropyl} dimethylammonio]-1-propanesulfonate) was purchased from Pierce 

Chemical Company (Rockford, IL). Urea was purchased from BioRad (Richmond, CA). 

Synthetic polypeptides were synthesized using solid-phase techniques by Bachem (Torrence, 
CA). 

B. CONTINUOUS FREE-FLOW ISOELECTRIC FOCUSING APPARATUS 

The focusing cell consisted of a 0.75-mm-wide channel (38.5 x 5.2 cm) recessed into 

a Plexiglas® plate (50 x 11.5 x 2.4m). Attached to this Plexiglas® plate was an aluminum 

plate (50 x 11.5 x 1 cm) to which thermoelectric couplings were connected for dissipation 
of Joule heat. A sensor in the aluminum plate provided monitoring of temperature during 
the run. Located at the bottom and top of the cell for entry and exit of the sample, respectively, 
were 40 tubes. The anode and cathode compartments were separated from the adjacent 
focusing cell by an ion-exchange membrane. Each compartment contained a platinum elec- 
trode wire. In the experiment reported here, the cathode and anode solutions consisted of 
0.2 M histidine and 0.04 M glutamic acid, respectively. Circulation was achieved with a 
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peristaltic pump. The sample was applied through a 40-channel Plexiglas® bubble trap to 

which a sealing bar was attached during focusing. Collection was accomplished with a 

coupling block, which was unbolted at the completion of focusing and placed over a test- 

tube rack for simultaneous collection of solution from the 40 channels. Power was provided 

with a Bio-Rad® 3000 XI high-voltage power supply. 

C. FAST ATOM BOMBARDMENT/MASS SPECTROMETRY 

Mass spectra were obtained on a VG ZAB-SE mass spectrometer equipped with an FAB 

source operating at an accelerating voltage of 8 kV. FAB mass spectra were also obtained 

using a Finnigan MAT® 312 mass spectrometer operating at an accelerating voltage of 2 to 

3 keV. Samples were dissolved in 2 to 10 g/ml dimethyl! sulfoxide (DMSO) and deposited 

on an FAB probe tip. A thin layer of either glycerol or thioglycerol was applied to the probe 

tip containing the samples and was mixed thoroughly with a Pasteur pipette before insertion 

into the source. The primary atom (xenon) was produced using a saddle field ion source 

operating at a tube current of 1 to 1.5 mA at an energy of 8 keV. 

D. GAS CHROMATOGRAPHY/CHEMICAL IONIZATION MASS 
SPECTROMETRY 

GC/CI mass spectra were obtained on an Extrel 400-1 GC/MS system. An 8-m SPB- 

1 column was used; the temperature of the column was programmed from 150 to 305°C at 

8°C/min. The temperatures of the MS source and the injector were maintained at 180 and 

230°C, respectively. The helium gas pressure was 4 psi, and the MS source pressure with 

methane was maintained at 1.5 x 10° torr. 

Ill. RESULTS 

A. CONTINUOUS FREE-FLOW ELECTROPHORESIS 

A novel human recombinant hybrid IFN, 5-4 a-2/a-1, has been purified to a high degree 

of homogeneity by conventional chromatographic procedures.® Analytical isoelectric focus- 

ing of the purified protein in the pH range of 5 to 7, however, indicated the presence of 

two major components (Figure 1). The approximate isoelectric point (pI) values of these 

components were found to be 6.25 and 6.03, respectively, as determined by soaking gel 

strips in 0.01 M KCI followed by measurement of pH values. Based on these results it was 

decided to conduct a continuous free-flow isoelectric focusing experiment in 1% Servalyt® 

carrier ampholytes (pH 5 to 7) for isolation of these components on a preparative scale, 

utilizing 10 mg of the hybrid IFN as starting material. For solubilization of the hybrid IFN, 

1% CHAPS and 6 M urea were added to the solution. Since both of these compounds are 

electrically neutral, neither interfered with the focusing process. After 4 h of focusing at a 

constant power of 100 W and a temperature of 15°C, the solutions from the 40 channels 

were pumped into test tubes (about 5 ml/tube). Each solution was analyzed for IFN antiviral 

activity, pH, and protein concentration. 

As shown in Figure 2, an approximately linear pH gradient was established between 

pH 5.0 and 6.5, constituting a change of approximately 0.04 pH units per channel. Two 

main protein peaks were observed at pI values of 6.3 to 6.4 and 5.8 to 6.0, respectively. 

Analytical isoelectric focusing was performed on fractions corresponding to each of these 

protein peaks. The first peak eluted (tube numbers 5 to 7) was found to contain mainly the 

component with a pI value of 6.25, whereas the second peak (tube numbers 16 to 18) was 

observed to be enriched for the species with a pI value of 6.03 (data not shown). Interestingly, 

measurements of specific antiviral activity of eluted fractions indicated that the protein peak 

with the more acidic pI value exhibited a higher specific antiviral activity (Figure 2). It has 

not yet been established, however, whether this result indicates that two subpopulations of 
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FIGURE 1. Analytical isoelectric focusing of human recombinant IFN 8-4 a-2/a-1 variants. 

(A) Human carbonic anhydrase (pI = 6.6); (B,C) IFN 8-4 a-2/a-1; (D) B-lactoglobulin (pI 

= 5.3). Focusing was performed on a Phast electrophoresis system’ employing Phast Gel 

IEF media (Pharmacia, Piscataway, NJ). Gels were incubated at room temperature for 30 

min in a solution containing 6 M urea, 1% CHAPS, and 4% Servalyt® carrier ampholytes 

(pH 5 to 7). After the gels were prefocused for 75 V-hours, samples were applied and focusing 

was allowed to proceed for 525 V-hours. Gels were silver stained. The band appearing at 

the anodal end was produced artifactually by protein precipitation at the point of sample 

application. 

IFN 8-4 a-2/a-1 molecules with different intrinsic antiviral activity exist or whether the 

presence of impurities in peak 1 lowers the specific antiviral activity. 

We have also attempted to resolve the electrophoretic variants of the hybrid IFN a by 

chromatography on a monophosphate HR 5/20 chromatofocusing column employing a fast 

protein liquid chromatography (FPLC) system. The column was equilibrated with 40 mM 

Tris-HCl (pH 7.4) containing 6 M urea and 1% CHAPS; the sample was eluted with Poly- 

buffer® 74 (pH 5.0) prepared in 6 M urea, 1% CHAPS. Analysis of the eluted fractions by 

analytical isoelectric focusing indicated the achievement of a resolution comparable to that 
observed with continuous free-flow electrophoresis (data not shown). 

B. FAST ATOM BOMBARDMENT/MASS SPECTROMETRY 
1. Human IFN y N-Terminal Nonapeptide 

The N-terminal sequence of human IFN y is of special interest, since it contains two 

cysteine residues at positions 1 and 3 that are separated by a tyrosine residue. The question 

arises as to whether a disulfide bond can form between two sulfhydryl groups despite potential 

steric hindrance from the intervening amino acid. In order to investigate this possibility, the 

following nonapeptide corresponding to the N-terminus of human IFN y was synthesized 
by solid-phase techniques: 
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FIGURE 2. Continuous free-flow isoelectric focusing of recombinant human IFN 8-4 a-2/a-1. Antiviral activity 

was measured by a cytopathic effect inhibition assay.” Protein concentration was determined as described by 

Bradford.’ Further details are described in Section II. 

H,N-C-Y-C-Q-D-P-Y—V-K-COOH 

The final product was air-oxidated as a dilute sample while still attached to the synthesis 

gel. Oligomers were subsequently removed by gel filtration. Reverse-phase high-performance 

liquid chromatography (HPLC) on a C-8 column indicated the presence of a single major 

peak eluting with a retention time of 22.7 min. After boiling with 2-mercaptoethanol for 10 

min, the peptide eluted with a retention time of 18.7 min. 

The nonapeptide was dissolved in water or was treated with 5% 2-mercaptoethanol (final 

concentration >20 mg/ml). The FAB/MS data of the peptide in water are shown in Figure 

3A. A strong ion was observed at m/z1116, which represented the molecular weight as 

NH? for the disulfide-containing form of the peptide. The FAB mass spectrum of the peptide 

in a thioglycerol matrix showed an ion at m/z1116 at the earlier time points of the repetitive 

scanning, rapidly converted to an ion at m/z1118. These data support the conclusion that 

the disulfide bond was reduced under FAB/MS conditions in a thioglycerol matrix. In other 

experiments employing a VG ZAB-SE mass spectrometer in Reinhold’s laboratory (Harvard 

University), the presence of an ion at m/z2231 was observed in addition to the observations 

described above.'? The ion at m/z2231 may be interpreted as the [2M + H]* ion. 

The FAB/MS data of the 2-mercaptoethanol-treated peptide displayed a very intense 

ion at m/z1118, corresponding to the completely reduced peptide (Figure 3B). A strong ion 

at m/z1194, 76 amu higher than the ion at m/z1118, was also observed. These data (m/ 

z1194) indicate that it represents a mixed disulfide between 1 mol of this peptide and 1 mol 

of 2-mercaptoethanol. It has not yet been established which of the two cysteine residues 

participates in this mixed disulfide bond. 



Frontiers in Bioprocessing 

A. Native 

1117 

1118 

1114 

600 708 880 980 1000 1100 1200 1300 

1118 (M-H) 
ue B. Mercaptoethanol Treated 

H,N-CYS8-TYR-CYS-GLN-ASP-PRO-TYR-VA L-LY8-COOH 

8e s———-8 ; 
{ R'SH 

xs posi Vesa Oh P HehgvateReys: 

48 

(R = -SCH,CH,OH) 

2e 

730 8ee 8350 900 930 1008 103506 1108 113e 1200 

FIGURE 3. FAB mass spectra of Gif-N9, a synthetic nonapeptide corresponding to the N terminus 

of human IFN y. (A) Native peptide in water; (B) peptide treated overnight with 5% 2-mercapto- 

ethanol at room temperature. 
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2. Identification of Fragments of Recombinant Human IFN 

Treatment of fully reduced recombinant human IFN a-2 with CNBr is predicted from 

the distribution of methionine residues to result in six polypeptide chains.* However, since 

in the native molecule disulfide linkages exist between Cys, and Cyso, and between Cys, 

and Cys,3,, CNBr cleavage results in four fragments.° These fragments are referred to as 

1-4, 3-5, 2, and 6. Fragments 1-4 and 3-5 refer to polypeptides in which fragments 1/4 and 

3/5, respectively, are covalently linked by disulfide bonds. The fragments were separated 

by reverse-phase HPLC as described by Lydon and co-workers’ and subjected to FAB/MS 

for identification (Figure 4). Fragment 2 displayed a molecular ion at m/z545 [M + H]*, 

which reflected the conversion of the C-terminal methionine to homoserine during the CNBr 

cleavage. An intense ion was observed at 527, [M+H-H,0]*, which corresponded to the 

homoserine lactone. The amino acid sequence of fragment 2 was obtained from a number 

of fragment ions obtained in its FAB mass spectrum (Figure 4a). 

Fragment 6 displayed an intense ion at m/z1983, which corresponded to the predicted 

molecular weight of the [M + H]* ion. (Figure 4b). The major peak at 991 represented 

the doubly charged ion for this polypeptide and indicated the presence of basic amino acid 

residues (i.e., lysine and arginine). The formation of doubly and triply charged ions in the 

FAB/MS of polypeptides is consistent with observations on other polypeptides. 

The FAB mass spectrum of fragment 1-4 exhibited a very weak ion at m/z7640 (Figure 

4c). However, the predicted molecular weight of this fragment is 7735. Thus, there is a 

difference of 95 amu between the observed and predicted values. However, it must be noted 

that fragment 1-4 contains two methionine residues at the two C-termini of fragments 1 and 

4, respectively. The formation of homoserine lactone from each of the two methionine 

residues in fragment 1-4 resulted in a predicted molecular ion of 7639, which agreed well 

with the observed value of 7640. As noted above, a similar result was obtained for fragment 

2: 
In continuation of our FAB/MS studies on recombinant human IFN a-2, we have 

analyzed a tryptic digest of this protein without further purification. The mass spectral data 

of the unpurified digest allowed us to confirm the presence of most of the predicted tryptic 

peptides in a single scan, with the exception of a few low-molecular-weight fragments which 

were below the mass range that was actually scanned. In addition, these data confirmed the 

presence of the Cys, —Cysog and Cys, — Cys,3, disulfide bonds. In a separate experiment, 

IFN a-2 derivatized with 4-vinylpyridine was digested with trypsin and the digest analyzed 

by FAB/MS. The FAB/MS data provided the expected tryptic peptides, including some 

fragments exhibiting an increased molecular weight due to chemical derivatization. The data 

indicated that the derivatized ions provided strong molecular ions in the FAB mass spectra. 

3. Sequencing of the C-Terminal Peptide of Recombinant Human IFN y 

A peptide containing the C-terminal 15 amino acids of recombinant human IFN y was 

synthesized with the following predicted structure: 

H,N-R-K-R-S-Q-M-L-F-R-G-R-R-A-S-Q-COOH 

The calculated molecular weight of this peptide is 1875. FAB/MS analysis showed a 

strong ion at m/z1876, which corresponded to the protonated molecular ion, [M + H]”*. 

As shown in Figure 5, the FAB spectrum contained a large number of fragment ions. These 

ions permitted confirmation of the sequence noted above. 

C. GAS CHROMATOGRAPHIC-MASS SPECTROMETRIC SEQUENCING OF 

LEU-ENKEPHALIN 

Rose et al.° have reported a new technique for the permethylation of mixtures of acylated 

peptides at a level of 2 to 10 nmol. These volatile derivatives can be resolved by GC and 
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their molecular masses determined by MS. This technique is especially useful for providing 

sequence surveys of proteins and polypeptides through the generation of proteolytic fragments 

which can be converted to volatile derivatives as described above and analyzed by GC/MS. 

Ionization required for MS analysis is frequently achieved by electron impact (EI). However, 

standard EI techniques result in the formation of an unstable radical cation which sponta- 

neously fragments into daughter ions. Hence, determination of the last residue in the sequence 

of a peptide may be impossible due to difficulty in detection of the molecular ion. In order 

to circumvent this potential problem, we have developed a CIMS technique employing 

methane containing a trace of helium as a reagent gas. We have successfully employed this 

technique for obtaining complete sequence information on a variety of peptides containing 

up to five residues. An example of the application of chemical ionization GC/MS to a 

pentapeptide, leu-enkephalin, is demonstrated in Figure 6. It is important to note that the 

molecular ion of this peptide could not be obtained with EI techniques. 

IV. DISCUSSION 

The continuous free-flow electrophoresis system described here should be applicable to 

the isolation of both natural and genetically engineered proteins as well as resolution of 

electrophoretic variants. Provided that the protein of interest is stable with respect to both 

its physical and biological properties, continuous free-flow electrophoresis can achieve high 

resolution at high protein loadings in a single run. The data presented here substantiate the 

utility of this technique in resolving electrophoretic variants whose pI values are within 0.2 

pH units. Although the resolution achieved was comparable to that obtained by FPLC 

chromatofocusing, continuous free-flow isoelectric focusing offers the potential for pro- 

cessing significantly larger quantities of material in a single experiment. Thus, the system 

can be modified readily so that a species focusing at a selected isoelectric point can be 

removed continuously during the course of a run while starting material is being provided. 

This modification would allow the processing of virtually unlimited quantities of material. 

We have previously described applications for a computer-controlled recycling isoelectric 

focusing system (RIEF).* The isoelectric focusing system described here differs from RIEF 

in that there is no partitioning between channels in the focusing cell, as achieved in RIEF 

with the use of nylon filter membranes. Thus, the continuous free-flow electrophoresis system 

can be cleaned readily without disassembly of the focusing cell. An additional consequence 

of this design is that protein precipitation does not appear to affect resolution to the same 

extent as in RIEF. In addition, the presence of 40 channels in the RIEF permits a finer 

preparative resolution of components. 

The techniques we have described for amino acid sequence determination and polypeptide 

identification should be useful in providing structural information on low quantities of 

material in the nanomolar range. We have demonstrated the application of FAB/MS to 

identification of polypeptides with masses as high as 7000 to 8000 amu. It is especially 

notable that this technique was able to identify the presence of an internal disulfide bond 

between cysteine residues separated by only one amino acid in a peptide mimicking the N 

terminus of human IFN y. Conformational analysis employing the Sybil program (Tripos 

Associates, St. Louis, MO) and energy minimization employing the Macromodel program 

(W. C. Still, Columbia University) has supported the theory that the disulfide-containing 

structure is a stable, low-energy conformation.'* These calculations have indicated that 

stabilization is achieved in part by a transannular hydrogen bond between the N-terminal 

cysteine carbonyl group and the amide NH of the cysteine at position 3. As further sub- 

stantiation for this conclusion, we observed that treatment of this peptide with 2-mercap- 

toethanol converted it into a form that eluted earlier on reverse-phase HPLC. Thus, our data 

strongly support the existence of this disulfide linkage, in distinction to the previous con- 
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FIGURE 6. GC/CIMS of leu-enkephalin. (a) Total ion chromatogram of permethylated peptide; (b) mass spectrum 

of peak A. Permethylation was performed as described by Rose et al.° 
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clusion that such a linkage between closely spaced residues does not exist in proteins." 

Interestingly, this disulfide linkage may have a regulatory function, since it has been observed 

that genetically engineered murine IFN y lacking the first three N-terminal amino acids has 

significantly higher antiviral activity than the full-length molecule." 

The power of mass spectrometry to provide complete sequence information in a mod- 

erately sized peptide of 15 residues was clearly demonstrated for the C-terminal peptide of 

recombinant human IFN y. Such a technique will be especially useful when combined with 

a previous step for resolution of peptides, e.g., liquid or gas chromatography. Amino acid 

sequence analysis of peptides using GC/MS as described by Rose et al.° has now been 

confirmed in our laboratory on a number of test polypeptides containing up to six residues. 

The GC/CIMS technique appears to be superior since we have noted for a number of 

polypeptides that it provides abundant molecular ions not observed in GC/EIMS. We foresee 

a larger future role for MS in rapid identification of unknown proteins through peptide 

mapping, in providing amino acid sequence information for the construction of DNA probes, 

and in establishing the correctness of N- and C-terminal regions of recombinant proteins. 
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Part 2. Advances in Fermentation 

Bioreactor research and development has, in recent years, led to increased diversity 

rather than standardization. This diversity is partly a reflection of the diversity of organisms 

being developed as ‘‘catalysts’’ and partly a reflection of the rapid commercialization of 

diverse approaches developed in scientific laboratories to fulfill scientific (and not necessarily 

commercial) goals. Thus, issues of scaleup and optimization are being attacked through a 

combination of modeling, cell engineering, and biological experimentation. In this section, 

fermentation scientists from corporate and academic laboratories discuss their experiences 

at the frontier of fermentation development. This subject attracted several poster presen- 

tations, which introduced a variety of innovations in modeling (including applications of 

control theory) and process integration. 
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Chapter 6 

KINETICS OF IMMOBILIZED CELLS: A STRUCTURED MODEL 

Harold G. Monbouquette and David F. Ollis 
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I. INTRODUCTION 

The many advantages of immobilized-living-cell processes over traditional suspension- 

culture fermentations have been canvassed in several reviews.'’ A number of research groups 

have praised the potential of immobilized-living-cell systems as more efficient means for 

production of virtually the whole spectrum of biologically derived products. However, 

published descriptions of attempts to scale up immobilized-cell technology are rare.*°* The 

absence of an experimentally verified theoretical model of immobilized biocatalyst behavior 

has probably retarded industrial implementation of these processes. 

To address this need, a simple structured model of immobilized cells has been constructed 

as a qualitative, experimentally verifiable description of the diffusion and reaction phenomena 

and the physiological state of immobilized cells under steady-state conditions.? This two- 

component description of biomass predicts the RNA concentration per unit dry biomass 

(roughly proportional to protein synthesizing capability) with depth into a porous carrier. 

As this structured model has been developed from an experimentally verified model for free- 

suspension culture,'° it offers a means of comparing free-suspension and immobilized-culture 

kinetics on a qualitative basis. 

II. MICROSCOPIC OBSERVATIONS 

Steady-state biocatalyst performance in continuous-flow bioreactors is normally achieved 

subsequent to an initial period of in situ cell growth. If sufficient nutrients are supplied 

continuously, the maximum immobilized-biomass concentration that the support can accom- 

modate within the pore space accessible to cells is eventually reached at steady state. 

Observation of this phenomenon poses some difficulty with friable solid supports, but gels 

containing immobilized microcolonies in various stages of expansion have commonly been 

treated with fixing agents, sectioned, and subjected to microscopic examination. Jn situ 

growth has been observed from the initial stage, where single cells exist within S- to 10- 

Lm cavities, to the development, expansion, and eventual merging of spheroidal microco- 

lonies near a gel particle surface (see Figure 1).''!° In the later stages of biocatalyst activation, 

cell divisions occur primarily in the surface region of the carrier. Presumably, the uneven 

distribution of metabolic activity is dictated by limitations on the internal transport of nutrients 

and inhibitory products. 

Over the course of this immobilized-cell biocatalyst activation process, the gel matrix 

is often severely distorted to accommodate the increase in immobilized biomass, resulting 

in up to a threefold volumetric expansion of the original carrier particle.'~!° Subsequent 

immobilized-cell divisions result in cell leakage from the support matrix through surface 

fractures'*:'*?°? at a commensurate rate. At this stage, the biocatalyst is termed fully 
activated. 

Microscopic examination of a fully activated biocatalyst interior has often revealed a 

dense, clearly defined cell layer extending 50 to 100 wm from the biocatalyst surface, 

depending on the microorganism and the system-dependent transport properties of the limiting 

nutrient(s) and inhibitory product(s).'':??°° Typically, few or no viable cells are found toward 

the center of a sufficiently large gel particle. 

The expected existence of a gradient in metabolic activity of immobilized cells with 

depth into a carrier follows directly from the hypothesis of intrabiocatalyst mass transfer 

limitations. Electron micrographic observations of Inloes et al.*' and others”°*?;> strongly 

suggest that such a gradient is present in both immobilized bacterial and yeast systems. 
Electron micrographs of Pseudomonas putida immobilized in polyacrylamide gel?? show 
living cells at high density near the surface, yet apparently dead, metabolically inactive cells 
and compressed cell walls are found near the center. A photomicrograph published by 
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FIGURE 1. Cross section of a slab geometry, immobilized viable cell catalyst. 
(From Monbouquette, H. G. and Ollis, D. F., Ann. N.Y. Acad. Sci., 469, 230, 
1986. With permission.) 

Koshcheyenko et al.*” of immobilized Saccharomyces cerevisiae in a polyacrylamide gel 

granule cross section reveals uniformly shaped, healthy (well-stained) cells at high density 

to a depth of about 150 wm. Deeper, beyond the 150-j.m level there appears to be a rather 

abrupt change in cell morphology as many irregularly shaped unhealthy cells are evident, 

but at the same high density. Deeper still within the gel, cell density drops rapidly; yeast 

cells are relatively scarce and scattered. Similar observations can be made from an electron 

micrograph of yeasts immobilized in k-carageenan.”° 

A. PHYSICAL AND CHEMICAL INFLUENCES 

Strong evidence exists for the advantageous or disadvantageous partitioning of substances 

between the carrier and the bulk suspension media. For example, mass transfer of nutrients 

from dilute media to cells attached to solid surfaces such as clay particles has been shown 

by several investigators to be enhanced by the tendency of such nutrients as glucose to 

accumulate at the solid-liquid interface.'** In addition, polyanionic polymer gels may bind 

free potassium and sodium ions, which have been shown to inhibit yeast growth and ethanol 

production.** It has been reported that often harmful or inhibitory organic solvents such as 

ethanol and acetone prefer the bulk solution to k-carageenan gel.*° Also, phenol-degrading 

microorganisms adsorbed to the surface of activated carbon particles are protected from 

harmful, transient increases in phenol concentration due to rapid adsorption by the activated 

carbon.*’ Fukui and Tanaka** have reviewed the usefulness of the more hydrophobic pre- 

polymer gels for bioconversions of hydrophobic substrates (e.g., steroids) in organic or 

organic-water solvent systems. pH shift phenomena have been observed for microbes ad- 

sorbed to ion-exchange resins*?*' and two-gel-phase systems.**-** Partitioning effects are 

clearly phenomena that have not yet been studied extensively, but do hold promise for future 

exploitation in ways analogous to immobilized enzyme systems. 

A combination of partitioning and diffusion governs mass transport of nutrients and 

products in porous immobilized-cell biocatalysts. The illusory quality of diffusional masking 

effects, particularly with regard to biocatalytic stability, has been firmly established for 

immobilized enzyme systems and should be included in a proper interpretation of the apparent 

stability of immobilized-cell systems as well.***° Such effects may be manifested as differing 
responses of immobilized cells to temperature** and increased productive half-lives relative 

to: free celisiOe™* 

B. THE ‘“‘CONTINUOUSLY GROWING IMMOBILIZED-CELL STEADY 

STATE”’ 
In the continuously growing steady state, cells are constantly growing and dividing 

throughout a living cell layer, but the growth rate and, therefore, the physiological state of 
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the immobilized microbes change with distance from the support surface. Given a sufficient 

nutrient supply and adequate product removal rates, cells at the biocatalyst surface may be 

highly metabolically active and growing rapidly. Proceeding more deeply into the cell layer, 

a moribund population containing viable, senescent, and dead (or metabolically inactive) 

cells may be encountered, primarily due to substrate and product diffusional limitations. 

Here, viability indicates ability to reproduce, whereas the senescent state corresponds to a 

productive potential of zero which normally results from a cell aging process. At or near 

the inner edge of a cell layer, where the growth rate is very low, the population may be 

largely nonviable and cryptogenic growth may be highly important. Thus, the variation in 

physiological states with depth into a carrier roughly corresponds to changes in the state of 

a microbial population in batch culture with time; yet, the entire system is a continuous one. 

Such an arrangement may prove to have some characteristics useful for the scientist studying 

cellular metabolism, especially at very low growth rates. Indeed, at very low growth rates, 

prokaryotes exhibit an anomalous, abrupt down step in yield of biomass from substrate 

coupled with peculiarities in cellular metabolism.** 

Ill. INTRABIOCATALYST MASS TRANSPORT 

If dependable quantitative mathematical models are to be developed, theoretical and 

experimental studies of solute transport in immobilized-cell biocatalysts are desperately 

needed. For the simplest steady-state case, effective diffusivity data are needed to describe 

the flux of a solute of concentration y, based on free intrabiocatalyst volume not occupied 

by cells or support matrix, across a total biocatalyst cross-sectional area. Solute concentra- 

tions must be on a free intrabiocatalyst volume basis to be consistent with the biokinetic 

expressions for substrate uptake, product synthesis, and substrate or product inhibition (see 

Section IV.A). Potential differences in interstitial diffusivities (D) within the free volume 

between cells in an immobilized microcolony and unoccupied support porespace, which are 

due to the presence of polymeric cell exudates and/or differences in diffusion path tortuosity, 

must be included in a theoretical explanation of effective diffusivity data. Here, the local 

effective diffusivity, D., equals the interstitial diffusivity, D, multiplied by the free-volume 

fraction, since the solute concentration is expressed on a free-volume basis. 

IV. THEORY OF STRUCTURED MODELING 

Nearly all of the published mathematical models intended to quantitatively or qualita- 

tively simulate the kinetics of immobilized-living-cell biocatalysts have been based on un- 

structured, distributed, deterministic models of the immobilized biomass.*? The modeling 

of immobilized-living-cell systems is an example in which such traditional unstructured 

models (those that describe biomass only by concentration) may prove inadequate. Unstruc- 

tured models have been proved unable to predict transients in bioreactor performance due 

to their inability to describe cell physiological states.°° Such models are therefore not capable 

of predicting the distribution of biocatalytic activity (as related to cell physiology) within a 

porous support in an experimentally verifiable way. This information would prove useful 

in assessing the true effects of immobilization on microbial physiology. Although simple 

unstructured models are most common, other avenues for mathematical description of bi- 

ological systems are available.°!? 

Unlike typical porous catalysts used in the petroleum refining and chemical synthesis 

industries, the desired conversion does not take place at a surface in immobilized-living- 

cell biocatalysts. The biochemical reactions in question typically occur within the biotic 

phase (the immobilized biomass) of variable volume (relative to the carrier microenviron- 

ment) and biocatalytic activity. Rather than a two-phase system, a three-phase catalyst system 
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FIGURE 2. Block diagram of the two-compartment model proposed by Esener et al.,!° with modified 

rate expressions. (From Monbouquette, H. G. and Ollis, D. F., Ann. N.Y. Acad. Sci., 469, 230, 1986. 

With permission.) 

exists: the carrier material, the pore-filling liquid medium through which most solute diffusion 

occurs (i.e., the abiotic phase), and the biomass itself. Comparing the size of microbial 

cells and the macropores which they inhabit to the characteristic dimension of a typical 

support, a simplifying assumption of time-independent catalyst isotropy cannot always be 

justified. The distinction between a biotic phase and an abiotic phase must always be 

maintained since, at full activation, the biotic volume is no longer a small fraction of the 

total as in a typical batch fermentation. Transport of nutrients and excreted products within 

the carrier occurs within the abiotic phase; thus, the relevant concentrations are intrinsic, 

abiotic-phase concentrations. 

A. BIOTIC-PHASE EQUATION 

The structured model is most easily conceptualized in terms of the macromolecules 

which constitute the bulk of the cell dry weight. The synthetic component (R) consists 

primarily of ribosomal RNA (rRNA), the machinery for protein synthesis; the structural/ 

genetic component (D) is comprised of protein and DNA. 

The block diagram, including rate expressions, presented as Figure 2 illustrates R and 

D syntheses as sequential, growth-related processes with concurrent formation of by-products 

and D turnover as a maintenance-related process with perfect yield.’ The thousands of 

reactions and transport processes that take place within a typical bacterial cell or across cell 

walls and/or membranes have been lumped together into three simple conversions. Despite 

this vast condensation, impressive simulations of continuous Klebsiella pneumoniae and 

Zymomonas mobilis fermentations have been obtained.'°* 

The inability of the Esener model'® to predict a proper steady-state x, profile arises from 

the failure of the model to account for the inefficiency of rRNA at low substrate levels. A 

significant fraction of the total rRNA remains in an “‘inactive’’ state under starvation con- 

ditions. That is, w may approach zero with a significant amount of rRNA still present and 

mobilized, presumably, for a sudden increase in nutrient availability.” Thus, a nonlinear 

relationship between percent R and wp is observed at low specific growth (see Figure 3), and 

the minimum steady-state percent RNA content hovers at about 10%. 

The specific problem with the original Esener model'® mathematics rests within the 
expression given for D-compartment synthesis, 

Te(Xp:Xp) = kpXpXp (1) 
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Percentage of dry mass 

y(ho") 

FIGURE 3. E. coli dry weight composition as a function of specific growth 

rate.°*> Filled circles correspond to maximum specific growth rate in acetate, 

succinate, glycerol, glucose, and enriched media; open circles refer to glucose- 

limited growth in a chemostat. 

According to this expression, X, must approach zero for D-compartment synthesis to cease, 

when, in truth, the minimum R-component concentration is always well above zero. This 

dilemma may be resolved easily by implementing the suggestion of Roels.** The biotic 

component mass balances may be written assuming an unknown, f(Xp,Xp), for rg(Xg,Xp), 

giving 

dx Yekuy 
a = eos " —"f(Xp,Xp) 7 Kakp — pike (2) 

dx 
af = 5 iin doe ek pee (3) 

A simple expression for ~ may be obtained by assuming a plot of x, vs. w to be linear. 

Although at very low growth rates this relationship is nonlinear, the approximation is still 

a good one over most of the range in specific growth rate, such that 
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Xp = mp + x? (4) 

Solving Equation 4 for q., substituting this equation into the steady-state D-component 

balance, and rearranging give the following expression for f(Xp,Xp): 

f(Xp,Xp) = a (See kn) (5) 

If Equation 5 may be assumed to hold over transient conditions as well (a difficult assumption 

to prove), then rp(Xp,Xp) = f(Xg,Xp). By setting k, = 1/(Y,m) and o = xg — mk,, 

Equation 6 is obtained: 

Tp(Xp:Xp) = kpXp(Xp — 9) (6) 

a rate equation predicting zero net D synthesis at a finite RNA level. Substituting this 

expression into Equation 2, and noting that Equations 2 and 3 are not independent (since 

Xp = Py — Xp), leads to the following balance on the R component, which fully describes 

the two-component biotic phase: 

dx Yekpy = = = ane — k,(p, — Xp)(Xp — 5) + k,(p, — Xp) — bXp (7) 

where 

1 SAAR = = | See sh Ae = hye = 1) LS ie Ee Vs (Yp )kp(P, Xp)(Xp )| (8) 

and p, = intrinsic biomass density. These equations, coupled with the simple balances on 

substrate and total biomass for a chemostat, can be solved numerically to adequately simulate 

all the corresponding steady-state experimental data published by Esener et al.'° 

With the simple modification to account for ‘‘inactive’’ ribosomes at low specific growth 

rates, this intrinsic structured model appears adequate to describe immobilized growing 

biomass. The model may be applicable to many species of bacteria growing on a limiting 

carbon and energy source; it gives some important explicit information concerning cell 

physiological state through the value of x, and could be extended easily to include substrate 

and product inhibition or biological product synthesis. In addition, the substrate concentration 

at the inner edge of the cell layer (where ~ = 0) may be estimated by setting Equation 8 

equal to zero and solving for ys: 

» _ _ Ks — Yp)ko(o, — 28)@2 - 9) ies 
2 TASS = a iy = Sa 

B. ABIOTIC-PHASE EQUATION 

Consider now the steady-state problem of interest, with C, (biomass concentration per 

unit pore volume) assumed constant with respect to position in the cell layer. The reaction- 

diffusion equation may be put on a total biocatalyst volume basis? to give 

d’y;(Z) =A C. _kpys(Z) 
a (10) 

dz? P, Ks + y,(Z) 
BlegD,, + (1 — §)D,] 
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Here, & is defined as the fraction of the pore volume accessible to cells, which is assumed 

equal to (C,/p,)/(1 — €), given that the biomass has filled all accessible pore space at steady 

state and is constant with respect to position in the cell layer. If an effective diffusivity is 

then defined as 

De = RletDe Slee 6)D:) (11) 

the defining equation for steady-state transport and consumption of the limiting carbon and 

energy source takes on a familiar reaction-diffusion form. 

For the purposes of this study, since C, is assumed constant with respect to position in 

the cell layer, an effective rate constant, k,, may be defined as B(C,/p,)kp. Given the 

expression for D, (Equation 11) and k,, the steady-state substrate balance (abiotic-phase 

equation) takes the following familiar form: 

D. d*y(Z) = k.ys(Z) (12) 

dz? Ket-ys(Z) 

At the inner edge of the cell layer (z = z°), w = 0; therefore, xp = xR, and yg is given 

by Equation 9. Alternatively, if the steady-state thickness of the cell layer, 1 (= z° — Z°*), 

is greater than half the thickness of the symmetrical slab carrier, l,., or is unknown, the 

substrate concentration at the biocatalyst center, yg, may be greater than or equal to yg. In 

addition, the zero-flux condition holds at the biocatalyst center line (nonzero living biomass 

at z = Zz‘) or the inner edge of the cell layer (zero viable biomass at z = 2°). 

Assuming the limiting carbon and energy source concentration to be a constant, yg, at 

the carrier surface completes the determination of the necessary boundary conditions, which 

are summarized as follows: 

0 Z= Zz (13a) 

zZ=Z ys(Z*) = ys (13b) 

V. SIMULATION AND OPTIMIZATION OF BIOCATALYST 
PERFORMANCE 

The abiotic-phase equation may be integrated once analytically using the no-flux bound- 

ary condition to give the following expression for the substrate concentration gradient: 

dys(z) _ (2k, are Ks + ys oe 
dz a [ys Eas Kin + allt . 

This nonlinear, first-order differential equation is easily integrated from the biocatalyst 
surface inward using a fourth-order Runge-Kutta computer algorithm. Once the abiotic-phase 
substrate concentrations are known at each depth, R-compartment concentrations, specific 
growth rate, and biomass flux outward at each point may be calculated sequentially in that 
order. 

Numerical calculations, given base-case parameter values (Table 1) and assuming a 
biocatalyst slab thickness greater than twice that of the cell layer, yield three curves rep- 



73 

TABLE 1 

Base-Case Values for Model Parameters? 

Biotic-phase equation Abiotic-phase equation 

From Reference 10: 

kp = 470.4 g/I-h D, = 3.5 X 10-6 cm?/s 

k,, = 0.06 h7! D, = 7.0 X 10~° cm?/s 

YR = 0.73 e = 0.20 

Yp = 0.66 —€ = 0.90 

K, = 0.07 g/l ys = 10.0 g/l 

m = 48.7 hrg/l ys = 1.393 x 1073 g/1 

xR = 23.0 g/l 

Calculated: 

From Reference 55: C,/p, = 0.72 

Pp, = 240.0 g/l 

Calculated: 

kp = 0.0311 I/gch 
o = 20.1 g/l 
yg = 1.393 x 107? g/l 
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FIGURE 4. Base case substrate, R-compartment, and specific growth rate profiles with depth into the bio- 

catalyst; No. = 0.75. Parameter values: yg = 10.0 g/l, € = 0.90, and Ig. > Ig. (From Monbouquette, 

H. G. and Ollis, D. F., Ann. N.Y. Acad. Sci., 469, 230, 1986. With permission.) 

resenting substrate, R-fraction, and ws profiles (Figure 4).° All of the curves are monotonically 

decreasing with depth into the biocatalyst. However, the R-fraction and specific growth rate 

profiles are nearly flat at the higher substrate concentration, where substrate uptake is 

approximately zero order. The eventual decline in specific growth rate nearly parallels the 

drop in R-component concentration until the R fraction approaches its minimum value of 

just under 0.10, where p is predicted to be zero. 
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A cell layer effectiveness, n¢,, based on immobilized microbial growth may be defined 

to quantify this effect: 

qv/B 
Na. Vhs Ol Pa oe) 

where 2° and qs are the specific growth rate and biomass flux at the surface, respectively, 

and 1, is the thickness of the cell layer. The denominator in this equation describes a 

rectangle on the vs. depth plot bounded by » = 0 and » = y,,, and z° = 0 and 2° = 

lx. The numerator, gf, is represented as the area under the p vs. depth curve. 

The ratio of these areas gives Nc,, which for the base case (yg = 10.0 g/l) is equal to 

0.75 (Figure 4). Thus, there is considerable error in usage of the zero-order kinetics as- 

sumption under these conditions, even though y§ is quite large relative to the Monod constant, 

K, (= 0.07 g/l). Raising or lowering the surface substrate concentration increases or de- 

creases the thickness of the cell layer and strongly affects n., (see Figures 5 and 6). However, 

increasing yg to 100.00 g/l, corresponding to a rather high steady-state surface substrate 

concentration (except, perhaps, at the entrance to a packed bed), still results in a cell layer 

effectiveness of 0.90, which is significantly less than one. Therefore, the assumption of 

zero-order kinetics in a biocatalyst wherein radial substrate concentration actually falls off 

well into the first-order regime may be a poor one. 

Recently, researchers have developed several methods to generate gel beads with di- 

ameters from 1 mm down to less than 100 wm. This is accomplished either by stripping 

small droplets of the pregel cell suspension from needle tips with a concentric sterile air 

blow-off stream,°° by rapidly shearing the aqueous suspension in an inert oil to create an 

emulsion of tiny droplets that may subsequently be induced to gel,°’ or by controlled breakup 

(vibration or ultrasonic) of a jet of the pregel suspension into droplets.°*°? Decreasing the 

width of gel carriers to less than the steady-state thickness of the living cell layer effectively 

cuts off all or a portion of the first-order regime, thereby increasing y<, to values close to 

one. 

Non-growth-associated product synthesis based simply on the total immobilized biomass 

would also be expected to be affected directly by variations in &. In fact, the maximum 

immobilized biomass level exactly coincides with the maximum biomass production rate at 

all D,/D,, ratios for biocatalyst thickness more than twice l,,. Note that the relative pro- 

portions of substrate and growth rate profiles for all values, holding other parameters constant, 

are the same. The parameter exerts its influence on the substrate gradient through the quantity 

2k./D,., which does not affect the shape of the y, vs. dimensionless depth (normalized with 

respect to 1.,). For various & and all other parameters identical, all plots are superimposable 

for slab biocatalysts. Therefore, changing y does not affect the average substrate concen- 

tration, R fraction, or specific growth rate, 2, over the thickness of the cell layer. 

VI. DISCUSSION 

In the formulation of this steady-state intrinsic, structured model of an immobilized-cell 

biocatalyst, several assumptions have been made to avoid excessive detail. Three of these 

approximations are especially unusual as they pertain only to these porous, living-cell bio- 

catalysts. First, instead of the common assumption of uniform distribution of catalytic sites 

within a carrier, constant biomass density within the pore volume has been assumed. Bio- 

catalytic activity with depth into the carrier is not a constant, however, since cell physiological 

state or biocatalytic quality often declines with increased nutrient deficiency. Second, the 
“continuously growing immobilized-cell’’ condition has been described as the only steady 
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state possible for nearly all cells in these living immobilized microbial systems. There is 

clearly no inanimate heterogeneous catalyst analogue to this phenomenon of propagation of 

active sites. Finally, transport within immobilized-cell carriers involves diffusion in micro- 

colonies and carrier pore space, necessitating a more complex description of an effective 

diffusion coefficient, somewhat analogous to that derived for macro- and micropore zeo- 

lites. The simplest approach was taken here by assuming a unidirectional diffusive flux 

through both regions, proportional to the same substrate gradient given little or no mass 
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transfer limitation to kinetics in the lateral directions. Clearly, the need persists for exper- 

imental support of modeling assumptions and predictions. 

The intrinsic, structured model presented in this chapter is attractive because it is capable 

of quantitatively predicting phenomena in areas where future experimental work should 

concentrate, such as internal resistance to mass transport, immobilized-cell physiological 

states,!* and intrinsic kinetics of substrate consumption and product synthesis. It is also 

relatively simple. Substrate and product inhibition and.product synthesis can be easily 

incorporated into the model, and results will be comparable to those obtained with immo- 

bilized-enzyme systems. 

Other carrier characteristics not discussed in this paper are worthy of future investigation 

as well. Although gel carriers are most popular, external mass transfer resistance may be a 

problem with these supports, as their density is typically not much greater than that of water. 

Karkare et al.°* have embedded silica particles in k-carrageenan to increase gel density and 

strength, with apparent success. Also, analogous to efforts with immobilized enzymes, carrier 

chemistry could be adjusted to alter charge (e.g., for rejection of protons) or to increase 

hydrophobicity for better partitioning of hydrophobic substrates (e.g., steroids). 

Other areas deserving of theoretical and experimental work include periodic operation®! 

(e.g., cycling growth inhibitors, nutrients, pH, temperature, or dilution rate) to reduce 

biomass leakage and/or increase productivity, coimmobilization, and dynamics of immo- 

bilized unstable recombinant cultures. 
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APPENDIX: NOMENCLATURE [DIMENSIONALITY IN 
BRACKETS]* 

Cc Biomass (dry weight) culture concentration [M/L?] 

DD: Substrate diffusivity in carrier micropores [L?/T] 

Dy Effective (or apparent) substrate diffusivity [L?/T] 

De Substrate diffusivity in immobilized microcolony abiotic volume [L?/T] 

ie Substrate saturation constant [M/L?] 

ee Rate constant for D-component formation [L?/MT] 

k. Effective rate constant (Equations 10 and 12) [L?/MT] 

k,, Rate constant for maintenance (D-component turnover) [1/T] 

kp Rate constant for R-component formation (substrate uptake) [M/L°T] 

ie Half the slab-biocatalyst thickness [L] 

ie Cell layer thickness [L] 

m Slope of Xg vs.  [TM/L?] 

db Biomass (dry weight) flux [M/L?T] 

r Rate expression of varied definition in text [M/L>T] 

eS Rate expression for D-component formation [M/L?T] 

Xn D-component biotic-phase concentration (dry weight/wet biotic volume) [M/L?] 

ie R-component biotic-phase concentration (dry weight/wet biotic volume) [M/L?] 

Ys Yield of D-component from R-component [dimensionless] 

Nae Yield of R-component from substrate [dimensionless] 

Ys Abiotic-phase substrate concentration [M/L?] 

Z Distance from carrier surface [L] 

* M = mass units, L = length units, T = time units. 
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Greek characters 

Nei 

Cell carrier porosity [dimensionless] 

Abiotic-phase fraction of immobilized microcolony volume 

Fraction of pore volume accessible to cells 

Theoretical viable cell layer effectiveness [dimensionless] 

Specific growth rate [1/T] 

Biomass density [M/L?] 
Correction for inactive ribosomes [M/L?] 

Superscripts 
c 

0 

S 

No 

Value at the slab-biocatalyst center line 

Value when p = 0 

Value at the biocatalyst surface 
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I. INTRODUCTION 

Living cells can be rationally and purposefully designed at the molecular level. This 

concept, inconceivable in 1970, is a major driving force in bioprocessing technology. Genetic 

modification of cells is primarily done either to produce a protein as a product or to generate 

within a cell new metabolic pathways capable of yielding nonprotein products. 

The first wave of targets for genetically modified cells have been proteins, particularly 

therapeutic proteins. The initial promise of production of large quantities of low-cost proteins 

has been only partially realized. The technical barriers to achieving large-scale production 

of many proteins have proved to be greater than originally presumed. The extension to 

metabolic engineering is at an even more primitive state of development than for production 

of single proteins. 

Technical problems that have hindered the large-scale utilization of genetically modified 

cells are genetic instability, target protein toxicity, target protein instability, sequestering of 

the target protein in an inactive form, inability to achieve appropriate posttranslational 

modifications of the target protein, and inability to recover the target protein in a purified 

form. Many of these problems can be circumvented with the appropriate choice of host 

organism, vector, bioreactor, and bioreactor operating strategy. 

II. SOME CONSIDERATIONS IN CHOOSING HOST-VECTOR 
SYSTEMS 

The selection of host, vectors, and reactors is to a large extent determined by the product. 

We can broadly consider three classes of products from genetically modified cells: therapeutic 

proteins, ‘“‘bulk’’ proteins, and nonprotein products. Therapeutic proteins are very high in 

value (about $100 million/kg), but are required in low amounts (a few kilograms per year), 

while bulk proteins are of moderate price (about $1000/kg), but are required in larger volumes 

(> 1000 kg/year). ; 

Therapeutic proteins are typically used for animal or human health. Proteins and poly- 

peptides made in animal cells typically undergo posttranslational modifications, and in some 

cases these modifications are necessary for biological activity. Examples of posttranslational 

modifications include glycosylation, phosphorylation, and acylation. Often complex car- 

bohydrate side chains are involved. For production of therapeutic proteins, the ability to 

make these posttranslational modifications will be critical to the clinical efficiency of the 
product in some, but not all, cases. 

For bulk proteins, one can imagine producing industrial and food-grade enzymes to be 

used in processing raw materials into value-added products. Proteins may have value for 

structural as well as catalytic properties. Proteins can be used as adhesives, filaments for 

‘‘biomaterials’’, or as additives in foods to give functionality (e.g., whip-ability), or in 

personal health care products (e.g., shampoos). The advent of ‘‘protein engineering’’ po- 

tentially allows direct design of proteins to improve activity, stability, or specificity prop- 

erties. Such improved proteins should result in increasing demand. Posttranslational 

modifications are generally not important for the value of bulk proteins. 

With the production of either therapeutic or bulk proteins, it is imperative to obtain high 

volumetric productivity in the reactor. Such high productivity is typically achieved by 

constructing the host-reactor system to maximize gene expression. In cells where the objective 

is to introduce or amplify certain metabolic pathways, such hyperproduction is not nearly 

as important as the stable maintenance of target protein activity; such stability usually requires 
a much lower level of gene expression. 

With these constraints in mind, let us consider several popular host cells. These hosts 
are Escherichia coli (a Gram-negative bacterium), Bacillus subtilis (a Gram-positive bac- 
terium), Saccharomyces cerevisiae (a yeast), mammalian cells, and insect cells. 
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E. coli has been the organism of choice for most initial attempts at protein production. 

E. coli has a number of very attractive features, the most important being that it is the best 

understood and characterized organism in the world at the molecular level. A large number 

of host backgrounds, vectors, and regulated strong promoters are available. Thus, sophis- 

ticated genetic manipulations are accomplished much more easily in E. coli systems. The 

development of strategies to select for those transformants making the desired protein in 

high yield is greatly aided by the wide variety of readily available mutants. 

Recently, it has become common to grow E. coli to high cell densities (50 to 100 g dry 

weight per liter) in batch culture.'? High cell density can be achieved only if the cells are 

somewhat restricted in their growth rate. Too rapid growth, particularly on glucose, leads 

to acetate formation, which is the principle inhibitory metabolic by-product. Even this 

restricted growth rate (uw ~ '/,1,,,,) is still sufficiently high to give attractive volumetric 

productivities when coupled to high-density cultures. 

However, E. coli does have disadvantages. This microorganism was rarely considered 

for industrial fermentations prior to the development of genetic engineering. As an industrial 

organism, E. coli is very small and difficult to recover, does not typically excrete products, 

and is more sensitive to phage attack than many industrial organisms. Also, the cell envelope 

contains endotoxins (lipopolysaccharides) which can be quite deadly. 

For production of plasmid-encoded proteins, the constraint of intracellular protein pro- 

duction magnifies some of these disadvantages. If the target protein is made at a high level 

within the cellular cytoplasm, it will typically be destroyed by proteases (for example, 

preproinsulin was reported to have a half-life of less than 2 min) or will form inclusion 

bodies.*° Inclusion bodies contain biologically inactive protein. Cells must be removed from 

the broth, broken (which releases endotoxins), the inclusion bodies recovered, solubilized, 

and the protein refolded to give the biologically active form. If the protein is intended for 

human or animal health use, it must be purified extensively (e.g., to remove endotoxins, 

contaminating proteins, or anything else that could trigger an immune response). Although 

the formation of inclusion bodies greatly concentrates the target protein, the overall effect 

on the cost of protein purification can be negative and quite significant. Adverse effects on 

process economics are particularly likely if the protein is large (>60,000 mol wt) and/or 

has a large number of disulfide bonds, since resolubilization to the biologically active form 

can then be very difficult. 

Many of the problems associated with production of cloned proteins in E. coli are due 

to the lack of excretion of the protein into the extracellular space. As will be discussed later 

in this chapter, recent progress has been made in constructing an E. coli-vector system which 

excretes a plasmid-encoded protein. However, the lack of target protein excretion has led 

to interest in B. subtilis as a host. 

B. subtilis excretes some natural proteases and amylases to give high extracellular 

concentrations (15 g/l). Since B. subtilis is a Gram-positive organism, it has a single 

membrane rather than the two membranes present in E. coli. Typically, proteins excreted 

into the medium by B. subtilis will be secreted through the inner membrane of E. coli.’”* 

However, in E. coli these proteins that pass through the inner membrane are prevented from 

passing through the outer membrane. B. subtilis is a well-established organism for use in 

large-scale fermentations; it is robust, grows rapidly, and is more resistant to phage attack 

than E. coli. 
However, B. subtilis has a number of disadvantages which have not been adequately 

addressed. Plasmid stability is often a much more severe problem in B. subtilis than in E. 

coli. The presence of proteases and the rapid degradation of foreign proteins remain sig- 

nificant problems. The limited variety of host strains (well-characterized mutants), strong 

inducible promoters, and cloning vectors makes sophisticated genetic manipulations difficult. 

S. cerevisiae has an advantage over both E. coli and B. subtilis in that it can glycosolate 

proteins, although the type of posttranslational modifications done are not the same as in 
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human cells or those of higher eukaryotes. Furthermore, S. cerevisiae is on the GRAS 

(generally regarded as safe) list, which is significant for food or medical proteins. Yeast 

can be grown to high concentrations (>100 g dry weight per liter), and their large size 

simplifies cell recovery. Yeast also can excrete some proteins, although these are usually 

smaller ones; larger exported polypeptides may become trapped in the complex cell wall. 

Even for smaller excreted proteins, the yield has not been very satisfactory. The intrinsic 

capacity to process such proteins appears to be limited. Expression levels in yeast are typically 

much lower than in E. coli for all types of proteins encoded by foreign genes.’ This low 

expression level also implies poor use of resources. 

When complete posttranslational modifications to the target protein are thought to be 

essential to the target protein’s efficacious end use, then none of the bacterial or yeast strains 

are fully satisfactory. Such target proteins are usually mammalian proteins intended for 

animal or human therapeutic use. In these cases production using animal cell tissue culture 

becomes important. Animal cell culture is tremendously expensive and difficult. Cells grow 

very slowly; they are very fragile; it is difficult to obtain high cell densities; and they typically 

require complex and very expensive media. Contamination can be a severe problem. Thus, 

animal cell culture is desirable only when the product characteristics absolutely require it. 

Production of such proteins is typically accomplished using mammalian cells as hosts, 

although there is growing interest in insect cell cultures as an alternative. Mammalian cells 

used for protein production are typically transformed cells. Since cancer cells are transformed 

cells, there is some concern (but no evidence) that a cancer-causing agent could be transferred 

from cell cultures to patients as an impurity in the desired protein. Furthermore, the vectors 

often used in genetically engineered mammalian cells are variants of primate viruses. There 

exists the remote potential for the back mutation of a vector to a virulent form of the virus. 

Finally, transfected gene expression in most mammalian cell cultures is very low (approx- 

imately 1 to 5% of total cellular protein). 

Insect cultures are of interest because of the potentially very high levels of protein 

expression that can be obtained. Using host cells, such as Spodoptera frugiperda (fall 

armyworm), and the baculovirus Autographa californica NPV, Smith et al.'!° have dem- 

onstrated the production of human B-interferon at a high level with apparently correct 

posttranslational modifications. A recent review!’ summarizes proteins that have been made 

in insect cell systems and the degree of posttranslational modifications obtained. The bac- 

uloviruses have a very strong late promoter (for occlusion body protein) which is not essential 

to infectivity in cell culture. This late promoter presents an attractive site for cloning foreign 

eukaryotic genes. Other advantages of the insect cell system over mammalian cells are that 

insect cells are not ‘‘transformed’’ cells, and the final vectors are completely nonpathogenic. 

However, insect cells are every bit as difficult to grow as mammalian cells. Although serum- 

free media can support cell growth, good cell growth coupled with good virus replication 

normally requires supplementation of media with expensive serum, although recent reports 

suggest that this limitation can be circumvented. !! 

Iii. BIOREACTOR STRATEGIES 

Once a host-vector system has been chosen, an appropriate bioreactor and operating 
strategy must be selected. 

Let us consider a typical strategy for protein production from a plasmid-containing E. 
coli before exploring some current reactor concepts still at the formative stage. Normally, 
the inoculum is brought through a series of batch ‘‘seed’’ tanks. Typically, a strong, regulated 
promoter is used, with that promoter maintained at the lowest basal production level possible. 
In the transfer from seed tank to production vessel, it is imperative that a large portion of 
the population retains the plasmid. Segregational instability (a cell ‘‘losing’’ the plasmid 



85 

“‘outgrows’’ plasmid-containing cells and displaces plasmid-containing cells in the popu- 

lation) is increased as the average number of plasmids in the population decreases and as 

the growth rate advantage of plasmid-free cells increases. By keeping target protein synthesis 

to a minimum, the plasmid-containing cells can grow more rapidly, since no cellular resources 

are “‘wasted’’ on making a nonessential protein; furthermore, some proteins, particularly 

those which are strongly hydrophobic, can be directly toxic to the host cell. With target 

protein synthesis repressed, the plasmid-containing cells grow nearly as quickly as plasmid- 
free cells. 

Furthermore, selective pressure is usually placed on the culture, either antibiotic re- 

sistance or plasmid-encoded synthesis of an essential nutrient that the host cell is unable to 

synthesize based on its chromosomal DNA. Often two different selective pressures are 

applied. Structural changes in the plasmid to disable synthesis of the target protein while 

maintaining synthesis of a selectivity factor (e.g., an antibiotic-degrading enzyme or pro- 

duction of an essential nutrient) can lead to unproductive cells that will grow in the presence 

of the selective agent(s). If the host cell contains insertion sequences, then chromosome 

integration of the plasmid-encoded selectivity factor becomes possible. In the process of 

chromosome integration the portion of the plasmid encoding for the target protein is often 

rejected. Even if the plasmid and gene encoding the selective agent are lost, the gene product 

(e.g., an enzyme to degrade an antibiotic) will be retained for a few generations before 

being diluted to a level too low to elicit a biological response. Thus, any applied selective 

pressure is likely to be successful only for a finite number of generations, and even when 

successful does not guarantee the absence of non-plasmid-containing cells; however, non- 

plasmid-containing cells will not overtake the culture. 

Up to the point of induction of target protein synthesis in the production tank, the whole 

objective is to place as little stress as possible on the plasmid-containing cells. At a high 

cell density, usually late exponential growth phase, the culture is induced. At this point, 

the objective is typically to sustain the production phase for as long as possible. The 

hyperproduction of the protein often leads to eventual cell death. Induction can be done by 

starvation for a nutrient (e.g., phosphate and the PhoA promoter) with a chemical (e.g., 

IPTG [isopropyl-B-D-thiogalactoside] and the lac or tac promoters) or by a temperature shift 

(e.g., the yP, promoter). The starvation promoters have the disadvantage of simultaneously 

affecting growth and, eventually, the protein synthesizing machinery. The large-scale transfer 

of cells from a growth to an induction medium would be problematic. The use of a chemical 

induction system offers precise control and can be done easily on a large scale. However, 

a number of the chemicals used for induction are rather expensive. Temperature induction 

(involving a shift from a lower temperature to 42°C) also induces nonspecific synthesis of 

other proteins (e.g., heat shock proteins); some of these proteins are proteolytic.'* Finally, 

the rapid shiftup of a large fermentor to a new temperature involves substantial dynamic 

lags. Since the profile of the temperature shift can alter product formation,’* this becomes 

a constraint on scaleup. 

The actual timing of the induction can also have a significant effect on total productivity. '* 

Induction is often done toward the end of the cycle, when glucose and oxygen levels are 

likely to be very low in a high-density culture. However, glucose and oxygen starvation in 

E. coli can induce proteolytic enzymes. 

Many variations exist on the above ‘‘typical’’ procedure, depending on the nature of 

the protein product and the host cell. If protein formation is for the development of new 

pathways to make a nonprotein product, ‘““weaker’’ promoters are used so that target protein 

synthesis does not unduly tax the cell. For these nonprotein products, stability is the key 

issue, and sustained continuous operation would be desirable. 

DeTaxis duPoét et al.'° have shown how cell immobilization can improve reactor stability 

in a continuous-flow system. If a culture is entrapped in a gel matrix, separate isolated 
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colonies develop within each bead. The possibility of a revertant forming in each of these 

microcolonies is very low because the number of cells in each microcolony is very small. 

Even if a nonproductive cell emerges early in a microcolony, it will only dominate that 

small microcolony. If all of these microcolonies are well mixed, as they would be if they 

were in suspension, the nonplasmid cell can overtake the whole reactor. DeTaxis duPoét et 

al.!° developed a simple mathematical model to predict this increased stability. Actual 

experiments showed that immobilization improved stability beyond that predicted simply by 

compartmentalization. The authors then speculated that immobilization might alter cell phys- 

iology, perhaps due to stress-induced changes in morphology, and that these altered states 

led to greater intrinsic plasmid stability. 

Cell immobilization and continuous reactor operation are not only attractive for pro- 

duction of nonprotein products, but also are potentially attractive for protein production. 

However, such a system would require continuous production and excretion of the target 

protein. Indeed, such operations for B. subtilis, S. cerevisiae, and animal cells are quite 

plausible. Most reactor schemes for protein production from animal cells involve some form 

of cell immobilization or retention.'° However, attempts are also being made to extend that 

approach to protein production from microorganisms.'*:'”!? In our laboratory we have been 

working on developing a scheme to allow the use of E. coli in a continuous-flow immobilized- 

cell system for the production of plasmid-encoded proteins. 

IV. NOVEL HOST-VECTOR AND BIOREACTOR STRATEGIES 

Our proposed scheme” is outlined in Figure 1. The approach is to couple a strong, 

regulated promoter, a ribosome binding site, and a signal sequence fused to a target protein. 

A strong terminator may also be needed to prevent read through. A plasmid containing these 

control regions and the target protein gene can then be inserted into a robust host cell (a 

strain of E. coli). The culture is grown under noninducing conditions to reduce potential 

problems of genetic instability. Once a high cell concentration is obtained, the cells can be 

immobilized by gel entrapment or retention in a membrane reactor. Target protein production 

is induced in the growing culture just prior to immobilization. We have found host-vector 

systems where high-level expression of the target protein also induces alterations of the outer 

membrane. These alterations lead to “‘leaky’’ behavior. In many cases the signal sequence 

will lead to secretion of the overproduced protein across the inner membrane. The target 

protein, once it passes through the inner membrane, can be released through the ‘‘leaky’’ 

outer membrane into the extracellular fluid. Such immobilized cultures enable continuous 

nutrient flow with the target protein being selectively released into the extracellular medium. 

Because sustained continuous operation of the reactor system is necessary for economic 

considerations, net cellular growth must be controlled to a low level to prevent disruption 

of the immobilizing matrix. Control of growth can be done through nutrient starvation, 

decreased temperature, or controlled bleeding of excess cells from the reactor. 

The potential advantages of such a system are several fold. Purification is simplified 

because relatively few other proteins are in solution and the target protein is present at a far 

higher level than other proteins. Recovery is made easier since cell separation is not required 

and the target protein can be available at high concentrations (>1 g/l). Since there is no 

cell breakage, the release of endotoxins may be circumvented. By having a continuous-flow 

system with high cell density, high volumetric productivities can be obtained if high cellular 

metabolic rates are sustained. Ideally, the cell consumes only those nutrients necessary to 

meet maintenance energy requirements and for synthesis of the target protein, since cell 

removal from the reactor is nearly zero and other nongrowth cellular functions are suppressed. 
Consequently, the product yield (or substrate conversion) can be maximized. Since protein 
is excreted from inside the cell, it may be possible to avoid formation of inclusion bodies. 
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FIGURE 1. A general scheme is shown for production of a plasmid-encoded protein with excretion 

into the extracellular fluid. The host cell becomes ‘‘leaky’’ only after induction of high level plasmid- 

encoded protein synthesis. The use of cell immobilization potentially allows the use of a continuous, 

high-cell-density bioreactor. 

Finally, it would be possible to circumvent genetic instability due to segregational losses of 

plasmid, since cell growth can be greatly reduced when protein synthesis is initiated. It 

should be emphasized that these are potential benefits, not advantages that have been ex- 

perimentally demonstrated, although we have made some partial progress toward such a 

demonstration. 

Our goal is a general process applicable to a wide range of proteins. Proteins secreted 

in their native host cell are good candidates. As we learn more about the secretion process 

itself, we intend to attempt the extension of such an approach to normally cytoplasmic or 

man-designed proteins. We believe that continuous-flow reactors producing a target protein 

at extracellular concentrations greater than 1 g/I at high purity (approximately 80%) with a 

sustainable productivity of about 100 mg/I-h for periods of several weeks would be very 

attractive for a large variety of protein products. 
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We are attempting to convert this concept into a reality. Most of our studies so far have 

utilized a model system for the production of the normally periplasmic enzyme B-lactamase 

in E. coli, mainly strain RB7917° and a pTACI11 plasmid or derivatives.” However, the 

same general response has been observed in other E. coli host strains. The pTAC11 plasmid 

is essentially pBR322 with the tac promoter”! inserted ahead of the B-lactamase gene. The 

tac promoter is a hybrid trp-lac promoter inducible with IPTG. 

With this construction we observed a high level of B-lactamase production in shake 

flasks at 37°C when the culture was induced at mid-exponential growth (optical density = 

0.4). Under these conditions, 90 to 95% of the active B-lactamase is excreted into the 

medium, while very little (<7%) B-galactosidase is found in the medium.** The enzyme B- 

galactosidase is a cytoplasmic enzyme, and its presence in the medium would indicate 

significant cell lysis rather than protein excretion. If the shake-flask culture is induced in 

early exponential-phase growth (approximate optical density = 0.2), cell killing and lysis 

are evident (ca. 35% release of B-galactosidase), while induction in late exponential growth 

(approximate optical density = 0.8) leads to reduced excretion (about 30%) and reduced 

total B-lactamase production. 

At 37°C and induction at an optical density of 0.4, about 50% of the total B-lactamase 

produced is inactive and in the form of periplasmic inclusion bodies.*? However, if the 

culture is grown at lower temperatures, the formation of inclusion bodies is greatly reduced, 

with the total amount of active B-lactamase formed being more than twice that at 37°C as 

measured 24 h after induction. The percent of the active B-lactamase excreted was about 

50% at 20°C. 
When attempting to use this host-vector system in continuous culture at 37°C, we found 

it impossible to achieve stable operation while retaining any significant number of plasmid- 

containing cells. However, at 20°C we can sustain for significant periods cultures actively 

producing B-lactamase.*’ Productivities averaging 4 U of B-lactamase activity per optical 

density-hour can be sustained for 400 h with about 50% excretion of the B-lactamase. The 

8-lactamase in the extracellular solution is about 90% pure. Higher productivities (20 U of 

B-lactamase activity per optical density-hour) and excretion (ca. 75%) have been observed 

for significant but shorter periods (ca. 50 h). 

These cells can also be grown to high cell densities (optical density ~ 70) in membrane 

reactors that retain cells. In membrane reactors we have observed high concentrations of 

the extracellular B-lactamase (ca. 1.2 g/l) and the ability to maintain high cell densities with 

no net growth for 1 to 2 weeks.*’ If our more recent experience from low-temperature 

continuous-culture experiments can be extended to high-density continuous-flow reactors 

with cell retention, then we will be able to meet most of our goals for system performance. 

The ability to extend this approach to other protein products, the ability to sustain the 

high productivity state for even longer periods, and the need to better understand the mech- 

anisms responsible for induction of ‘“‘leaky’’ behavior remain important research objectives 

for this project. The key to sustaining high expression of protein production, excretion, and 

cell viability appears to lie in better understanding the balancing of important cellular kinetic 

processes. These kinetic processes are transcription of the target gene, the rate of mRNA 

degradation, the rate of translation, the rates of processing the precursor protein and secretion, 

the rate at which imperfect outer membrane is generated, the rate of release of the mature 

protein through the outer membrane, and the rate of inclusion body formation. 

Since the key to successful system operation is the balancing of these kinetic processes, 

it would be helpful to be able to predict the quantitative dependence of each of these kinetic 

processes on important fermentation variables such as temperature, pH, and nutrient levels. 

Such predictions will require the development of mathematical models. It is our intention 

to construct such models, although our efforts to do so have just begun. 
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V. CELL MODELS 

A rather large number of mathematical models have been proposed for plasmid-con- 

taining bacteria and yeast. These models are usually concerned with the dynamics of pop- 

ulations containing both plasmidless and plasmid-containing cells (e.g., References 24 to 

28) or with host-vector interactions. These latter models are usually highly structured. Some 

of the pioneering models on plasmid replication by Lee and Bailey?! have been called 

genetically structured. Peretti and Bailey” have also adapted models developed by our group** 

to predict aspects of host cell-plasmid interactions by including increased structure concerning 

transcription and translation. These latter models provide the necessary framework to begin 

modeling cultures with protein excretion. 

The basic Cornell model*? is a relatively detailed model of an individual cell of E. coli. 

The model is applicable to both fully aerobic and anaerobic growth. The model responds 

explicitly to changes in external concentrations of glucose and ammonium ion. Population 

models can be constructed by finite representation techniques. Such models have been used 

to make accurate predictions of dynamic responses of continuous-flow stirred tank reactors 

(CFSTRs) to perturbations in flow or substrate concentration.**:*° 

The base model has been constructed so as to allow the insertion of a more detailed 

description of any cellular subsystem into the model while retaining the base model structure. 

Thus, the response of such a modified model is a direct test of the plausibility of the 

mechanism used to construct the description of the cellular subsystem. Using this concept, 

we have inserted into the model a submodel for the replication of plasmids with the ColE1 

origin of replication. Such plasmids, exemplified by the plasmid pBR322, are commonly 

used as industrial vectors for production of foreign proteins. The inclusion of a mechanis- 

tically based model for plasmids with the ColE1 origin of replication results in quite rea- 

sonable predictions of plasmid copy number.*° 

Once copy number is known, then the effects of target protein synthesis on host cell 

physiology must be predicted if we wish to predict the dynamics of reactor performance. 

The increased detail on transcription and translation inserted in our base model by Peretti 

and Bailey** will be important; however, even without such detail it is possible to make 

reasonable predictions of plasmid stability in CFSTRs as a function of growth rate (see 

Figure 2) by simply including the effects of competition for precursors and energy.*° 

Further modifications to these models will be necessary if we wish to model protein 

excretion. We are currently working on extensions of the model that explicitly recognize 

amino acids in the medium, an improved model of the /ac promoter, and population models 

of plasmid-bearing cells, using a finite representation technique. 

VI. SUMMARY 

The advent of genetic and molecular-level engineering has greatly expanded our knowl- 

edge of cellular physiology as well as given us tools to directly alter cellular mechanisms. 

Consequently, the engineer can now envision a living cell as a complex catalyst that can be 

‘‘designed’’ rationally and whose behavior can be predicted. This chapter has attempted to 

describe some preliminary but incomplete attempts to fulfill this vision. 
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FIGURE 2. The prediction of plasmid stability of EZ. coli B/r containing a pBR322 derivative is 

compared to experimental data for a glucose-limited chemostat at 37°C.*° Stability is the fraction of 

plasmid-containing cells in the culture. About 15 to 17% of the total protein synthesis is due to the 

presence of the plasmid. The solid line is the prediction for the system at a dilution rate of 0.7 h~' and 

the dashed line for 0.3 h~!. Data at D = 0.7 h”' is depicted by MM; at 0.3 h~', by a. 
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I. INTRODUCTION 

Many biologically important proteins of therapeutic interest can only be produced by 

animal cells because of necessary posttranslational processing, such as glycosylation, or 

other complex events, such as proper folding and secretion. This has motivated the devel- 

opment of large-scale animal culture systems for products such as those listed in Table 1. 

Animal cells have distinct characteristics of growth and productivity in contrast to bacteria 

and yeast which present problems for scaleup. Animal cells in culture require a complex 

nutrient medium supplemented with growth factors, hormones, and often serum. For ex- 

ample, Dulbecco’s Modified Eagle’s Medium (DMEM)! contains 15 different essential and 

nonessential amino acids, 6 water-soluble vitamins and coenzymes, glucose, pyruvate, cho- 

line, inositol, bicarbonate, and a variety of inorganic ions.’ This is supplemented with 5 to 

10% fetal bovine serum or defined components such as insulin, transferrin, and a specific 

growth factor. The addition of 10% serum in the culture medium introduces approximately 

3.5 g of protein per liter of medium. This represents a significant protein contaminant which 

must be separated by the subsequent purification process from the desired product, which 

is often present in milligram per liter concentrations or less. Animal cells exhibit both 

anchorage-dependent and anchorage-independent growth. Most normal tissue-derived cells 

require attachment to a solid substrate for growth. Transformed cells, however, often will 

grow in suspension. The scaleup of culture systems for anchorage-dependent cells must 

address the issue of adequate surface area to volume for efficient large-scale cell production. 

The material properties of such substrates are critical, since not all types of materials support 

cell attachment and growth. Animal cells lack a strong cell wall and therefore are fragile 

and sensitive to shear forces. This imposes restrictions on the types of agitation that can be 

employed in such reactors and, hence, affects the mass transfer problems normally encoun- 

tered in scaleup. Shear forces can affect not only the integrity of a cell, but also the attachment 

of a cell to a substrate material. For anchorage-dependent cells, detachment results in eventual 

cell death. This can occur even at shear forces that are not sufficient to disturb cell integrity. 

Animal cells are derived from organisms which have developed complex mechanisms 

for providing a homeostatic growth environment. Hence, they are sensitive to small changes 

in the physical and biochemical medium environment. Closed batch culture systems result 

in a continuous departure from a controlled homeostatic state. Consequently, steady-state 

continuous growth systems have been developed which optimize cell growth and viability. 

These will be discussed below. Furthermore, a safe, sterile environment is required. Since 

animal cells grow slowly compared to microorganisms, such cultures are subject to contam- 

ination. 

The conventional large-scale culture of anchorage-dependent cells in vaccine production, 

for example, has employed great numbers of roller bottles (Figure 1). The cells are grown 

on the inner surface of the roller bottles, and slow rotation exposes the layer of cells attached 

to the bottle surface alternately to medium and air. The surface area of such culture bottles 

is limited to a few square feet, and although automatic medium-feed devices have been 

employed successfully, the multiplicity of culture vessels presents a very labor-intensive 
batch process. 

The conventional scaleup approach to suspension-grown cells has been to construct 

larger, more carefully controlled, agitated vessels operated in batch or semibatch mode. 

In addition to these cell growth-related issues, serious consideration must also be given 

to the effects of such large-scale systems on the downstream purification technology, often 

the limiting step of a production process. Conventional culture systems tend to provide low 

cell densities, low product concentrations, and significant purification problems due to high 

serum supplement contamination. It is valuable, therefore, to examine what constitutes an 

ideal product stream and how this might be achieved in addressing the design of an animal 
cell culture system. 
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TABLE 1 

Biologicals Produced by 

Mammalian Cell Culture 

Tissue plasminogen activator 

Pro-urokinase 

Urokinase 

Protein C 

Factor VIII 

Erythropoietin 

Human growth hormone 

Monoclonal antibodies 

Therapeutics 

Diagnostics 

Purification ligands 

Anti-inflammatory peptide (Lipocortin) 

Tumor necrosis factor 

Epidermal growth factor 

Insulin-like growth factors 

Cartilage induction factor 

Colony stimulating factor-1 

Interleukin-1 

Interleukin-2 

Interferons 

The ideal cell culture medium stream contains a maximum product concentration with 

a minimum amount of contaminating protein. This limits the volume of material for pro- 

cessing and provides an initial crude product with a high specific activity. Anything that 

reduces the serum concentration in the medium directly affects the purification problems. 

However, serum is not the only source of protein contaminants. Cell disruption also con- 

tributes to the level of contaminating proteins in the medium. 

To achieve an optimum product stream, it is necessary to maximize both the cell density 

and the cell productivity. Although genetic engineering and careful cell selection provide a 

major approach for effecting high expression levels, understanding the specific medium 

requirements and identifying feedback metabolite inhibition are critical. 

Minimization of serum requirements, particularly by use of a defined medium, is critical. 

Ideally, a defined medium can be developed which employs growth factors and hormones, 

the identification of which provides an opportunity for devising novel procedures for their 

removal in the downstream process. A culture system which maintains high cell viability 

reduces that component of the contaminating protein derived from intracellular materials 

and cell debris. 
A major approach for achieving these goals has been the development of continuous 

culture systems that attempt to maintain a homeostatic culture environment. Under such 

steady-state conditions, high cell density cultures are achieved with increased cell and product 

yields per unit volume of medium used and with significant reduction of the serum con- 

centration in the medium.” 
A number of approaches have been employed to maintain a homeostatic culture envi- 

ronment for suspended cells, including fed batch, Monod-type chemostat, cytostat, and 

perfusion reactors. 

Il. STEADY-STATE CULTURE SYSTEMS 

A. FED BATCH CULTURE 

Fed batch culture is characterized by continuous feeding of medium to a culture of cells 

in a closed system at a rate which both maintains a nearly constant nutrient level and dilutes 
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FIGURE 1. Photograph of roller bottle deck assembly. 

metabolic product levels. Efficient operation requires methods for monitoring and controlling 

the concentration of the limiting component. Throughout the growth process, the culture 

volume increases until the reactor is filled. The last phase of cultivation then resembles a 

closed batch system. Nevertheless, over the greater portion of the cell growth phase, a near 

steady-state culture environment is maintained, and higher cell densities and cell yields per 

unit volume of medium used are obtained than with conventional closed batch reactors. 

Successful production of monoclonal antibodies in a fed batch reactor has been reported.* 

Although fed batch cultures can be operated in a semicontinuous mode, they are essentially 

noncontinuous cultures. 
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B. CHEMOSTAT CULTURE 

In contrast, chemostat culture provides an opportunity for maintaining steady-state culture 

conditions and cell density in a continuous mode of operation. In chemostat culture, the 

nutrient medium contains saturating concentrations of all of the growth components with 

the exception of one, the concentration of which determines both the cell density and the 

growth rate. Systems have been developed for chemostat culture of animal cells. 

The steady state in chemostat operation is maintained by a continuous dilution of the 

culture. The specific growth rate, 1, is equal to the dilution rate, D, defined as the number 

of volume changes per unit time. Monod® showed that the specific growth rate was a function 

of the concentration of the limiting growth component: 

= Gena, (1) 

where }1,,.x iS the maximum specific growth rate, S is the steady-state concentration of the 

limiting component, and K, describes a dissociation constant for the cell-substrate association. 

Thus, for a Monod-type chemostat culture, the specific growth rate at steady state is less 

than the maximum possible. It has been shown by Herbert et al.’ that for a given substrate 

concentration and dilution rate there is both a unique steady-state substrate concentration, 

Sour: and a unique cell density, given by the following equations: 

D 
Se ee ps out ae id =) ( ) 

and 

D 
cell concentration = YS; ina ea = [Su s Kien) | o 

where Y is a yield constant, defined as the amount of cells obtained per unit of substrate 

consumed, and S,, is the substrate concentration of the feed stream. They also showed that 

the maximum output of a continuous culture is given by the following expression: 

K, a Sin Ke 2 

Output, .aximum = Pinax * Ye S.a( bree Siesea i. =, (4) 

When S,,, >> K,, the maximum output obtained is a function of the substrate concentration 

and pax. This type of culture system provides an efficient means for continuous production 

of cells and derived products in a homeostatic environment. Stable steady-state chemostat 

cultures which exhibited significant cell yield and reactor productivity were reported by 

Tovey.” 

C. CYTOSTAT CELL CULTURE 
In a cytostat culture, a constant cell density is maintained by continuous culture dilution 

at a rate equal to the cell growth rate. In contrast to a chemostat, however, all of the nutrient 

components are maintained at saturating concentrations. Consequently, the maximum spe- 

cific growth rate is maintained.* Under these conditions, a range of steady-state cell densities 

can be established at the same dilution rate. However, as the cell density increases, the 

substrate concentration will be decreased to a limiting concentration. At this point, the 

condition S >> K, is not satisfied and the specific growth rate will drop. As will be shown 

below, the limiting cell density can be estimated from nutrient consumption rates. 
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D. PERFUSION CULTURE 

Perfusion introduces another degree of freedom for increasing the steady-state cell con- 

centrations and, hence, the maximum cell or product output of a continuous culture system. 

In perfusion systems, the cells are physically retained in the reactor such that continuous 

nutrient medium feed and spent medium removal is achieved without dilution of the cell 

density. This process can be coupled with a cytostat mode of operation to provide a perfused 

continuous culture. Like the cytostat, all substrates are provided in the feed medium at 

saturating concentrations. The steady-state substrate concentrations, cell density, and uptake 

rate functions can be calculated from the mass balance equations shown below, assuming 

saturating substrate concentration and maximum uptake rates. 

Substrate + Substrate,,, (5a) Substrate,,, consumed 

S,,°(D + P): V = k,- cell number + S,,,°(D + P): V (5b) 

ea Soe ce Pe) 

ae (cell/V) Y 

Both the perfusion rate, P, and the harvest dilution rate, D, are expressed as the number 

of volume changes per unit time. The specific consumption constant, k,, is defined in terms 

of the amount of substrate consumed per unit time per cell. From the values of D, P, S,,, 

k,, and the estimated minimum steady-state substrate level, S,,,, which still satisfies the 

condition S,,, >> k, (Sou ~ 10k,), one can estimate the maximum cell density from the 

expression 

(cells/l) = So Ra” (7) 

Thus, perfusion increases the limiting cell density that can be maintained at maximum growth 

in a cytostat by the factor 

(Sin = SPs = 8) 
Ss 

The maximum output for the perfusion cytostat would be equal to the product of the maximum 

cell density and (P + D). Suspension-grown cells present a particular challenge for perfusion. 

Mechanical filtration devices must be devised that allow cell-free medium removal from the 

reactor without becoming clogged by the cells and cell debris. The large-scale perfused 

suspension culture systems developed in our laboratory”? employ a spin filter device first 

described by Himmelfarb et al.? A diagram of the early cytostat reactor is shown in Figure 
Ms 

Ill. MAMMALIAN CELL GROWTH IN A CONTROLLED 
PERFUSION REACTOR 

A. PERFUSION REACTOR SYSTEM 
The perfusion reactor was operated in the following manner. Suspended medium, with- 

drawn through the filter in the satellite vessel, and a capacitive level monitor controlled the 
fresh medium pump. The pH was monitored by an autoclavable INGOLD® electrode and 
controlled by varying the CO, concentration of the overlay gas and by adding sodium 
bicarbonate when necessary. Reservoirs for fresh and expended media were connected to 
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TABLE 2 

Comparison of Production of Rat Walker Carcinosarcoma Cells 

in Conventional and Perfusion Suspension Culture 

Total 

medium* Total 

(b cells* Yield 

Conventional suspension culture 14,150 13,422 x 10” 0.95 x 10” 

Perfusion culture system* 612 1,705 x 10? PPD 2 WOE 

* The sum of medium and cells from a number of experimental runs. 

> 100-1 Vibromixer suspension reactor. 

© 4- and 40-1 perfusion suspension culture reactors. 

the reactor through peristaltic pumps. Agitation of the cell culture suspension was provided 

by the use of large-area, slowly rotating flexible sheets, or ‘‘sails’’. These minimized the 

shear effects on the cells, a particularly valuable feature for the microcarrier suspension 

cultures to be discussed later. Providing adequate oxygen, particularly at high cell densities, 

is a major problem. The early perfusion reactors provided a gas sweep over the culture 

surface of a few liters per minute and a slow sparge of pure oxygen. To prevent foaming 

problems, the sparge was limited to a few milliliters per minute. For oxygen consumption 

rates of about 0.045 to 0.060 cm? (stp)/min/10° cells for a number of cells, oxygen quickly 

becomes limiting when supplied in this manner. To address this problem, a silicone rubber 

tubing (O.D., 2mm;1.D., 1.0 mm) ‘‘lung’’ permeator was developed. This was incorporated 

into the design of a new 14-1 computer-controlled research model perfusion reactor. The 

initial studies were carried out with a lung surface area of about 100 cm7/I of culture volume. 

During cell growth the dissolved oxygen was maintained at about 0.11 atm using computer 

control. The inlet and outlet gases from the reactor were analyzed using gas chromatography. 

Other parameters monitored were the dissolved oxygen level and headspace gas composition. 

This yielded oxygen consumption rates and provided control data for regulating the oxygen 

content of the feed gas mixture to maintain the established dissolved oxygen levels in the 

medium. Temperature control was maintained by locating the reactor system in a 37°C warm 

room. Reactor sizes from a few-liter research model to 100-1 production models have been 

developed and employed for production of various cells and expressed products. The per- 

fusion suspension system could be operated both in batch and continuous cytostat-type modes. 

The cultures were characterized by high cell density, achieved significant increases in cell 

yield per unit volume of medium, and often had reduced requirements for serum concentration 

in the medium. 

B. CELL GROWTH EXPERIMENTS 

In early experiments, rat Walker carcinosarcoma cells grown in continuous perfusion 

culture reached cell densities as high as 30.8 Xx 10° cells/ml, with viabilities near 100%, 

compared to maximum cell densities of about 1.5 x 10° cells/ml in batch culture. The 

exponential growth rates were about the same (~0.042 h~'). In addition, the yield of cells 

per liter of medium used was about threefold that obtained without perfusion. Data are 

shown in Table 2. 

No attempt was made to optimize the perfusion rate in these studies. However, at rates 

below 5 ml/h/10? cells, the growth rate decreased significantly. The glucose consumption 

rate for the rat Walker cells was about 50 to 80 pg/h/10° cells. Since the DMEM used in 

these studies contained 4.5 mg/ml glucose, a feed rate of 18.5 ml/h/10° cells would be 

required to maintain a steady-state glucose level. 

Another observation regarding perfusion growth was the reduction in required serum 
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FIGURE 3. Growth curve for human hepatoma cells grown initially in 5% bovine calf serum- 

supplemented DMEM without antibiotics. Serum concentration was reduced as indicated with 

chemostat operation initiated on day 10 to maintain level of cell density. (From Feder, J. and 

Tolbert, W. R., Eds., Large-Scale Mammalian Cell Culture, Academic Press, Orlando, FL, 

1985. With permission.) 

concentration in the medium. The human hepatoma cell line, SK-Hep-1, was grown in 

continuous perfused cytostat culture with the cell density maintained at 10 ml/1 (packed cell 

volume). The cells were initially grown in DMEM with 5% bovine calf serum, but during 

the cytostat operation the serum concentration was reduced to 1% with minimal effect on 

cell growth and viability (see Figure 3). 

Perfused cytostat culture has been used to produce both cells and products in a long- 

term continuous operation. These include monoclonal antibodies, growth factors, tissue 

plasminogen activator (tPA), and cell-derived molecules such as membrane proteins. Ex- 

periments on the growth of Bowes melanoma cells in the 14-1 computer-controlled perfusion 

cytostat reactor yielded the data shown in Table 3. Various metabolic parameters including 

rates of tPA production were studied. 

In runs'1 and 2, the effects of decreasing the perfusion rates were compared. The steady- 

state cell density was maintained at about 2.7 x 10° cells/ml. However, since these cells 

have a large cell volume, 3.75 cm?/10? cells, the actual cell volume was about 10 ml/I, or 

nearly 1.0% of the reactor volume. At the lower perfusion rate, the steady-state glucose 

concentration dropped to 1.65 mg/ml from a level of 2.68 mg/ml at the higher perfusion 

rate and the lactate concentration almost doubled from 1.07 to 1.92 mg/ml. However, this 

did not affect the specific rates of glucose uptake, oxygen consumption, or tPA production. 

The uptake rate functions were calculated from the mass balance relationships discussed 

earlier. Assuming that at a steady-state glucose concentration of 0.15 mg/ml the conditions 

of S >> K, still hold, maximum cell densities of 7.08 x 10° and 4.3 x 10? cells/l could 

be maintained at the higher and lower perfusion rates, respectively. This, of course, assumes 

that glucose depletion is the limiting process. 
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TABLE 3 

Perfusion Cytostat Production of Bowes Melanoma Cells and Tissue 

Plasminogen Activator (tPA) 

Variable Run 1 Run 2 Variable Run 1 Run 2 

pH 7.14 7.00 Glucose uptake (mg/h/ Parsee} 24.8 

10° cells) * 

Dissolved O, (atm) 0.11 Ont Lactate production (mg/ 18.4 19.1 

h/10? cells) 

Cell density 

ml/l (PCV) 9.7 10.2 [Glucose]; (mg/ml) 4.15 4.15 

cells/1 x 1074 2.6 Dal [Glucose],,, (mg/ml) 2.68 1.65 

Total cells x 10~° 39.0 40.8 

Doubling time (h) Si he Dik2 [Lactate], (mg/ml) 1.07 1.92 

D = ph) 0.0135 0.0135 Oxygen uptake (cm? Perl 2.9 

[stp]/h/10° cell) 

D+ PQ" 0.0448 0.0268 tPA production (mg/d/ 0.28 0.26 

10° cells) 

Pa(hisee) 0.0313 0.0133 

Optimization of perfusion culture systems requires detailed rate information for a number 

of metabolic functions, including both specific nutrient depletion and accumulation of met- 

abolic products that might inhibit growth and expression. Such studies are in progress in 

our laboratory. 

Perfusion suspension culture is not limited to the described reactor systems. First, the 

filtration can be provided by other systems such as membrane filters. Agitation and aeration 

can be provided by other reactor configurations such as the air-lift reactor. However, the 

principle of a perfusion cytostat system provides significant advantages for efficient large- 

scale suspension cell culture. 

C. ANCHORAGE-DEPENDENT CELLS 

Anchorage-dependent cells present additional challenges. As indicated earlier, a substrate 

configuration that maximizes the surface area to volume ratio of the reactor is critical for 

efficient scaleup. A number of approaches have been investigated, including the use of 

hollow fibers’®*'' and microcarriers.'* 

Anchorage-dependent cells that grow attached to a substrate provide a ready configuration 

for perfusion. A number of such systems have been reported, including perfused tissue 

flasks, roller bottles, hollow fibers, and microcarriers. Generally, perfusion of such cultures 

resulted in increased rates of proliferation, significant increases in cell yields, and multi- 

layered cultures. Studies carried out in our laboratory with perfused hollow-fiber reactors 

with different configurations also yielded high cell densities.'’ The basic design of these 

reactors incorporated delivery of oxygen and carbon dioxide through the lumen of the fiber 

and medium perfusion on the shell side of the fibers. A flat bed, hollow-fiber reactor system 

was designed which addressed some of the limitations of the cartridge-type configuration 

and provided an opportunity for scaleup. 

A 30 X 30 cm fiber bed consisting of about 3000 fibers (O.D., 340 4m) would provide 

about | m? of surface area for cell attachment and growth. A number of cells have been 

grown in these reactors, including SV3T3, WI-38, HeLa, rhesus monkey kidney (MK-2), 

baby hamster kidney (BHK), Vero, and primary fetal kidney. An important feature of the 

perfused hollow-fiber reactor is the capacity to maintain a population of cells after growth 

in a nonproliferating state for extended periods of time expressing a specific protein. 

Unlike the shear stress to which cells on microcarriers are continuously exposed, the 

fiber-attached cells are in a relatively undisturbed homeostatic environment under gentle 
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perfusion. The development of other such maintenance reactors will be described briefly 
below. 

The results from these studies show that even anchorage-dependent cells, the proliferation 

of which is substrate area dependent, achieve significantly higher cell densities with higher 

viabilities under perfusion. Microcarrier systems are one of the most effective methods for 

large-scale culture of anchorage-dependent cells. There have been various reports on perfused 

microcarrier culture. The microcarrier culture system developed in our laboratory employed 

a modification of the perfusion culture reactor described earlier. This involved the addition 

of a settling chamber in the recycle line between the cell reactor and the satellite filter vessel 
(see Figure 4). 

As cell-microcarrier suspension is pumped to the satellite filter vessel, it flows through 

the settling chamber, where the relatively dense slurry of cells and microcarriers is allowed 

to settle outside the agitated volume of the reactor vessel. Essentially cell-microcarrier-free 

medium continues in the recycle circuit to the satellite filter vessel. This operation could 

probably be maintained by directly removing a fraction of this spent medium without need 

for the filter. During the settling procedure, beads and cells at high density are brought into 

close contact, resulting in a bridging of cells from one carrier to another and the formation 

of aggregates of microcarriers. Under perfusion conditions the cell density increased sig- 

nificantly beyond that projected from the available bead surface area. Figure 5 shows a 

photomicrograph of the human foreskin fibroblast on the Bio-Carriers® microcarriers. Cell 

densities of 10’ cells/m! were achieved, and the cell-bead aggregates were readily dissociated 

to yield free cells for growth reinitiation by a brief trypsin/EDTA treatment. 

Using this procedure, a total of 3.4 x 10'' cells were produced in a 44-1 reactor containing 

400 g of Bio-Carriers® with a total surface area of 188 cm?. As shown in Table 4, a fourfold 

increase in cell yield was achieved over that obtained in unperfused roller bottle production. 

A number of different nontransformed human fibroblast cells, as well as transformed 

and genetically engineered animal cells and their secreted products, have been produced 

efficiently in these perfused microcarrier reactors. Growth vessels of up to 100 | have been 

developed, equipped with lung permeator oxygen delivery and computer control. 

D. PRODUCTS FROM NONPROLIFERATING CELLS 
Many biologically important molecules are produced by nonproliferating cells. This has 

been observed with a variety of cells, particularly those types of molecules that are not 

involved in regulating growth (e.g., autocrines). In practice, a population of cells is grown 

in a serum-supplemented nutrient medium, the medium removed, and a serum-free medium 

added for the production phase of the process. This conditioned medium is free of contam- 

inating serum proteins and consequently simplifies the purification processes that must 

follow. The production of biomolecules by nonproliferating cells and the maintenance of 

such productive cells in a biochemically healthy and active state have been the focus of 

research efforts in our laboratory in recent years. Since the cell growth phase is partitioned 

from the maintenance and expression phase of the process, the medium component require- 

ment for the latter is often quite simplified. A computer-controlled perfusion maintenance 

reactor system has been developed which can maintain both anchorage-dependent and an- 

chorage-independent cells at high densities for extended periods of time." 

Cells are maintained in a semirigid matrix, within a reactor vessel chamber (Figure 6). 

Fresh medium is supplied through relatively low-porosity tubes dispersed throughout the 

reactor chamber, and expended medium is withdrawn through relatively high-porosity tubes 

which are positioned to minimize the flow path and maximize the medium perfusion. A 

silicone rubber tube lung permeator is provided to supply oxygen. Anchorage-dependent 

cells are grown on microcarriers to high density and inoculated as such into the reactor. 

This provides a ready matrix for the cell packing. Suspension-grown cells are mixed with 
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FIGURE 5. Photomicrographs of human diploid foreskin fibroblasts on Bio-Carriers®. (A) 1 d 

after inoculation of the 4-1 reactor. (Magnification x 240.) (B) After 15 d growth. (Magnification 

x 80.) (C) Higher magnification of aggregate. (Magnification x 160.) (D) After short trypsin 

treatment. (Magnification x 80.) (From Tolbert, W. R. and Feder, J., in Annual Reports on 

Fermentation Processes, Vol. 7, Tsao, G. T., Ed., Academic Press, Orlando, FL, 1983, 35. With 

permission. ) 
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TABLE 4 

Production of Human Foreskin Fibroblast Cells in Perfusion Microcarrier 

Reactors 

Surface area ___Cell'density Yield 

(m7?) Cells/ml Cells/cm? Total cells (cells/] medium)* 

Roller bottle 0.069 SOR <0? 4.3 x 104 *3.0 x 107 3.0 x 108 

4-1 reactor 26" 10.0 x 107 1.8 x 10° 4.0 x 10'° 1.4 x 10° 

44-] reactor 188.0° 8.0 x 10° 1.8 x 10° S45 108 lesa 107 

2 DMEM, 10% fetal bovine serum. 

>  Bio-Carriers®. 

PZ 
a 
UZ 

FIGURE 6. Diagram of cross section of static maintenance reactor 

(SMR) used to maintain cells in nonproliferating state approaching 

1/10 tissue density for harvesting of secreted products. (From Feder, 

J. and Tolbert, W. R., Eds., Large-Scale Mammalian Cell Culture, 

Academic Press, Orlando, FL, 1985. With permission.) 

microcarriers or other material to provide a perfusion matrix. Cell densities of up to 10® 

cells/ml have been achieved in such a reactor. A 16.5-1 perfused maintenance reactor has 

been developed with a total capacity in excess of 10’ cells. At these high cell densities, 

depletion of medium nutrients and accumulation of metabolic products occur rapidly. Never- 

theless, successful maintenance of growth-arrested cells in a homeostatic environment has 
been achieved for extended periods of time. 
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Among the various cells studied were anchorage-independent hybridomas and anchorage- 

dependent fibroblasts producing monoclonal antibodies and tPA, respectively. 

Although impressive results have been obtained in early studies using serum-free or 

low-serum media, little is known about the maintenance requirements of cells in vitro. 

Generally, metabolic rates are significantly lower for growth-arrested cells than for growing 

cells. However, little is known about whether there are specific maintenance factors that 

are required for continued cell viability and expression that are distinct from growth factors. 

This is an important area for research that can impact on the utility of such an approach for 

the production of important molecules. 

IV. CONCLUSION AND SUMMARY 

To summarize, the introduction of perfusion provides significant advantages for the 

large-scale culture of both anchorage-dependent and suspension-grown cells. High cell den- 

sities with good viability are achieved, cell yields per unit volume of medium are maximized, 

and generally lower concentrations of medium components (including serum) are required 

under steady-state conditions. The increase in cell density, particularly when coupled with 

continuous cytostat operation, and the reduction in serum provide a concentrated crude 

product stream having a significantly greater specific activity. This can simplify the down- 

stream purification process and, thus, have an impact on the overall production efficiency 

and yield. 
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Chapter 9 

USE OF FUNGAL ELICITORS TO INCREASE THE YIELD OF 
SECONDARY PRODUCTS IN PLANT CELL CULTURES 

Peter E. Brodelius 
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I. INTRODUCTION 

Higher plants are rich sources of natural products. In fact, over 80% of the ca. 30,000 

known natural products are of plant origin. Many substances are isolated from plant tissue 

on a commercial basis (e.g., pharmaceuticals, flavors, and dyes). The gradual incursion into 

the natural environment by modern civilization has made the discovery and exploitation of 

new substances of such economically important commodities increasingly more difficult. 

The supply of certain raw plant material is today (or in the near future may be) limited. It 

has become increasingly important to find alternative resources. 

The biotechnological application of plant cell cultures for the production of natural 

products during the last decade has received increasing attention. Plant cells may be grown 

in submerged cultures analogous to microbial cells. However, plant and microbial cells differ 

in many respects. A comparison of the two cell types is made in Table 1. Major differences 

are the size of the cells and the fermentation time. Furthermore, plant cell suspension cultures 

are normally heterogeneous and contain cell aggregates of various sizes, as illustrated in 

Figure 1. It is in principle possible to produce any compound found in a plant by cultivating 

cells originating from this species. This can be done in a fermentor, with the following 

major advantages: 

1. Production under controlled conditions 

2. Possible continuous production 

3. Constant supply (no seasonal variation) 

However, the progress of utilizing plant cell cultures for the production of phytochemicals 

has been relatively slow. Some of the reasons for this slow development are 

Low productivity of the target substance 

Slow growth of plant cells 
Instability of plant cells in culture 

Difficulties in large-scale cultivation WN 

Despite these problems some processes based on plant cell cultures are today in operation 

on a commercial or near-commercial scale. Some examples are listed in Table 2. However, 

before plant cell cultures may be generally employed for the production of phytochemicals, 

a better understanding of cell metabolism and metabolic regulation is required. 

Il. PLANT CELL CULTURE TECHNIQUES 

Various applications of plant tissue cultures are shown schematically in Figure 2. Plant 

cells in culture have been demonstrated to express “‘totipotency’’, which means that any 

living nucleated parenchyma cell is capable of complete genetic expression, independent of 

its origin. Entire plants may, therefore, be regenerated from cultured plant cells. Root and/ 

or shoot formation is induced by altering the growth medium, in particular the hormone 
concentrations. 

The standard procedure to establish a plant cell suspension culture is as follows. A piece 

of plant tissue (explant) is surface sterilized and placed on a medium solidified with agar. 

After the explant has been exposed to the medium for some time, a callus, which consists 

of meristematic cells, starts to form if the medium composition is right. Newly formed callus 

tissue is transferred to fresh medium, and this procedure is repeated until a relatively uniform 

tissue is obtained. In the next step, a friable callus tissue is transferred to a liquid medium, 

and the suspended callus pieces are incubated on a gyratory shaker. When required, the 

suspension is transferred to fresh medium to sustain growth. 
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TABLE 1 

A Comparison of Some Characteristics of Plant and 

Microbial Cells 

Microbial cell Plant cell 

Size Lin >10° pm? 

Shearing Insensitive Relatively sensitive 

Water content ~75% ~90% 

Doubling time <lh >20h 

Fermentation time Days Weeks 

Oxygen consumption 1—2 vvm 0.2—0.4 vvm 

Product Extracellular Intracellular 

Media cost ~$6/m? ~$50/m? 

Mutation Possible Requires haploid cells 

Note: Dollar figures are 1984 U.S. dollars; vvm = volume/volume/ 

min. 

FIGURE 1. Suspension cultured cells of Daucus carota (carrot). 

TABLE 2 

Large-Scale Production of Phytochemicals with Plant Cell Suspension 

Cultures 

Fermentor 

Substance Plant species Company size (1) 

Shikonin Lithospermum erythrorhizon Mitsui Petrochemical Ind. 750 

Berberine Coptis japonica Mitsui Petrochemical Ind. 2 X 3,000 

Yellow pigment Rubia akane Mitsui Petrochemical Ind. i 

Ginseng Panax ginseng Nitto Electric Ind. 20,000 

Rosmarinic acid Coleus blumei A. Nattermann & Cie 450 



112 Frontiers in Bioprocessing 

SELECTION OF 

VARIETIES 

(WICROPROPAGATION [CRYOPRESERVATION] 

SOMATIC 

HY BRIDIZ ATION 

CENETIC 

TRANSFORMATION 

PATHOCENFREE 

PLANTS 

ARTIFICIAL 

SHEDS 

Nig be: Vil laa! le eos 
CU Waren 

PRODUCTION OF 

PHYTOCHEMICALS 

DE NOVO SYNTHESIS BIOCONVERSIONS 
SYNTHESIS FROM 

PRECURSORS 

FIGURE 2. Schematic diagram of some selected applications of plant tissue cultures. 

The composition of a plant cell medium is generally somewhat more complex than a 

medium used for the cultivation of microbial cells. The ingredients of such a medium may 

be grouped into three classes, i.e., macro-, micro-, and organic nutrients. The macronutrients 

include nitrogen (in the form of ammonium and/or nitrate), phosphate, sulfate, calcium, 

and magnesium. The micronutrients include various trace elements (e.g., iron, copper, zinc, 

manganese, and cobalt). The organic nutrients include vitamins and growth regulators (phy- 

tohormones) in addition to a carbon source (most commonly sucrose). The major classes of 

phytohormones are the auxins (e.g., indole-3-acetic acid, naphthalene acetic acid, and [2,4- 

dichlorophenoxy]acetic acid) and the cytokinins (e.g., zeatin, kinetin, and benzyladenine), 

which are often used in combination with one another. 

Figure 3 demonstrates various alternative routes from plant to product. The first steps 

preferably involve the establishment of a high-producing cell culture. Subsequently, biomass 

is generated by cultivating the cells on a large scale in a medium optimized for growth. 

When the product formation is linked to growth (growth-associated products), the biomass 

is extracted and the product isolated. For non-growth-associated products, a different ap- 

proach may be employed with certain advantages. The biomass is transferred to a second 

cultivation stage where the conditions are optimized for product formation. This step may 

be carried out either in free suspension or in the immobilized state. Two different process 

designs are possible for immobilized cells, depending on whether the product is extra- or 

intracellular. In the former case a continuous process may be used and in the latter a 

semicontinuous process with intermittent release of product. For certain bioconversions of 

plant products, it may be appropriate to use more or less purified enzyme preparations. 

These can be extracted from plant tissue or plant cell cultures as well as from other sources 

(e.g., microbial cells). 

II. BIOSYNTHETIC CAPACITY OF CULTIVATED PLANT 
CELLS 

The number of natural products isolated from plant cell cultures is large and steadily 
increasing. From the concept of totipotency it should be possible to produce any compound 
present in the intact plant in the corresponding culture. Most substances are only produced 
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FIGURE 3. Flow-sheet diagram of various alternative routes to produce phytochemicals with plant cell culture 

systems. 

TABLE 3 

Some Selected Natural Products Formed in Plant Suspension Cultures with a Yield 

Close to or Higher than the Parent Plant 

% of DW* 
ee ee (Culture 

Plant species Compound Culture Plant? (g/l) Ref. 

Morinda citrifolia Anthraquinone 18 2.2 2S 17 

Vitis sp. Anthocyanins 16 N.s. 0.83 18 

Coleus blumei Rosmarinic acid 15 3.0 3.6 19 

Lithospermum erythrorhizon Shikonin 12 1c5 1.4 20 

Coptis japonica Benzylisoquinoline alkaloids 11 5—10 iti 21 

Berberine 10 2—4 1.2 22 

Galium mollugo Shikimic acid 10 N.S. eZ 23 

Nicotiana tabacum Cinnamoy] putrescine 10 N.S. 1.0 24 

Berberis stolonifera Jatrorrhizine 7 N.s. Mas 25 

Panax ginseng Saponins Ded 0.5 ns. 26 

Peganum harmala Harmane 2 n.s. 0.12 27 

Eschscholtzia californica Benzophenanthridines 17 N.S. O15 28 

Catharanthus roseus Ajmalicine 1.0 0.3 0.26 29 

Serpentine 0.8 0.5 0.16 29 

Nicotiana tabacum Ubiquinone-10 0.5 0.003 N.S. 30 

Tripterygium wilfordii Tripdiolide 0.05 0.001 0.00 31 

* Dry weight. 

> n.s. = not stated. 

in minute quantities, if at all, in cultures. However, an increasing number of cell lines 

producing higher amounts of the target substance than the parent plant have been established 

through clonal selection during recent years. Some examples of high-producing cell lines 

are given in Table 3. Furthermore, a number of plant cell cultures producing compounds 
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FIGURE 4. Schematic representation of the principal steps involved in phytoalexin 

biosynthesis in plants after elicitation. 

not found in the parent plant have been described. Consequently, cultivated plant cells may 

be used as a source of new natural products. The yield of the target substance may be 

improved by feeding appropriate precursors to the culture (see Figure 2). Finally, plant cell 

cultures may be employed for bioconversions of various types (e.g., hydroxylation or gly- 

cosylation; see Figure 2). 

IV. INDUCED PRODUCT FORMATION IN PLANT CELL 
CULTURES 

Methods to increase the productivity of plant cell cultures are most valuable for the 

further development of plant cell biotechnology. Cell metabolism may be influenced by 

external factors. Product formation can be induced by certain cultivation conditions; examples 

are nutritional, light, or hormonal stress. Under such stress conditions, certain enzyme 

systems are induced, leading to the biosynthesis of secondary products. In practice, this can 

be achieved in a two-stage process (see Figure 3). In the first stage the cultivation conditions 

are optimized for growth, and in the second stage product formation is induced. 

A. ELICITOR-INDUCED PRODUCT FORMATION 

During recent years microbial elicitors, which induce specific enzyme synthesis in whole 

plants, have been widely investigated. The principal events of microbial elicitation in plants 

are depicted in Figure 4. Upon infection of a plant by a pathogenic microorganism (e.g., a 
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fungus), a plant enzyme starts to digest the microbial cell wall, releasing various components 

(elicitors). Next, the elicitor binds to a receptor on the plant cell and, through a mechanism 

yet to be fully evaluated, the transcription of certain genes coding for enzymes involved in 

the biosynthesis of phytoalexins is induced. Phytoalexins are defined as secondary products 

with antimicrobial activity which are present in the plant after infection. 

It is generally believed that elicitors can also induce enzymes of secondary metabolism 

in plant cell cultures. /n vivo protein-labeling experiments involving *°S-methionine have, 

in fact, shown de novo synthesis or increased synthesis of several proteins within elicitor- 

treated cells.’ Figure 5 shows a two-dimensional electrophoresis of extracts of noninduced 

and elicitor-induced suspension cells after *°S-labeling. Table 4 lists some compounds which 

have been used as elicitors to induce product formation in plant cell cultures. From Table 

4 it is clear that various compounds can act as elicitors. These are classified as biotic (natural) 
or abiotic elicitors. 

In one study, a biotic elicitor (oligosaccharin) was characterized extensively.” It was 

demonstrated that the smallest active glucan from Phytophthora megasperma which induced 

phytoalexin production in soybean plants was a heptaglucoside. The structure of this elicitor 

is shown in Figure 6. Any change in the structure resulted in loss of elicitor activity, indicating 

a very specific interaction between plant and pathogen. 

In most studies on the effects of elicitors on the biosynthetic capacity of plant cell 

cultures, the elicitor has been obtained from a pathogenic microorganism (most often a 

fungus). In practice, this may be achieved by autoclaving a culture of the pathogen and 

using the supernatant obtained after centrifugation as an elicitor preparation. The elicitor 

(glucan) preparation may also be partially purified before it is used. 

Some examples of the induction of secondary metabolites in plant cell suspension cultures 

with microbial elicitors are listed in Table 5. In certain cases, the treatment with elicitor 

results in an increased synthesis of a product also present in nontreated culture. In these 

cases, the product should not be classified as a phytoalexin, even though it shows antimi- 

crobial activity. Furthermore, it is clear from Table 5 that elicitors may also be prepared 

from nonpathogenic microorganisms (e.g., yeast). A wide variety of compounds are inducible 

in plant cell cultures by elicitation; some of their structures are shown in Figure 7. Several 

of the examples listed in Table 5 will be discussed in some detail. 

1. Induction of Glyceollin Production in Cultures of Glycine max (Soybean) 

In most of our studies we have used a glucan preparation isolated from yeast as the 

elicitor. This elicitor preparation was first tested on soybean cultures.’ It is well known that 

the phytoalexin glyceollin is induced in whole plants and cell cultures after treatment with 

elicitors isolated from the natural pathogen P. megasperma var. glycinea.* This phytoalexin 

is synthesized via the phenylpropionic pathway, and a key enzyme between primary and 

secondary metabolisms is phenylalanine ammonia lyase (PAL). An increased PAL activity 

with a subsequent occurrence of glyceollin is observed after treatment of a soybean culture 

with the yeast elicitor. The response is highly dependent on the amount of elicitor added to 

the culture, as illustrated in Figure 8. No product whatsoever can be found in nontreated 

cells, as expected for a phytoalexin. A transient induction of PAL is observed, as illustrated 

in Figure 9, and the product is released into the cultivation medium. 

From a biotechnological point of view, a repeated elicitation would be of great impor- 

tance, since the same biomass could be employed more than once for production of an 

inducible product. If this product is released into the medium, as in the case of glyceollin, 

it would be beneficial to use immobilized cells. However, attempts to induce glyceollin 

biosynthesis in alginate-entrapped soybean cells have not been successful.° Alginate itself 

can induce PAL, but no glyceollin is formed. Furthermore, the action of the elicitor is 

inhibited by alginate, as summarized in Table 6. However, the number of methods available 
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FIGURE 5. Two-dimensional electrophoresis of *°S-labeled proteins extracted from nontreated (A) and elicitor- 
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and the second, SDS-PAGE (separation according to size). The arrows indicate proteins present in both extracts at 

approximately the same levels. (From Giigler, K., Funk, C., and Brodelius, P., Eur. J. Biochem., 170, 661, 1988. 

With permission.) 
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TABLE 4 

Some Examples of Elicitors 

Used to Induce Secondary 

Metabolism in Plant Cell 

Cultures 

Biotic elicitors Abiotic elicitors 

Chitosan Heavy-metal ions 

Glucans Organic solvents 

Glycoproteins Detergents 

Conidia Pesticides 

Enzymes 

FIGURE 6. Structure of the smallest active glucan 

(isolated from Phytophthora megasperma) inducing 

phytoalexin formation in soybean plants. 

for the immobilization of plant cells is large,’ and it is likely that some of these can be 

employed in combination with elicitation. 

Apparently, the yeast elicitor and alginate induce different pathways involving PAL in 

soybean cells. In this respect, it may be mentioned that different products are induced in 

parsley cultures by different treatments. After treatment with a fungal elicitor preparation, 

the culture produces furanocoumarins, while after exposure to UV light, flavonoids are 

formed.®° The initial three enzymes are the same for the two biosynthetic pathways. 

2. Induction of Berberine Production in Cultures of Thalictrum rugosum 

The yeast elicitor can also be used to induce an increased synthesis of the benzyliso- 

quinoline alkaloid berberine in suspension cultures of Thalictrum rugosum (Table 5).* The 

cells produce berberine during growth, but when the carbon source is consumed, both growth 

and alkaloid synthesis cease. However, if the cells at this stage are treated with the elicitor, 

more berberine is synthesized. The response of the culture is dependent on elicitor concen- 

tration during treatment, as illustrated in Figure 10. At relatively high concentrations, a 

lower production of berberine is observed due to cell death. Consequently, it is important 

to determine the lowest elicitor concentration resulting in maximum yield. 
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TABLE 5 

Some Examples of Secondary Products That Have Been Induced in Plant Cell 

Cultures by Treatment with Microbial Elicitors 

Concentration” Incubation 

Plant species Microbial species* Product induced Before After time (h) _—‘Ref. 

Bidens pilosa Pythium aphanider- _ Phenylheptatriene 0 437) (@) 48 32 

matum 

Canavalia ensiformis Pithomyces chartarm Medicarpin 0 0.43 (a) 36 33 

Cephalotaxus bar- Verticillium dahliae __Harringtonine alka- 0.01 0.51 (b) 120 13 

ringtinia loids 

Cicer arietinum Saccharomyces cere- Medicarpin 0.3 18 (a) 24 34 

visiae 

Cinchona ledgeriana Aspergillus niger Anthraquinones 3 15 (b) 600 15S 

Daucus carota Chaetomium glo- 6-Methoxymellein 0 1 (c) 48 35 

bosum 

Dioscorea deltoides Rhizopus arrhizus Diosgenin 25 72 (b) 72 16 

Glycine max Phytophthora mega- _ Glyceollin 0 0.05 (b) 100 5 

sperma 

S. cerevisiae Glyceollin 0 0.2 (b) 10 3 

Gossypium arboreum V. dahliae Sesquiterpene alde- trace 96 (b) 120 13 

hyde 

Papaver somniferum Botrytis sp. Sanguinarine trace 6.6 (b) 24 14 

Fusarium monili- Morphine 0.07 1.40 (b) Messy 13 

forme 

Codeine 0.08 1.44 (b) n.s 13 

Petroselium hortense_ Alternaris carthami _ Bergapten 0 1.6 (c) 48 36 

Phaeolus vulgaris Colletotrichum linde-  Phaseollin 0 170 (a) 48 Si 

muthianum 

Ruta graveolens Rhodotorula rubra Rutacridonepoxides 0 0.23 (b) 72 38 

Thalictrum rugosum _ S. cerevisiae Berberine 20 50 (b) 96 3) 

a Source of elicitor. 

> (a) wg/g fresh weight; (b) mg/g dry weight; (c) pg/ml culture. 

© n.s. = not stated. 

The response of the culture to elicitor treatment is also dependent on the age of the 

cells. When the elicitor is added to a rapidly growing suspension culture (early exponential 

phase = day 2 to 4 of a batch culture) of T. rugosum, alkaloid synthesis appears to be 

unaffected, as shown in Figure 11. However, if the elicitor is added to the culture during 

late exponential or stationary phase (day 6 and thereafter), a pronounced increase in berberine 

synthesis is obtained. 

For production purposes, it is of great importance to establish the earliest possible addition 

of elicitor resulting in maximum product yield. In the case of berberine production by a 

batch culture of T. rugosum, this result is achieved by exposing the cells to elicitor on day 

6 (see Figure 11). Under these conditions the fermentation time is not prolonged, as shown 

in Figure 12. The induced cells can be harvested 5 d after addition of elicitor. Furthermore, 

cell growth is somewhat restricted by the elicitor treatment (Figure 12). 

All of the enzymes involved in the biosynthesis of berberine from the precursor nor- 

laudanosoline have been isolated and partly characterized.'° Norlaudanosoline is a common 

precursor of isoquinoline alkaloids of various types (e.g., morphine, sanguinarine, and 

papaverine). This common precursor is synthesized from two molecules of tyrosine,!° and 

the immediate precursors to norlaudanosoline are dopamine and 3,4-dihydroxyphenylacet- 

aldehyde. However, the intermediates have not been fully characterized. It is likely that 

elicitor treatment of isoquinoline-alkaloid-producing cell cultures will result in the induction 
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FIGURE 7. Structures of some compounds produced in plant cell cultures after elicitation — (1) 

glyceollin I; (2) berberine; (3) morphine; (4) sanguinarine; (5) anthraquinone; (6) diosgenin. 

of one or more enzymes involved in norlaudanosoline biosynthesis. Consequently, elicitation 

may be utilized to determine the enzymatic steps involved in norlaudanosoline biosynthesis. 

Treatment of isoquinoline-alkaloid-synthesizing plant cell cultures (e.g., T. rugosum 

and Eschscholtzia californica) with yeast elicitor results in the induction of tyrosine decar- 

boxylase (TDC).'"’ A good correlation between induced TDC activity and enhanced ber- 

berine biosynthesis has been established for Thalictrum cell cultures.' The responses of the 

two cell cultures differ somewhat, as illustrated in Figure 13. Cells of E. californica appear 

to require considerably less elicitor for maximum TDC activity (Figure 13A). Furthermore, 

this culture responds to elicitor treatment more rapidly (Figure 13B). These observations 

indicate that TDC may play an important role in norlaudanosoline biosynthesis. 

TDC has been purified from the two cell cultures and partially characterized.'':!* The 

enzyme has a molecular weight of 112,000 Da and contains two identical subunits. In 

addition to tyrosine, it decarboxylates DOPA. The K,, values are 0.25 and 0.27 mM for 

tyrosine and DOPA, respectively, at optimum pH (pH = 8.4). Phenylalanine and tryptophan 

are not substrates of the enzyme. The coenzyme pyridoxal-5-phosphate is important for 

enzyme activity. 
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FIGURE 8. PAL activity and glyceollin isomers formation 

in cell suspension cultures of Glycine max after addition of 
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3. Induction of Isoquinoline Alkaloid Production in Cultures of Papaver somniferum 

Morphine, an important pharmaceutical compound, is obtained from Papaver somni- 

ferum plants (poppy). Cell cultures of this plant only produce trace amounts of morphinan 

alkaloids. However, attempts to increase the productivity of suspension-cultured cells by 

elicitation have been successful. 

The yields of codeine and morphine in suspension cultures of P. somniferum could be 

increased 8- to 9-fold and 15- to 18-fold, respectively, by treating the cells with elicitor 

preparations, as summarized in Table 7.'° Two different elicitor preparations were used, 

i.e., autoclaved Verticillium dahliae conidia or autoclaved Fusarium moniliforme var. sub- 

glutinans. The yields of codeine and morphine were essentially the same for both elicitor 

preparations. 

In another study, the isoquinoline alkaloid sanguinarine could be induced by fungal 

elicitors in cell suspension cultures of P. somniferum.'* Homogenized and autoclaved mycelia 
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FIGURE 9. PAL activity in a cell suspension culture of Glycine 

max after repeated treatment with yeast elicitor. The arrows indicate 

the addition of 20 pg elicitor per mg dry weight. (From Funk, C., 

Guegler, K., and Brodelius, P., Phytochemistry, 26, 401, 1987. 

With permission. ) 

TABLE 6 

Phenylalanine Ammonia Lyase Activity and Glyceollin 

Production in Suspension Cells of Glycine max after 

Various Additions® 

PAL activity Glyceollin content 

Addition*® (mU/mg protein) (pg/g dry weight) 

None 0.25 0 

Elicitor 1:25 170 

Alginate 55) 0 

Elicitor + alginate 1.20 0 

* Amounts added: 20 yg elicitor/mg dry weight and 0.5% (w/v) 

alginate. 

from different microorganisms were tested as elicitors, as summarized in Table 8. It is 

interesting to note that mycelia from Phytium could not elicit in the plant cells, while mycelia 

from the other two fungi induced a considerable increase in sanguinarine production (up to 

29-fold). 
Sanguinarine is normally stored within the cells, but after elicitation a part of the alkaloid 

produced is found in the medium. The fraction found in the medium (up to 63% of total 

alkaloid) is highly dependent on which elicitor is being used and on the amount of alkaloid 

produced.'* The alkaloid is most likely actively transported out into the medium, since no 

cell damage could be established. 

The morphinan alkaloids and sanguinarine are synthesized via norlaudanosoline in cells 

of P. somniferum. It would be of great interest to determine if TDC is induced by the various 

elicitors (see Tables 7 and 8). A correlation between induced TDC activity and alkaloid 
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californica (Q). (A) Enzyme activity as a function of elicitor concentration; (B) enzyme activity as a function of 

incubation time. 

productivity would support the assumption that TDC is involved in the regulation of iso- 

quinoline alkaloid biosynthesis. 

4. Induction of Anthraquinone Production in Suspension Cultures of Cinchona 

ledgeriana 

Cell suspension cultures of Cinchona ledgeriana produce low amounts of anthraquinones 

(3 to 4 mg/g dry weight of cells). After treatment of the cells with autoclaved mycelia from 

Phytophthora cinnamoni, anthraquinone production is increased (7 to 8 mg/g dry weight of 

cells), as illustrated in Figure 14.'° Cell growth is not affected to any great extent. 

Anthraquinones are not recognized as phytoalexins, but the anthraquinones produced 
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TABLE 7 
Yields of Morphinan Alkaloids in Suspension Cultures of 

P. somniferum 

Yield (mg/l) Yield (mg/g DW*) 

Addition Morphine Codeine Morphine Codeine 

None 0.25 0.46 7 0.07 0.08 

Verticillium dahliae 4.64 4.10 125) Lai 

Fusarium monili- 3.91 4.04 1.40 1.44 

forme 

«Dry weight. 

From Heinstein, P. F., J. Nat. Prod., 48, 1, 1985. With permission. 

TABLE 8 

Yields of Sanguinarine in Suspension Cultures of P. 

somniferum? 

Addition Yield (mg/l) Yield (mg/g DW?) 

None 0.6 0.10 

Pythium aphanidermatum 0.6 0.08 

Rhodotorula rubra ell 0.65 

Botrytis sp. Wee 2.64 

«Adapted from Eilert et al." 

> Dry weight. 

by the suspension cells show antibiotic activity toward a number of microorganisms. How- 

ever, the growth of P. cinnamoni, from which the elicitor had been isolated, is not affected 

by the anthraquinones. 

5. Induction of Sesquiterpene Aldehyde Production in Suspension Cultures of 

Gossypium arboreum 

Cell cultures of Gossypium arboreum produce essentially no sesquiterpene aldehydes 

under normal incubation conditions. However, both autoclaved and viable V. dahliae conidia 

are effective in inducing the synthesis of such aldehydes, as illustrated in Figure 15B.'° Cell 

growth is somewhat inhibited after elicitor treatment (Figure 15A), indicating a shift from 

primary to secondary metabolism. 

6. Induction of Diosgenin Production in Cell Suspension Cultures of Dioscorea 

deltoidea 

Diosgenin is a very important starting substance for the synthesis of various steroidal 

drugs. Attempts to produce the compound in cell cultures have been partially successful. 

However, for a commercial process the yield must be improved. This may be achieved by 

the addition of fungal elicitors to cell suspension cultures of Dioscorea deltoidea in stationary 

growth phase. '® Various autoclaved mycelia have been used, and the responses of the cultures 

are summarized in Table 9. From Table 9 it is clear that plant cell growth is generally 

inhibited by addition of mycelia to the culture. Furthermore, some of the fungal preparations 

do not induce diosgenin synthesis, and the yield is lower than for nontreated cells. The 
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geriana cell suspension cultures. Open symbols, nontreated cells; solid 
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namoni. (From Wijnsma, R., Go, J. T. K., van Weerden, I. N., Harkes, 

P. A. A., Werpoorte, R., and Baerheim-Svendsen, A., Plant Cell Rep., 

4, 241, 1985. With permission. ) 

highest product formation (172% of control) was obtained with mycelia from Rhizopus 

arrhizus. On a dry weight basis, an almost threefold increase in diosgenin production is 

achieved within 72 h (see Table 5). 

V. CONCLUDING REMARKS 

Secondary metabolism of plant cells is highly regulated, but the mechanism of this 

metabolic regulation is not fully understood. Treatment of plant cell cultures with elicitors 

leading to deregulation of a secondary pathway offers a powerful tool to obtain more 

information on the regulation of secondary metabolism in plants. Various elicitation studies 

have shown that metabolic regulation is maintained on a transcriptional level. 

As exemplified above, the yield of secondary products in plant cell suspension cultures 

may be increased considerably by the addition of fungal elicitors. Optimization of product 

yield is highly empirical. Parameters of importance are the age of the cells, elicitor con- 

centration, and incubation time after elicitation. Plant cells appear to be most susceptible to 

elicitor treatment in late exponential or early stationary growth phase. Furthermore, the 

origin of the elicitor appears to be very important. Pathogenic fungi seem to be the best 

sources for biotic elicitors. However, in our own studies we have used a carbohydrate 

preparation from a nonpathogenic fungus (i.e., yeast) as the elicitor. An advantage of using 



126 Frontiers in Bioprocessing 

8 

> 7 

56 
eG 

> 4 
oS 

3 

Sat 6 

EP Ro 

a 

o S 
se 
oD 2 

Zo 
0 

Oe a be al Huerta a 

incubation. time 

(days) 
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(From Heinstein, P. F., J. Nat. Prod., 48, 1, 1985. With 

permission.) 

this type of elicitor is the fact that yeast can be found on the GRAS (generally regarded as 

safe) list. Under optimum conditions, an increased product yield may be obtained without 

increasing the fermentation time. 

Further studies on the use of elicitors to enhance the productivity of plant cell cultures 

are of great importance. The broader biotechnological utilization of plant cell cultures for 

the production of phytochemicals may be dependent on marginal increases in productivity. 

Elicitation is one approach to the achievement of the productivity increase required. 
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TABLE 9 
Dry Weight and Levels of Diosgenin in Cell 

Suspension Cultures of Dioscorea deltoidea after 

Addition of Various Autoclaved Fungal Mycelia 

Dry weight Desc 

Fungal species (g/l) (mg/l) (%) 

Control 5.4 134 100 

Sclerotium rolfsii 4.4 82 61 

Fusarium oxysporum 3.0 85 63 

Macrophomina phaseolina 4.7 118 88 

Rhizoctonia solani 5.4 131 98 

Aspergillus niger 353 147 110 

Giberella fujikuroi 3.4 151 113 

Fusarium oxysporum melonis 3.6 155 116 

Selerotinia selerotiorum Dl 177 132 

Rhizopus arrhizus 392 230 172 

From Rokem, J. S., Schwarzberg, J., and Goldberg, I., Plant Cell 

Rep., 3, 159, 1984. With permission. i 
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INSTABILITY IN RECOMBINANT BACTERIAL CULTURES 
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I. INTRODUCTION 

Structural and segregational instabilities have been identified which can result in the 

dramatic loss of a recombinant strain from continuous cultures.':* In addition, the recombinant 

strain can be eliminated from continuous cultures due to a growth rate differential between 

the recombinant (plasmid-bearing) strain and the plasmid-free host. Several experimental 

studies have established that as plasmid copy number and foreign protein overexpression 

increase, the growth rate of the recombinant cell decreases.*” It is generally recognized that 

the replication of high copy number plasmids and the overproduction of plasmid-encoded 

proteins represent an additional metabolic burden on the normal chromosome-directed me- 

tabolism of the bacterial cell, thereby reducing the cell’s growth rate. 

Segregational instability is described as the generation of a small fraction of plasmid- 

free cells upon cell division of the recombinant strain due to unequal plasmid partitioning 

between the daughter cells. Coupling these two effects (plasmid segregation and growth rate 

differential) results in the loss of plasmid-containing cells and their replacement by plasmid- 

free cells in continuous fermentations. 

In the present work, we have extended the simple structured kinetic model, capable of 

predicting the growth rate of the bacterial cell mass as a dynamic function of the additional 

metabolic burdens,* to include the kinetics of segregational instability. We associate seg- 

regational and structural instabilities with plasmid instability, since they refer to actions 

directly involving the plasmid. Incorporating the growth rate differential in our mathematical 

characterization necessitates the use of the term ‘‘culture instability’’ when referring to the 

presence or absence of the desired recombinant strain in continuous or extended batch 

cultures. We demonstrate the model by predicting experimentally observed culture instability 

phenomena. 

Il. MODEL OVERVIEW 

The structured kinetic model which directly calculates the instantaneous specific growth 

rate has previously been discussed in detail® and is briefly reviewed here. A key feature of 

the modeling framework is the uncommon representation of the state of a microorganism 

in terms of the fractional mass levels of its intracellular constituents. 

Our lumped metabolic model of recombinant cells includes eight major intracellular 

constituent pools. These pools provide our model with sufficient metabolic detail without 

becoming numerically burdensome. Included are the following: protein, P; foreign protein, 

P,; chromosomal DNA, G; plasmid DNA, G,; ribosomes, R; lipids, L; nucleotides, N; and 

amino acids, A. The level of each of the internal constituent pools is expressed in our model 

equations as mass fraction or gram constituent per gram dry cell mass. Table 1 lists the 

specific net synthesis rates for each constituent pool, whereas Table 2 contains differential 

mass balance equations which stoichiometrically link appropriate pools and consequently 

describe the overall dynamic response of each. The biochemical bases for the synthesis rate 

expressions and the differential mass balances are elucidated in the previous work. 

The summation of all eight equations in Table 2 yields 

where C; denotes each constituent pool: A, N, P, P;, G, G,, L, and R; r,; Corresponds to the 

synthesis and depletion terms shown in Table 2. This mass balance equation, which is 

subsequently used for calculating the instantaneous specific growth rate, was first derived 

in general form by Fredrickson.’ Since the entire cell mass is divided into lumped constituent 
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TABLE 1 
Synthesis Rate Expressions for Constituent Pools 
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Note: Constituent synthesis is equal to the specific rate of synthesis, fy, where M = A, N, P, P,;, G, G,, L, R 

minus the rate of turnover. Turnover is included explicitly for both protein pools and the rRNA pool, and 

implicitly for the amino acid pool, since all amino acids and their precursors are included in the same pool. 

pools, the sum of all their fraction mass levels is unity at all times. Furthermore, the time 

derivative of this sum is zero at all times. By noting these results, it can be readily shown 

that 
8 8 

The instantaneous specific growth rate for a recombinant bacterial culture, as represented 

by the equations listed in Tables | and 2, is then 

Salles ee se) es esc <)eslecka aes 
v= (Fl. ; a], : al Seas tl 

(£1-(2)-e-(21-(21-) 
The concept of fractional mass units was employed for a corrected form of Williams’ 

two-compartment model’® by Bailey and Ollis.'' To our knowledge, this was the only attempt 

at using this powerful approach for the structured modeling of biological systems. 
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TABLE 2 

Dynamic Equations for Constituent Pools 
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Ill. PLASMID SEGREGATION 

One major contributing factor to culture instability in continuous systems is the growth 

rate differential between the competing populations. The existing model successfully cal- 

culates this dynamic growth rate differential in both batch and continuous cultures. 

A second contributing factor is the unequal partitioning of plasmids from mother to 

daughter cells. A comprehensive description of culture instability must include these plasmid 

segregation kinetics. The magnitude of this instability depends upon the plasmid copy number 

at the time of cell division and presence or absence of a partitioning function. Most plasmids 

control their own replication genetically, through negative control. Inhibitors include pro- 

teins, RNA, or series of direct repeats.'* When the inhibitor (e.g., RNA I in ColE1)'* reaches 

an appropriate concentration, replication terminates, leaving the cell with a defined copy 

number. 

If no mechanism exists for active segregation of plasmid molecules to the daughter cells 

during division, then the probability, 5, that either daughter cell will fail to inherit a plasmid 

is given by the binomial distribution 

5 = nH) (4), (4) 

where n is the copy number per cell at division. If the mechanism which controls plasmid 

replication is able to correct anomalies in plasmid copy number produced by this random 

segregation, then all cells will contain equivalent numbers of plasmids at the next division, 

irrespective of the precise number of plasmids that each daughter cell has inherited. Therefore, 
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the probability of producing a plasmid-free cell at the next division will remain unchanged, 

and plasmid-free cells will be produced at a constant frequency. '* 

Since the intracellular constituents are expressed in units of mass fraction in our model, 

the plasmid copy number is expressed as copies per chromosome equivalent, which provides 

the relative significance of plasmid activity to the cell. Furthermore, this quantity is readily 

determined experimentally. In order to incorporate plasmid segregation using the above 

probabilistic approach, plasmid content on a per cell basis must be evaluated. This can be 

accomplished using the Cooper-Helmstetter model, which provides an estimate for the 

number of genome equivalents per cell in steadily dividing cell cultures:' 

T 
G = QC + Dr sels QDit 

Ein 2 () 

This equation is based on the cell-number-derived growth rate, w = In 2/1, and the C and 

D periods (min) of the Escherichia coli growth cycle. 

By combining the Cooper-Helmstetter result with our modeling framework, the average 

cell size, m, is calculated as 

m = (6) E 
where MW, is the molecular weight of the genome, G is the genome content per cell mass, 

and N,, is Avogadro’s number. The plasmid copy number per average cell then becomes 

—  mG,N,, 
N= —— (7) 

where G, is the plasmid content as grams plasmid per gram dry cell mass and MW, is the 

plasmid molecular weight. 

In order to calculate the number of plasmids in a single cell that is about to divide, we 

make the approximation that the plasmid copy number increases linearly over the age of a 

single cell. In this way, the copy number at cell division, Ny.-1), is 

_, dN = 
NN ae a ae eae (8) 

dN 
where 4 is the average cell age and “as is the rate of plasmid replication as calculated in 

a 

dN dN, dt dt : 
the model after the transformation —* = —* — (where — = 1) is made. The average 

da dt da da 

age in a steadily growing culture can be found by integrating 

Pp! ll i aW(a)da (9) 

where W(a) is the cell age distribution as shown by Seo and Bailey’® as 

W(a) = € = Joe (10) 
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IV. REACTOR DYNAMICS 

The equations listed in Table 2 describe the kinetics of all intracellular constituents of 

the recombinant bacteria and consequently determine the instantaneous specific growth rate. 

This set of kinetic equations was incorporated into continuous-flow stirred tank reactor 

(CFSTR) material balances. CFSTR dynamics are described by adding the following equa- 

tions to those in Table 2: : 

dS 1 l 
—— a ~k- + D(S, — S 11 dt Y, ue Y, v (Sy ) (11) 

dx* = ptXe— ype x = = DX (12) 
dt 

dx~ 
aS = Tas) On ap ile = DxX> (13) 

The cell mass, X, is in units of grams dry weight per liter, and the yield coefficient Y, 

is in units of grams cell mass per gram substrate. The calculated growth rate, p, is of 

dimension h~'. The plasmid-bearing and plasmid-free populations are represented by a 

superscript plus and minus, respectively. In these equations, the dilution rate, D, and substrate 

feed concentration, S,, are in units h~' and grams per liter, respectively. Koizumi et al.'’ 

have shown that the segregation coefficient, y, can be calculated as a function of 5, the 

probability of producing a plasmid-free cell upon division: 

me (Ze) 
ai 

Y in 2 (14) 

In order to maintain simplicity, we assumed that the cell growth rates based on mass 

and cell number were identical (u = w). Alternatively, the mean cell size changes as slowly 

as the growth rate so that in continuous cultures, the process can be described as a series 

of steady-state increments. This is reasonable for the description of plasmid instability in 

slowly evolving chemostat cultures. 

V. RESULTS AND DISCUSSION 

A. STEADY-STATE DETERMINATION OF REPLICATION CONSTANTS 

Before predicting behavior in chemostat cultures, the plasmid-associated replication 

constants were determined. The model simulations of the variation in steady-state plasmid 

copy number as a function of growth rate are shown in Figure |. We have taken the data 

of Seo and Bailey'*® and Siegel and Ryu’? and have expressed their results as number of 

plasmids per genome equivalent. Like Seo and Bailey, we assumed that chromosomal content 

varied with growth rate according to the Cooper-Helmstetter model.'> The values of , and 

lasmi 
Kon which best represent the data are 1.8 x 1073 Sores and 10° B Gr 

g cell mass +h g cell mass 

g 
Seo and Bailey’s pDM247 (5.85 MD) and 1.07 x 1073 and 7.5 x 1o-* for Siegel 

and Ryu’s pPLce23irpAl (6.5 kb). Since these model parameters were found by fitting 

experimental data, simulations using these values are limited to the systems from which 

they were obtained. However, the functional form of the plasmid synthesis expression 
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FIGURE |. Plasmid dependence on growth rate. Experimental data included as open circles 

are from Siegel and Ryu’ and closed circles from Seo and Bailey;'® solid lines are model 

simulations with ps; = 1.07 X 10°? h~'/Kgin = 7.5 X 1074 g/g cell mass and p, = 1.8 

x 10-*h-'/Kgin = 1 X 10~° g/g cell mass, respectively. (From Bentley, W. and Kompala, 

D. S., Biotechnol. Bioeng., 33, 49, ©1989. With permission of John Wiley & Sons.) 

(Equation 6, Table 1) is general and can be modified to describe plasmid content in a wide 

variety of host/vector systems. Consequently, the effects of plasmid copy number on culture 

stability can also be determined for a variety of host/vector systems. 

B. MIXED POPULATIONS: STABILITY OF CHEMOSTAT CULTURES 

We have predicted the culture stability of chemostats containing mixed cultures of two 

competing populations: the plasmid-free host and the plasmid-bearing recombinant strain 

(Figures 2 and 3). In these simulations, we assumed that each population could be represented 

by an ‘‘average’’ cell. Simulations were performed by coupling two chemostat models, one 

simulating the plasmid-free host population (uw, = j; = 0) and the other simulating the 

plasmid-bearing recombinant population. The initial population mixture was 99% recom- 

binant cells and 1% plasmid-free cells. 

When describing the results of Siegel and Ryu’? (Figure 2), the plasmid replication 

constants were selected as described above, and the additional constants which describe 

foreign protein dynamics were selected so that the growth rate differential gave the appropriate 

response for a single dilution rate. Comprehensive foreign protein data were not given, 

precluding independent constant determination. The dilution rates were then varied while 

plasmid and foreign protein constants remained fixed. Model simulations show remarkably 

close agreement with the experimentally determined results. 

In both cases (Siegel and Ryu’? [Figure 2] and Bron and Luxen”® [Figure 3]), the plasmid 

copy number at cell division was sufficiently high to preclude plasmid segregation as a 

mechanism for the washout of the recombinant strain (y = 0). Hence, the population 

composition was strictly dependent upon the growth rate differential between the plasmid- 

free and recombinant strains. Also, in Figure 2 it is apparent that our simulations predict 

higher chemostat stability at higher dilution rates, which is in good quantitative agreement 
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FIGURE 2. Chemostat instability. Using the plasmid replication constants from Figure 1, we simulated a 

chemostat failure due to the dynamic growth rate differential between the plasmid-bearing and plasmid-free 

cells. The segregation extension to the model was used, but the plasmid copy number was sufficiently high to 

preclude influence from segregation (y = 0). With the replication and translation constants fixed, the dilution 

rate was varied as in the experimental results of Siegel and Ryu.’ (Dilution rates: ® = 1.08 h~'; 0 = 0.79 

h~'; x = 0.48 h~'). The predictions were remarkably close. 

with these experimental results and in good qualitative agreement wae other experimental 

studies finding similar phenomena.*?!:?? 

Segregational instability is significant, as described here, when the average number of 

plasmids per cell is less than approximately ten (Figure 4). The calculated plasmid copy 

number at cell division can be nearly twice the average, which tends to stabilize the recom- 

binant population. In Figure 4, we have illustrated the expected increasing instability as the 

plasmid copy number approaches four. In general, low copy number plasmids (<4) contain 

a par locus sufficient for stabilizing partitioning dysfunction.'? 

A third mechanism for culture instability, which has not been considered here, results 

from a continual selective pressure for subpopulations with decreasing plasmid copy numbers. 

In plasmids with negative, autonomously controlled replication, however, there will always 

be a defined plasmid copy number at cell division, thus obviating this mechanism from 

consideration. 
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FIGURE 3. Chemostat instability. The plasmids from Bron and Luxen”® were constructed by 

inserting segments of DNA into the parent plasmids, pLB5 and pLB2. Replication constants were 

fixed to yield the reported plasmid copy numbers for the pLB5 plasmids. The translational constant, 

44, was selected to yield the appropriate response for each plasmid. In this way one can determine 

the significance of translation from the DNA insert. As in Figure 2, the segregation coefficient 

remained insignificant; thus, the reported instability was due to the growth rate differential. We 

cannot account for the dramatic instability observed for pLB5-3C. (pLBS = upper @, pLBS-1C = 

0, pLB5-1S = lower @, and pLB5-3C = x.) 
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FIGURE 4. Effects of plasmid segregation in chemostat cultures. All replication and translation constants 

were fixed to yield a significant dynamic growth rate differential. The molecular weight of the plasmid was 

then varied, which altered the plasmid copy number without influencing the growth rate differential. In this 

way the effects of segregation become clear. As the copy number (Np) is lowered, the probability of yielding 

a plasmid-free cell upon division is raised; hence, the culture becomes more unstable. 
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I. INTRODUCTION 

Extractive fermentation is receiving considerable attention for fermentations that are 

product inhibited. Numerous approaches have been described in the literature.''* Potential 

advantages of extractive fermentation include increased specific productivity, reduced costs 

of downstream separation and purification steps, ability to process high concentrations of 

substrate in the feed, and increased volumetric productivity. 

The use of hollow fiber membranes in extractive fermentation has several advantages. 

These include very high membrane surface areas per unit volume of fermentor, elimination 

of emulsions due to physical separation of the solvent and aqueous phases, protection of 

the cells from physical toxicity of the extracting solvent,'? independent variation of aqueous 

and solvent flow rates, as well as the amount of surface area within the fermentor. 

In this chapter we report on efforts to develop a hollow fiber extractive fermentor (HFEF) 

for the production of ethanol. We present results of the testing of a mathematical model of 

the HFEF" and a preliminary economic analysis of a full-scale facility incorporating the 

HFEF for the production of ethanol.'* 

Il. MATHEMATICAL MODEL OF A HOLLOW FIBER 
EXTRACTIVE FERMENTOR 

As illustrated in Figure 1, an HFEF consists of a cylindrical shell literally containing 

thousands of hollow fiber membranes. The cells and aqueous nutrient phase flow continuously 

through the shell space, whereas the solvent flows concurrently through the lumen of the 

hollow fibers. As the product is produced on the shell side it diffuses through the membrane 

to the solvent phase, where it is continuously removed. This reduces the concentration of 

the product in the shell-side fermentation phase, resulting in a decrease in product inhibition 

and an increase in volumetric productivity. 

The inset in Figure | illustrates the vicinity of the hollow fiber membrane wall. For this 

analysis, the membrane is assumed to be hydrophobic and its pores completely wetted by 

the solvent phase. Bulk flow of the solvent through the membrane wall can be stopped by 

maintaining the pressure on the shell side several pounds per square inch above that of the 

solvent side. '* The aqueous phase is a three-phase mixture consisting of cells, nearly insoluble 

gas generated or added to the fermentation process, and water containing the fermentation 

substrate, product, and traces of dissolved solvent. 

The model of the HFEF is based on the above physical description and provides for the 

axial changes in the concentrations of substrate, product, solvent, water, and cells, the 

variation of the aqueous- and solvent-phase velocities due to reaction and mass transfer, and 

the axial change in the gas velocity and gas holdup. Analysis of the HFEF is based on the 
following assumptions: 

1. | The aqueous and solvent phases are at equilibrium at their interface, which is assumed 

to be located at the outer surface of the hollow fiber membrane wall. 

2. Distribution of component i between the phases in equilibrium at the interface is 

provided by a component distribution coefficient. 

The solvent is biocompatible. 

Mass transfer processes can be described by simple film-type mass transfer coefficients. 
The aqueous and solvent phases are in plug flow. 

Cells flow at the same velocity as the aqueous phase. 

Gas is assumed to be insoluble. 

Stripping of the product by the gas is neglected. DOI HAA AW 
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FIGURE 1. Schematic diagram of a hollow fiber extractive fermentor. 

In the following discussion, the HFEF model will be formulated for the special case of 

ethanol production.'* Other fermentations can be handled by straightforward modifications. 

The specific cell production rate for a strain of Saccharomyces cerevisiae is provided 

by the following expression presented by Maiorella et al.:'° 

¢€ G 0.36 
= 0.46 ae Seal i = 1 

us kere re 87.5 ) 

The second term in brackets accounts for the inhibitory effect of ethanol, the maximum 

ethanol concentration being 87.5 g/l. 

The component mass balances for the aqueous and solvent phases are as follows: 

Aqueous phase mass balances 

2(1 — €s) 
eR Ks |(mCn — Cg) 

d 
ae levy, Cow] = =| 

a (Le 6A) oc iE ik, (2) 
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Cells 

d 
rn [Vw] — €g)X] = (1 — €g)pX (3) 

Z, 

CO; 

= iy; d [vo] = a Ec) \" CONG y (4) 

dz 44P/RT NG 

Solvent phase mass balances 

d 2RK;, = 
iG [vsCis] = | R? Jones Cis) (5) 

where i = W, E, G, and S for water, ethanol, glucose, and solvent, respectively. Y, = 0 

for water and solvent, Y,,4/Yx,, for ethanol, and 1/Y,,, for glucose. The Cy, is based on 

cell-free liquid volume, whereas the cell density X (in grams dry weight per liter) is based 

on the total aqueous phase volume (cells and liquid). 

The overall solvent-phase-based mass transfer coefficient for the ith component is defined 

as 

1 
i i: (6) Rie oR) ke 

m, R 
eta te 

Kiw D,; 

The shell-side volume is comprised of liquid, cells, and insoluble gas. The following 

expressions provide the fraction of the shell-side volume occupied by the liquid and the 

cells: ; 

Ge Ue ca la N®) () 

€c = (1 — €,)Xb (8) 

where @ is the specific volume of the dry cells. €, is the gas holdup and is determined by 

a suitable expression.'* 

The total (shell and hollow fiber volume) ethanol volumetric productivity can be deter- 

mined by an ethanol balance from the fermentor entrance to the axial position z. It is assumed 

that no ethanol enters the fermentor. 

Cat — /R)* Pa ELEsVwUEw d : €,)(R'/R)*vsCps (9) 

The above set of equations comprises the mathematical model for ethanol production 

in the HFEF. 

Il. HFEF SIMULATION RESULTS AND DISCUSSION 

To illustrate the solution of the HFEF model and its potential for increased volumetric 

productivity, the following example was defined. The HFEF was assumed to contain hollow 

fibers with a total length of 250 cm. The fibers were microporous, with an inner diameter 

of 400 «zm, a wall thickness of 25 ym, and a porosity of 40%. The solvent used for the 
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FIGURE 2. Effect of shell-side volume fraction on volumetric productivity for Q ratios of 

5 and 10, as calculated from the HFEF mathematical model. 

simulation was tri-n-butylphosphate (TBP), since it has been recognized in several recent 

papers as a good solvent for ethanol extraction'':'* and is not toxic to yeast in the dissolved 

form. !? 

Figure 2 illustrates the predicted relationship between the HFEF volumetric productivity, 

P,,, and the shell-side volume fraction, €,. Q;/Qy, is the volumetric solvent-to-aqueous-feed 

ratio. The feed to the fermentor contains 40 wt% glucose, and the entering cell density is 

20 g/l. Glucose conversion is 99%. 

The model predicts the existence of an optimum volume fraction of hollow fibers in the 

fermentor, which maximizes the volumetric productivity. This optimum is a result of a 

classic trade-off between the volume fraction of the fermentor required for fermentation and 

that required for efficient removal of the ethanol product to minimize product inhibition. 

For Q,/Qy = 10, the maximum volumetric productivity occurs when €, is about 0.95 — 

that is, 61.6 g/l h. 

It is interesting to compare the optimum productivities presented in Figure 2 with those 

possible by conventional fermentation approaches. Fermentation in the absence of solvent 

in a plug flow fermentor, for the same entering feed cell density, results in a maximum 
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volumetric productivity of 34.8 g/l+h for a feed containing 13 wt% glucose. A continuous 

stirred tank fermentor (CSTF) with no solvent and the same feed cell density results in a 

maximum volumetric productivity of 22.8 g/l +h for a feed containing 16 wt% glucose. A 

CSTF with a solvent-to-feed ratio of 10 and the same feed conditions would have a volumetric 

productivity of 6.8 g/l h.'° These simulation results illustrate the potential improvements 

in volumetric productivity that may be possible using the HFEF for product-inhibited fer- 

mentations. 

IV. ECONOMIC ANALYSIS 

The economics of a process for the production of ethanol employing an HFEF were also 

investigated.'* The process design is shown in Figure 3. The design is for a facility to 

produce 100 million I/year of 95 wt% ethanol from a 50 wt% molasses feed. The economic 

analysis and final product cost calculation follow that presented by Maiorella et al.,'° with 

costs (in U.S. dollars) updated to fourth quarter 1986. The 1986 cost of molasses was $70/ 

short ton. The price of the hollow fibers assumed in this study (Celgard® X-20) is $4/ft?.1” 

The HFEF final ethanol product cost is identical to that of a CSTF with recycle at the current 

cost of hollow fibers, $0.46/1. This compares to $0.52/1 for a batch process and $0.50/1 

for a process using a CSTF. Assuming that the cost of the fibers is negligible, the ethanol 

cost would be $0.38/1. The HFEF is competitive with conventional processes at the current 

price of hollow fibers. An advance in hollow fiber manufacturing technology could reduce 

the HFEF ethanol production cost by a maximum of 25%. 

V. CONCLUSION 

The mathematical model of the HFEF for the production of ethanol demonstrates, in 

comparison to conventional fermentation approaches, the potential for significant improve- 

ment in volumetric productivity. Demonstration of these productivity gains is being inves- 

tigated in a laboratory-scale HFEF and will be described in a later paper. An economic 

analysis of a full-scale ethanol production process using the HFEF indicates that this tech- 

nology is presently competitive with conventional fermentation technology. However, sig- 

nificant cost advantages in large-scale applications of hollow fiber technology in bioreactors 

will require significant reductions in the cost of hollow fibers, from several dollars to several 

cents per square foot. 

LIST OF SYMBOLS 

Ce Concentration of i in the solvent phase 

Cw Concentration of i in the aqueous phase 

Ds; Component i diffusion coefficient in solvent 

D., Component i effective diffusivity, = €,, D,,/t,, 

Ec Shell-side cell fraction 

EG Shell-side gas holdup 

€, Shell-side liquid fraction 

En Membrane porosity 

Es Fraction of fermenter volume on shell side 
k;s, Kw Individual component mass transfer coefficients for the solvent and aqueous 

phases 

Ke Overall mass transfer coefficient for component i, defined by Equation 6 
L Length of HFEF; length of a hollow fiber 

m Equilibrium distribution coefficient 
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Pressure 

Total volumetric productivity, defined by Equation 9 

Specific volume of dry cells 

Hollow fiber outer radius 

Hollow fiber inner radius 

Temperature 

Membrane tortuosity 

Specific production rate, 1/h 

Superficial gas velocity 

Solvent velocity 

Aqueous velocity 

Cell density 

Glucose conversion 
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I. INTRODUCTION 

The application of computers in bioreactor control has made the application of more 

advanced control technology feasible. Research development in this area has been slow. 

Several serious problems have slowed the progress of development in this area: (1) the lack 

of accurate models for the growth dynamics of living cells, (2) variations in the growth- 

associated parameters during the growth processes, (3) lack of reliable on-line sensors for 

growth monitoring, and (4) the highly nonlinear and interactive nature of most growth 

systems. Any realistic control scheme must take these factors into consideration. In addition 

to controlling the basic operating variables such as pH, temperature, and dissolved oxygen 

level, a higher level of control must exist in order to operate the bioreactor in an optimum 

manner, such as maximizing productivity and maintaining the long-term stability of the 

bioreactor operation — both important goals in industrial settings. Due to the lack of on- 

line sensors, on-line estimating schemes would have to be implemented to arrive at the state 

estimates. Due to imprecision in the modeling process and the interacting nature of the 

system dynamics, controller design schemes that guarantee overall system stability in the 

presence of model uncertainty appear very attractive for this purpose. During the last 15 

years, theoretical development of several robust multivariable control design methodologies 

has emerged in the control communities, such as linear quadratic Gaussian/loop transfer 

recovery (LQG/LTR), H® (H-infinity minimization), and w (structured singular value) syn- 

thesis approaches. Robustness, as used here, means the ability to guarantee closed-loop 

stability in the presence of model uncertainty. Of these methods, LQG/LTR was chosen for 

initial investigation because a full set of reliable computer software exists for its imple- 

mentation.' This design methodology, however, has some limitations associated with it. For 

instance, the methodology requires the open-loop plant to be minimum phase (no zeros in 

the closed right-half plane). In addition, the LQG/LTR design is based on linear system 

theory and assumes the perturbations to the system to be linear. As far as the authors are 

aware, results reported here are among the first attempts to apply any type of robust controller 

design algorithm to a bioreactor system. 

Recently, several groups have reported the use of a Kalman filter (KF)-based estimation 

algorithm to estimate, on-line, the state variables of a bioreactor system.** Among them, 

Stephanopoulos and San‘ proposed an algorithm to perform reliable on-line estimation of 

states and some growth-associated parameters of a bioreactor system via an extended KF. 

This method appears very promising in that it circumvents the necessity of on-line sensors 

which have yet to be developed. The work of Stephanopoulos and San serves as the basis 

for studies undertaken in the research reported here. The results presented in this chapter 

are based on the thesis research done by one of us,° and preliminary results have been 

presented elsewhere.** 

II. PROBLEM STATEMENT 

Given the above considerations, the task is to design a controller for a nonlinear bioreactor 

such that the controller maintains long-term overall system stability and keeps system op- 

eration as close to a chosen nominal setpoint as possible, in spite of external disturbances 

and internal model uncertainty. The emphasis is on maintaining the overall system stability. 

All other requirements of the system performance are to be accommodated only after the 

stability requirement is first satisfied. This stability requirement is of paramount importance 

in continuous operation mode. 
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Ill. BACKGROUND 

A. BIOREACTOR DESCRIPTION 

The generic biosystem under consideration is a continuously operated bioreactor with 

one substrate in the feed and no product formation. This simple case is considered in order 

to avoid complexity in control design brought about by an overly complex model. The 

bacterial biomass consumes the substrate to produce more biomass, and the biomass is 

harvested as the desired end product. The state variables of interest are the concentrations 

of biomass (bacterial cell mass), b, and substrate, s, in the reactor as a function of time. 

These two values, if precisely known, fully describe the state of the bioreactor system at 

any time; however, the specific growth rate, (defined as the rate of bacterial concentration 

growth per unit of biomass concentration), is also of interest. Therefore, jr is treated as a 

third state variable. The values of the three states will be estimated by the KF of the LQG 
controller. 

Variables that can be used as manipulated variables to effect changes in the state variables 

are D, the dilution rate (D = F/V, where F is the flow rate and V is the volume of the 

bioreactor), and s,, the substrate concentration in the feed. 

The choice of suitable measurement variables is difficult. Stephanopoulos and San‘ 

proposed an on-line method, based on the technique of elemental balance,*:!° for calculating 

the total rate of growth, R, and the growth yield of biomass with respect to substrate, Y,, 

from feasible physical measurements of the concentrations and flow rates of the inlet and 

outlet oxygen and carbon dioxide gases. They derived a set of equations that related R and 

Y, to the previously mentioned gas flow rates. The calculated values of R will serve as the 

measurement values in the state-space representation of our model. 

B. LQG/LTR CONTROL METHODOLOGY OVERVIEW 
The LQG/LTR control design is a robust multivariable design based on linear system 

theory.''!3 Given a set of performance constraints that the closed-loop system must satisfy 

and the bounds on the overall uncertainty of the model, the LQG/LTR methodology yields 

a controller that will simultaneously satisfy these performance constraints and stability re- 

quirements. The LQG controller contains two subsystems, a KF block cascaded with a linear 

quadratic regulator (LQR) block in the feedback path. Figure 1 shows the block diagram of 

a closed-loop system containing an LQG controller, as well as the LQG controller’s internal 

structure. 
For this bioreactor system, there are two inputs and only one output. In this case, as 

required by the LQG/LTR algorithm, the filter must be designed first to meet the performance 

and robustness constraints. Then, in the LTR step, a suitable regulator gain will be calculated 

such that the robustness property with respect to perturbations modeled at the output node 

is ‘‘recovered’’ in the overall closed-loop system from the first-phase design. 

IV. FORMULATION OF THE PROBLEM 

A. SYSTEM MODELING 
An unstructured, unsegregated modeling approach was used in this research, similar to 

that of Stephanopoulos and San,* with one important difference, however. In our approach, 

the empirical Monod relationship between the substrate and the specific growth rate was 

introduced in the . dynamic equation. The dynamics were modeled as a first-order process 

with Gaussian white noise present. The reason for this change was to make the three-state 

model system completely controllable and completely observable. The state and measurement 

equations are shown below. 
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CONTROLLER ae SS ea eS Ss Se 

FIGURE 1. Internal LQG structure; H = filter gain; K = regulator gain; y = output; A, B, and 

C denote system matrices; nodes 2 and 3 denote the input and output nodes, respectively; nodes 1 

and 4 denote nodes internal to the controller. 

State dynamics equations: 

b = (yw — Dyb (1) 

§ = Dis, — s) — pb/Y, + &(t) (2) 

ih = m[(Pmaxs/(k, + s) — p] + €(t) (3) 

Measurement equations: 

R = pb + 7(t) (4) 

where b = biomass concentration; s = substrate concentration; ~ = specific growth rate 

(per unit time); Y, = biomass yield with respect to substrate; D = dilution rate (per unit 

time); s; = substrate concentration in the feed; p,,,,, k, = constants of the Monod growth 

model equation, ..8/(k, + s); &(t), €(t), n(t) are independent, white noise processes; 

and m is a proportionality constant. 

LQG/LTR design method requires a nominal linear description of the system. Therefore, 

the nonlinear model was first linearized around a chosen nominal setpoint. In this research, 

the nominal setpoint is chosen such that the biomass productivity, P (P = Db), is maximized 

at a given feed substrate concentration, s,. The choice of a feasible setpoint is critical. It 

should be chosen such that the system would still be able to achieve it after disturbances 

such as parameter variations have taken place. For this system, the following values have 

been chosen as the nominal setpoint: 
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D = 0.42 (h~') k, = 0.05 (g/l) s = 0.2625 (g/l) 

Sp = 9.0 (g/l) 0:5 w = 0.42 (h“') 

ee Oro (he) b = 4.36875 (g/l) m = 3 (h“') (5) 

The linearized model has the standard form 

x = Ax + Bu + wit) (6) 

y = Cx + vit) (7) 

where x = [Ab As Ay ]’ is the state vector (where ‘‘’’’ means transpose and ‘‘A’’ means 

deviation from the nominal value); u = [D s,]’, the control input; y = [AR]’, the measurement 

vector, w(t), v(t) = independent white noise vectors; and A, B, C = linearized system 

matrices. Note that in this modeling approach there are two inputs, D and s,, one output, 

R, and three states, b, s, and wp. 

To implement the LQG/LTR control design methodology, the expert software system 

called CASCADE” was used. The inputs to the expert system are the linearized system 

descriptions (Equations 6 and 7), the specification of performance constraints (e.g., zero 

tracking error), and the uncertainty bound (see below). The outputs from the expert system 

are the KF and the regulator gains, H and K, respectively, and an analysis of the expected 

closed-loop performance. 

B. DEVELOPMENT OF THE UNCERTAINTY BOUND 

The development of an uncertainty bound is a key step in any robust control design 

methodology. The determination of the bound relies heavily on the designer’s understanding 

of the plant dynamics, especially its largest probable deviation from nominal plant dynamics. 

For this research, unstructured, multiplicative uncertainty, modeled at the output node, was 

considered. The uncertainty bound was calculated by varying the growth parameters, ,,,,, 

Y,, and k,, and the steady-state values of b, s, and by as much as +15% from the 

corresponding nominal values, and then solving for the uncertainty matrix, AL, as the solution 

to 

G(s) = [I + AL(s)]G,(s) (8) 

where G and G, are the perturbed and nominal open-loop transfer functions of the linearized 

dynamics, respectively; AL represents the multiplicative system uncertainty matrix; and s 

€ C (the set of complex numbers) is the Laplace variable. Let s (the Laplace variable) be 

a point j@ (j denotes the imaginary number V — 1, and w denotes the frequency in radians 

per unit time) on the imaginary axis. Then, at each frequency w, the largest of the maximum 

singular values of all the possible AL(Gjw) was chosen. Thus, a plot of the largest maximum 

singular value as a function of frequency w could be obtained. This datum would be an 

input to the CASCADE expert system. 

Difficulty was encountered in calculating a representative uncertainty bound for this 

system, in that different results were obtained when two different methods were used to 

calculate the uncertainty bound. Both a gradient search method and a search along the 

boundary of the parameter set were implemented. The results were different at high fre- 

quencies; it appears that several local maxima exist. The maximum of the two solutions, as 

a function of frequency, was used; however, there is no guarantee that these values represent 

global maxima over the parameter set. It was very difficult to develop an appropriate bound 

on AL(jw). Further work needs to be done to resolve this difficulty. 
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V. RESULTS 

A. ROBUSTNESS REQUIREMENT 
The goal of the controller is to maintain stable bioreactor operation at values near the 

chosen setpoint in the presence of external perturbations and internal model uncertainty. The 

controller is designed using loop shaping, with LQR and KF blocks as parameterized models 

which satisfy frequency-dependent performance and robustness constraints. In this research, 

robustness at the plant output node is required; therefore, a KF which meets the performance 

constraints is designed first. A 26-dB reduction in output tracking error (with respect to the 

reference output setpoint) is specified for a very low frequency. This corresponds to a 5% 

allowable error in steady state. The design method cannot satisfy this constraint simulta- 

neously with the robustness constraint imposed on the system. This is due to the charac- 

teristics of the open-loop plant. Therefore, the system is augmented to include an integrator 

at the output node to guarantee zero steady-state error. The bounds imposed on the singular 

values of the return difference and inverse return difference transfer functions are infinite 

loop gain at zero frequency and a maximum crossover frequency of 1.0 rad/h derived from 

the uncertainty bound singular value plot. The maximum and minimum singular values are 

balanced at a low but nonzero frequency of 0.01 rad/h. Balancing at a nonzero low frequency 

is required due to the augmented integrator. In addition, balancing at high frequency yields 

a KF which, although it satisfies the design specifications, does not update the estimates of 

three of the four states. This is not desirable. The balancing technique for nonzero, finite 

frequency was developed by Birdwell and Laub.’ The filter and regulator gains completely 

define the controller structure. The expert system CASCADE produced as its output the 

specifications of the KF and regulator gains. 

The design produced a filter gain H and a regulator gain K as shown below: 

— 0.2841 
0.1177 

A= | 0.02496 ©) 
— 0.9987 

ae | 0.875 iv Aly) 7.701 al (10) 

= 25590-93256)! T= 152426, 85745 

The associated singular value plots of the return difference and inverse return difference 

transfer functions are shown in Figures 2 and 3. Since there is only one output, the loop 

return ratio at the plant output node, L(s) (defined as the transfer function X,,,/X;,, where 

Xu: and X;, denote the signals immediately to the left and right of the break, respectively, 

if the system loop is broken at the plant output node, node 3 in Figure 1), is a scalar. 

Therefore, there is only one singular value, which is simply the absolute value of L. It can 

be seen that the performance and robustness constraints are satisfied. A less than 5% tracking 

error is insured, as can be seen from the singular value plot in Figure 2, in that the gain of 

the return difference function at the low-frequency end is above 26 dB (0.05~'). The 

robustness requirement is satisfied because the singular value plot of the inverse return 

difference function does lie above that of the uncertainty bound (as shown in Figure 3). 

This implies that the closed-loop system is guaranteed to remain stable when uncertainty, 

modeled at the plant output node, up to the bound, exists in the true plant dynamics. 

B. SIMULATION RESULTS 
During simulation, the state propagation, measurements generation, Kalman filtering, 
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FIGURE 2. Singular value plot of the return difference transfer function; L denotes the loop transfer function. 
The y-axis values are I + AL(jw). 
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FIGURE 3. Singular value plots of the inverse return difference transfer function and the uncertainty bounds. 

L denotes the loop transfer function; the lower curve denotes the maximum singular value plot of the system 

uncertainty bound. The y-axis values are [I + AL(jw)]~!. 

and control input generation were all carried out in continuous time, while noise simulations 

were carried out in discrete time with a sampling interval of 0.01 h. 

The loop was closed and simulated for nominal parameter and state values (values shown 

in Equation 5). Figure 4 shows the simulation results. It can be seen that the response tracks 

the nominal values. (Note the finely divided vertical scales in this figure.) Next, the con- 

vergence property of the linear KF was tested. This simulation was carried out for the closed- 
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FIGURE 4. Closed-loop simulation using nominal parameter and state values. -A-A- is for the ‘‘true’’ state 

values; -B-B- is for ‘‘estimated’’ values. Note the finely scaled ordinate axis. 

loop plant. Results show that the estimates from the filter do converge to the state values, 

even when “‘incorrect’’ initial values were used to initialize the filter estimates, as shown 

in Figure 5. 

Finally, the robustness properties of the closed-loop system were tested by the intro- 

duction of parameter and state perturbations during simulation. Figure 6 shows the result of 

Varying Pinax and Y, by + 15%, k, by —15% at t = 1h, and state b by —10% att = 4 

h. The step change in b simulates the case where some biomass has died as a result of an 

environmental upset such as toxicity in the feed. It is noted that stability is indeed maintained 

for the remaining time interval. Note that a positive change is introduced in p,,,, and Y,, 
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FIGURE 5. Convergence properties of the estimator in closed-loop simulation; the filter has been initialized with 

““incorrect’’ values. -A-A- is for the ‘‘true’’ state values; -B-B- is for ‘‘estimated’’ values. 

although in practice the system can only deteriorate. The reason is that the nominal values 

chosen for ,,,, and Y, are at the low end of the spectrum of all possible parameter variations. 

Therefore, any variation introduced during simulation must be above the corresponding 

nominal parameter value in order for the values to stay within the spectrum of possible 

variations. 
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FIGURE 6. Maintenance of stability in closed-loop simulation of the LQG control system with parameter and 

state variations. 1,,,,, Y,, and k, are changed by + 15%, +15%, and —15%, respectively, at t = 1, and the b 

state is perturbed by — 10% at t = 4; -A-A- is for the ‘‘true’’ state values; -B-B- is for ‘‘estimated’’ values. 

VI. DISCUSSION AND FUTURE WORK 

This chapter has presented the design of a robust multivariable controller for a nonlinear 
bacterial growth system, using the LQG/LTR design methodology. Simulation results show 

that the closed-loop system remains stable in the simultaneous presence of parameter vari- 

ations and step changes of the states. However, several clarifications are in order concerning 
its application in real-time settings. 
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First, it is assumed that low-level feedback control loops are in place to control basic 

operating conditions at the desired setpoint. The basic operating conditions include tem- 

perature, pH, agitation rate, gas flow rates, reactor volume, and feed flow rate. These 

controls can be implemented by local proportional-integral-derivative (PID) controllers, with 

the setpoint dictated via the results of calculations by the main supervisory program stored 

in the computer. The proposed LQG controller is to be cascaded onto the low-level feedback 
loops. 

Second, the design philosophy of LQG/LTR is based on linear systems theory. The 

robustness properties are with respect to linear perturbations. Bacterial growth system dy- 

namics are highly nonlinear. When setpoint control strategy is employed and the nonlinear 

system is linearized around a nominal setpoint, the resultant controller is expected to work 

properly only when the system does not deviate appreciably from the nominal setpoint. 

Simulation results show that the estimated and the ‘‘true’’ state values exhibit a steady-state 

offset after a parameter variation is introduced. This offset is attributed to the KF being a 

linear filter; the ‘‘true’’ state values are derived from the nonlinear dynamic equations. An 

extended KF (for nonlinear systems) which utilizes current state estimates to calculate an 

adaptive KF gain should track the states more accurately. Initial open-loop simulations using 

an extended KF show that the estimation is indeed closer than that given by the linear KF. 

When a disturbance is introduced to the system, the estimates converge very closely, after 

some transient dynamics, to the “‘true’’ state values (values generated by simulating the 

original nonlinear state equations with nominal values, Equations | through 4). The inclusion 

of an extended KF in the LQG controller block in place of the linear KF has also been 

carried out.'® Simulation results show that the tracking ability of the extended KF is somewhat 

improved; however, the resultant robustness property depends on the noise covariance ma- 

trices chosen for the state and measurement noise vectors. The proper choice of the noise 

covariances so as to render a robust design is not clear at this point. 

It is further noted that the offset for the s state is very pronounced, possibly because s, 

although observable, is not used by the KF to update the estimates. This can be seen from 

the fact that the measurement is wb and does not depend directly on s. Therefore, s is not 

updated by the filter, although § (the substrate concentration estimate) is fed into the regulator 

in generating the control input (u = Kx). 

In conclusion, the results presented here represent our first attempt to apply a robust 

controller design methodology to a bioreactor system. In general, the bioreactor operation 

is very sensitive to environmental perturbations such as variations in temperature and pH. 

As the results showed, the closed-loop system did remain stable, even in the simultaneous 

presence of several perturbations. A considerable amount of work in this direction remains 

to be done. However, this preliminary result is encouraging, providing an impetus for future 

research in this area. Successful demonstrations of multivariable controller designs such as 

the one presented here should have a strong impact on industrial biotechnological processes, 

where economics and automation are prime considerations in plant operations. 
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I. INTRODUCTION 

Plasmids R1, R6-5, and R100 belong to the FII incompatibility group and have similar 

modes of replication. They all need Escherichia coli enzymes in addition to a plasmid- 

encoded protein (RepA protein). A summary of the replication process is as follows.'” 

All of the genes required for replication are located in a 2.5-kb (kilobase) region® which 

also contains the origin of replication. The repA gene is expressed from two different 

promoters, repA and copB. CopB polypeptide represses the expression of repA from the 

repA promoter, and in wild-type plasmids the repA gene is expressed constitutively, mainly 

from the copB promoter.’ CopA RNA, the primary inhibitor of replication initiation, is 

expressed constitutively upstream of the origin and is transcribed in the opposite direction 

from repA.>® The CopA RNA appears to inhibit replication through interaction with CopT, 

the target sequence, which is part of the RepA mRNA, rather than one of the DNA strands.” 

Expression of the copB gene is also constitutive.'° When a critical concentration of CopB 

protein is reached, the expression of repA from the repA promoter is almost fully repressed, 

and repA is expressed only from the copB promoter.’'°'' It has been shown that the RepA 

protein is absolutely required for in vitro replication of plasmid R1, but it is not clear whether 

or not it is the rate-limiting factor.'* It is known that the rate of translation of RepA mRNA 

to form the RepA polypeptide is controlled by CopA RNA. The interaction of CopA RNA 

with RepA mRNA affects RepA mRNA in such a way that effective translation of RepA 

mRNA is inhibited. However, due to transcriptional polarity (premature termination of RepA 

mRNA in the absence of translation), if the RepA mRNA is the primer for replication, it 

is possible that RepA mRNA also acts as the rate-limiting factor in the replication process.? 

Despite substantial information reported on replication control of R1, the criterion for 

initiation of plasmid replication is not well understood. However, there are three components 

described in the literature which could potentially serve as the rate-limiting factor: RepA 

mRNA, CopA RNA, and RepA protein. In the first case, RepA mRNA, as the rate-limiting 

factor for initiation of replication, has to extend to the replication origin, and it serves as a 

primer RNA. For the second case, because CopA RNA is the rate-limiting component, when 

its concentration falls below a critical value, a round of plasmid replication will be initiated. 

Finally, for RepA protein being the rate-limiting factor, it is assumed that when the amount 

of RepA protein exceeds a critical value, a round of replication is initiated. 

The purpose of the work described in this chapter is to design and simulate various 

computer experiments to assess the plausibility of current hypotheses for replication initiation. 

The model formulated in this work includes the above-mentioned interactions among the 

control elements. Other efforts to model replication process of plasmids include the work 

by Lee and Bailey for Adv replication’*'° and that of Ataai and Shuler for ColE1 plas- 

mids.'*'” The model for Adv replication required the knowledge of 12 parameters, of which 

9 could be obtained independently and the other 3 were adjusted. The model for ColE1 

plasmids requires no adjustable parameter. The model developed for R1 makes use of one 

or two adjustable parameters, depending on the criterion employed for replication initiation. 

The modeling of the replication process of R1 plasmids is a challenging task, since the 

sequence of molecular events leading to replication initiation is not as well understood as 

that of either Adv or the ColE1 plasmid. Thus, formulation of a model for R1 replication 

may serve as an effective tool for assessing the extent of insight that a model of this nature 

can provide in a situation where, despite availability of a large body of information on the 

overall replication process, the mechanism for the key event of replication (i.e., initiation) 
is not known. 

In the rest of this chapter, the formulation of the model is first presented; then, a 
description of how the model can be used to test various initiation mechanisms is provided. 
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Il. MODEL FORMULATION 

The rate of change in the number of CopB mRNA molecules of a single cell per unit 
time can be written as 

d/dt(CopB MRNA) = KycccopPL — kaccops mewa(CopB mRNA) (1) 

where (in Equation 1 and other equations) the symbols Ky<,, Kyi, and ky) represent the 

average rates of transcription, translation, and degradation of component i, respectively. PL 

is the number of plasmid molecules per cell at time t (i.e., gene dosage). The first term in 

Equation 1 is the rate of formation of CopB mRNA (i.e., the product of the rate of tran- 

scription from the copB gene at time t and the gene dosage). The second term is the rate 

of degradation of CopB mRNA (i.e., the product of the degradation rate and the number of 

CopB mRNA molecules per cell). The rate equation for the CopB protein can be written as 

d/dt(CopB protein) = Kr cops protein)( COpB mRNA) ans Kaccops protein)( COPB protein) (2) 

Similarly, the rate equations for CopA RNA, RepA mRNA, and RepA protein are 

written as . 

d/dt(CopA RNA) = (1 — f)KrecopayPL — Kacopa rwa(CopA RNA) 

— (k,/VC)(RepA mRNA)(CopA RNA) (3) 

d/dt(RepA MRNA) = Kycgepapt{kiJ/[k, + (CopB protein)]}PL 

= KycicopppyPL = Karepa mrnayiRepA mRNA) (4) 

— (k,/VC)(RepA mRNA)(CopA RNA) 

d/dt(RepA protein) = Ky epa protein RePA MRNA) — Kgrepa protein(RepA protein) (5) 

Kycaepap) 49d Kycrcoppp) are the average transcription rates of RepA mRNA from the 

repA and copB promoters, respectively. Kycyepap) 1S multiplied by a feedback inhibition 

factor to indicate the repression of transcription from the repA promoter due to the interaction 

of the CopB protein with the operator region of that promoter. Use of such a feedback term 

will cause complete derepression of the repA promoter if the copB gene is defective. The 

constant k, is the second-order binding constant between CopA RNA and the copT sequence 

of RepA mRNA. Apparently, the interaction between CopA RNA and the copT sequence 

is one to one.° The inhibition constant (k;) is chosen so as to cause about 90% repression 

of the repA promoter if a wild-type level of CopB protein is present.° The rate of formation 

of CopA RNA (Equation 3) is multiplied by (1 — f) to indicate the formation of active 

CopA RNA molecules.'* As will be discussed later, in copB plasmid mutants a fraction (f) 

of CopA RNA molecules are elongated and are not active. For all other cases, except for 

copB mutants, the value of f is equal to zero. The values of the model parameters are given 

in Table 1. The procedure for determining the values of the model parameters is given in 

Reference 19. The model for plasmid replication was included in the single-cell model of 

E. coli developed by Shuler and co-workers.” The growth-rate dependency of the tran- 

scription and translation rates of the plasmid genes was assumed to be similar to that of an 

average E. coli gene, as it is predicted from the single-cell model. 
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TABLE 1 

Values Used for Model Parameters in Equations 1—5 

Krccops) = 30.0 Keccepap) = 53.0 

Kacopp mrnay = 27.0 k, = 222.0 molecules 

Kr1copp protein) = 1200.0 Kzcicoppp) = 30.0 
Kaccops protein) — 9.07 Kacrepa mena) = 27-0 

Kyccopay = 300.0 Kairepa protein) = 1200.0 

Kacopa RNA) = 27.0 Kamepa prowein) = 0.07 

f = 0.4 k, = 1.15 X 107" ml/molecule-h 

Note: Transcription rate constants are in transcripts/h-promoter; translation 

rate constants are in proteins/mRNA-h; degradation rate constants are 

in h7! 

Ill. RESULTS AND DISCUSSION 

We have examined the hypotheses for RepA mRNA and CopA RNA as the rate-limiting 

substances for initiation of replication. To perform a simulation in which RepA mRNA is 

the rate-limiting factor, it was assumed that a round of replication will initiate when a RepA 

mRNA transcript extends to the replication origin before it binds a CopA RNA molecule. 

The mathematical formulation of this criterion is similar to that described previously for 

ColE1 plasmids.'° In this case, there is only one adjustable parameter — a kinetic constant 

for the rate of binding between RepA mRNA and CopA RNA molecules. The value of the 

binding constant, k,, was chosen such that the predicted plasmid copy number at a growth 

rate of 0.7 h~' would be equal to the experimentally reported value. The value of k, found 

in this manner is 1.15 X 107"! ml/molecule-h, which is close to the value reported for the 

second-order binding constant between the two RNA species of ColE1 plasmids.”? 

To test the second hypothesis, it was assumed that the level of plasmid-encoded inhibitor, 

CopA RNA, controls the rate of replication. Replication can take place only when the 

concentration of the inhibitor falls below a critical value. In this case, there are two adjustable 

parameters: the binding constant and a critical value for CopA RNA concentration. The 

value for the binding constant in this simulation is the same value as the one used for RepA 

mRNA as the rate-limiting step. The critical concentration of CopA RNA (5.41 x 103 

molecules per milliliter) was chosen so that the predicted plasmid copy number at a growth 

rate of 0.7 h~' would equal that determined experimentally. 

Four types of simulations were performed for every replication initiation criterion. First, 

the model prediction of plasmid copy number as a function of growth rate was compared 

with experimental values. The results are shown in Table 2. The agreement between the 

experiment and model predictions appears to be satisfactory when either CopA RNA or 

RepA mRNA is the rate-limiting element. 

Second, we investigated the effect of copA gene dosage on replication initiation. It has 

been found experimentally that an increase in copA gene dosage proportionately reduces 

the plasmid copy number.° The model predictions are very consistent with experimentally 
measured values in this regard. 

Third, we simulated the effect of mutations in the copB gene on plasmid copy number. 

It has been observed that mini-R1 plasmids lacking the promoter-proximal part of the copB 

gene are copy mutants having a six- to eightfold increased copy number relative to R1.° It 

has also been shown that in copB mutant plasmids some of the CopA RNA molecules are 

larger (i.e., not terminated properly) than in a wild-type plasmid. These elongated CopA 

RNAs have little or no inhibition activity." The simulations were performed using an 

elongation factor, f, which accounts for the percentage of inactive CopA RNA molecules.!® 

The results are presented in Table 3. Seven and fivefold increases in plasmid copy number 
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TABLE 2 
The Effect of Growth Rate on Plasmid Copy Number and 

Comparison of Two Versions of the Model with 

Experimental Results 

Copy number Copy number 

Cell growth rate Copy number RepA mRNA CopA RNA 

(h-!) experiment* rate limiting rate limiting 

0.1 26.0 30.9 35.0 

0.2 16.0 iISi7) 14.6 
0.4 6.0 5.9 4.6 

0.6 3.4 3:5 3.2 
0.7 3.1 321 Sysil 

0.8 2.8 2.6 2.4 

0.9 eS 239) 2.0 

* Experimental values are from Reference 23. 

TABLE 3 

The Effect of copB Mutation on Plasmid 

Copy Number 

Copy number Copy number 

Elongation factor RepA mRNA CopA RNA 

(f) rate limiting rate limiting 

0.4 23.06 1S 

TABLE 4 

The Effect of Binding Rate between RepA mRNA 

and CopA RNA on Predicted Plasmid Copy 

Number, Using a Growth Rate of 0.7 h~' 

Ratio of binding Copy number Copy number 

constants (relative RepA mRNA CopA RNA 

to wild-type value) rate limiting rate limiting 

0.1 30.1 2.9 

0.2 15.2 2.9 

1.0? Sal. 3.1 

5.0 0.7 3.1 

2 Wild type. 

relative to wild-type level were predicted by the model for RepA mRNA and CopA RNA 

as the rate-limiting element, respectively. 

Fourth, we investigated the sensitivity of the predicted plasmid copy number to changes 

in the value of the binding constant. It has been shown experimentally that single base 

mutations in the DNA region coding for CopA RNA change the plasmid copy number.* 

This change in copy number may be due to the effect of mutation on the binding rate between 

the two RNAs. Model calculations indicate that the plasmid copy number changes in pro- 

portion to alterations in the binding constant, provided that RepA mRNA is used as the rate- 

limiting factor for replication initiation (see Table 4). If, on the other hand, CopA RNA is 

used as the rate-limiting component, the plasmid copy number is insensitive to variation in 

the value of the binding constant, as shown in Table 4. Based on this observation, we have 
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concluded that the hypothesis for CopA RNA as the rate-limiting element in the replication 

process may not be a plausible one. The physical basis for the lack of sensitivity of predicted 

plasmid copy number to alterations in the value of k, (the binding constant) is the much 

higher transcription rate of CopA RNA than RepA mRNA. Hence, the intracellular con- 

centration of CopA RNA is not sensitive to its rate of complex formation with RepA mRNA, 

which has a very low intracellular concentration. Therefore, the inhibitor-dilution model 

proposed by Pritchard?? may not be applicable to the replication of R1 plasmids and, possibly, 

ColE1 plasmids. Also, in ColE1 plasmids the transcription rate of RNA I (the inhibitor 

RNA) is about seven times higher than that of RNA II. RNA II binds to RNA I and regulates 

the replication initiation frequency. 

IV. SUMMARY AND CONCLUSIONS 

In summary, a model of the replication process of R1 plasmids was developed. The 

model simulates the effect of cell growth rate, copA gene dosage, copB mutation, and the 

CopA RNA to RepA mRNA binding constant on plasmid copy number. Agreement between 

the experimental data and model predictions was found to be satisfactory using RepA mRNA 

as the rate-limiting factor, but a hypothesis based on CopA RNA as the rate-limiting element 

does not appear to be plausible. The possibility of the RepA protein being the rate-determining 

step in the replication initiation process is currently under investigation. 
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I. INTRODUCTION 

Escherichia coli and Bacillus subtilis are the most widely used bacteria for hosting 

cloned genes, primarily because a vast amount of information is available about the genetics 

of both systems. Vectors for cloning foreign genes and procedures for their insertion into 

these hosts have been developed successfully.'> Despite in-depth study at the molecular 

level, E. coli is not a familiar industrial microorganism due to several of its inherent 

properties. As a Gram-negative bacterium, E. coli has a toxic lipopolysaccharide outer 

membrane? which is hard to remove, but it must be removed in pharmaceutical applications. 

The characteristic double-walled membrane of E. coli usually restricts proteins produced 

either to intracellular or periplasmic space.** Thus, the recovery of the product would require 

either removal of the outer membrane, making the cell leaky (i.e., making the membrane 

permeable to allow the release of periplasmic proteins), or cell lysis.” Mutations that lead 

to a leaky phenotype also adversely affect cell viability and, hence, complicate their routine 

cultivation.!° Owing to these major hindrances, the toxic lipopolysaccharide cell wall and 

the inability to excrete protein products into the extracellular fluid, there exists a great interest 

in developing cloning and expression systems utilizing organisms other than E. coli. 

B. subtilis, a Gram-positive bacterium, offers several advantages as a host of foreign 

genes. It has a simple, nontoxic cell wall and a single membrane, thus allowing secretion 

of protein products into the culture fluid and facilitating protein purification. B. subtilis is 

nonpathogenic to humans and is able to grow on either minimal or a complex medium. 

These are substantial benefits, and, thus, a good deal of energy is being expended in 

developing plasmids useful for gene cloning in B. subtilis. 

The use of B. subtilis as an efficient host for the production of proteins depends on 

several factors. First, a good understanding of its genetics and transcription/translation 

mechanisms is required. These processors are being clarified through the compilation of 

numerous data sets. Second, a good understanding of the protein secretion process might 

reveal factors which could be manipulated to allow the secretion of normally intracellular 

proteins. Finally, the major obstacle is extracellular proteolytic enzymes (proteases) which 

degrade the excreted foreign proteins. B. subtilis transformants carrying TEM B-lactamase,'! 

interferons,'*-!* and rat proinsulin'* have been designed successfully, but the protein products 

are rapidly degraded by the action of proteases. The purpose of this chapter is to address 

the protease problem in relation to B. subtilis as a host of recombinant vectors for protein 

production. 

Several types of proteolytic enzymes have been identified and isolated from bacilli. The 

level of extracellular proteases is observed to increase rapidly when the cells reach their 

postexponential phase of growth. The best-characterized extracellular proteases excreted by 

bacilli belong in one of two classes: alkaline (serine active site) or zinc-containing neutral 

proteases.'*-'° Low-protease B. subtilis mutants having deletions in genes coding for the two 

major proteases have been constructed. One such mutant is B. subtilis strain DB104. The 

protease activity in the supernatant of batch-grown cells of DB104 is about 4% of the wild- 

type level.'’ This 4% activity was postulated to be a combination of intracellular proteases 

(released through cell lysis) and esterases which may have low, but demonstrable, proteolytic 

activity. It was this low, yet substantial, level of protease activity which we attempted to 

minimize. To our knowledge, all of the low-protease mutants constructed so far have some 

residual protease activity when cultivated in a batch reactor. Apparently, the use of the term 
“‘protease-deficient mutant’’ instead of ‘‘low-protease mutant’’, along with the lack of 
appreciation for variation in degree of susceptibility of different proteins to protease deg- 
radation, have led some researchers not directly involved with the protease problem to 
believe that this problem has been overcome. !® 

It is important to note that the degree of reduction in extracellular protease activity 
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required to avoid the degradation of an excreted protein depends on the susceptibility of the 

protein to protease action. In this chapter we describe the effect of dilution rate in a chemostat 

on biosynthesis of extracellular proteases. 

Il. MATERIALS AND METHODS 

Bacterial strains B. subtilis 168 and DB104 (a low-protease mutant deficient in both 

alkaline and neutral proteases), kindly supplied to us by Dr. Roy H. Doi (University of 

California, Davis), were used. The medium contained 8.0 g nutrient broth, 2.0 g glucose 

per liter, and the salt concentrations given in Reference 19. The protease assay was performed 

using azocasein as a substrate as described by Millet.'? One of the steps in Millet’s procedure 

which involves addition of NaOH to the assay solution was omitted.**> A unit of protease 

activity was defined as the amount of enzyme which gives AA/time (min) xX 1000 = 1.0, 

where AA is the change in absorbance using the azocasein assay described above. This unit 

of activity would correspond to the activity of a solution containing 2.0 x 10~* mg alkaline 

protease per milliliter. The proteolytic activity was also monitored by measuring the deg- 

radation rate of TEM B-lactamase.”° B-Lactamase (approximate activity = 590 units per 

milliliter) was kindly supplied to us by Mr. Jeffrey Chalmers of Cornell University. This 

B-lactamase was obtained through cultivation of E. coli cells containing plasmid pKK.!° 

The continuous culture experiments were performed using Multigen F-1000 (New Bruns- 

wick Scientific, New Brunswick, NJ) with a working volume of 330 ml. The culture medium 

was introduced through an inlet on the top of the vessel by means of a Master Flex pump 

(Cole Parmer, Chicago, IL). The temperature was maintained at 37 + 0.2°C. 

Ill. RESULTS AND DISCUSSION 

It has been observed that biosynthesis of extracellular protease begins at late log phase 

of growth in a batch culture. From this observation one may conclude that operating a 

chemostat at a high dilution rate should repress protease biosynthesis to a great extent. 

Figure | shows the culture optical density, pH, and specific protease activity vs. dilution 

rate in a glucose-limiting chemostat. The specific protease activity is the total units of protease 

activity per OD¢6o = 1.0. The first notable part of this plot is the dramatic inverse relationship 

between dilution rate and the extracellular protease levels. The specific protease activity in 

batch culture of B. subtilis 168 is 35 units. The specific activity at a dilution rate greater 

than 0.3 h~', on an average, is 0.6 units. This level of activity is 58 times lower than the 

batch value. Indeed, the level of activity at a moderate range of chemostat dilution rates is 

lower than the value found in batch culture of the low-protease mutant, DB104. The specific 

protease activity found in batch culture of DB104 is 1.4 units. Also, it appears that the pH 

of the culture decreases with an increase in optical density. Since the protease assay was 

performed at a constant pH, the measured value of protease activity reflects the true rate of 

synthesis. 

Figure 2 shows the specific protease activity as a function of dilution rate in a chemostat 

culture of B. subtilis DB104. Again an inverse relation between the protease activity and 

dilution rate is observed. Also note that, similar to Figure 1, above some critical dilution 

rate (0.3 h~') protease synthesis is not significantly growth-rate dependent. The level of 

protease activity in chemostat culture of DB104 at a moderate to high range of dilution rate 

is about 0.25 units, which is six times lower than the corresponding value in batch culture 

(i.e., 1.4 units). 

IV. SUMMARY AND CONCLUSIONS 

In summary, protease activity substantially lower than that found in batch cultures can 
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be obtained in a continuous culture at a moderate to high range of dilution rates (58 times 

lower for the wild-type cell and 6 times lower for the low-protease mutant). As stated above, 

the degree of reduction in protease level required for protection of an excreted foreign protein 

depends on the protein itself. We have found TEM B-lactamase to be fairly stable when 

incubated in a solution containing 0.3 units of protease activity (about 100-fold less than 

the wild-type level in a batch culture). However, growth hormones in the same solution of 

protease are very unstable (half-life of about 15 min).*! Therefore, stability of some proteins 

in the culture of a low-protease mutant does not indicate that a similar observation should 

be expected for other proteins. 

It should be noted that the repression of the protease gene may also repress the promoter 

used for the expression and secretion of the foreign gene and its product, particularly when 

one considers that many of the promoters of the genes for the secreted proteins from B. 

subtilis are expressed during the stationary phase in a batch culture, when most of the 

protease genes are also expressed. However, this problem can be simply circumvented by 

using vegetative promoters which are expressed during the exponential phase of growth. 

For example, Wong et al.”” have developed an efficient B. subtilis secretory system by 

employing a secretion vector containing the gene for TEM B-lactamase fused to a mutated 

subtilisin promoter which is expressed only during the growth phase. 

Current research in molecular biology is focused on isolating and purifying unidentified 

proteases contributing to the residual protease activity found in cultures of low-protease 

mutants. Having purified new components with proteolytic activity, one can attempt to delete 

the genes coding for these new proteases. Although such an approach is a potentially useful 

one, the deletion of the genes could adversely affect cell physiology and/or growth. Our 

approach, partially described in this manuscript, clearly shows the possibility of a substantial 

reduction in protease biosynthesis by cultivating cells in a chemostat operated at a high 

growth rate. We have very recently shown that reduction of the protease level below the 

values reported in this manuscript is possible through other manipulation. 

Experimental measurements of the effects of pH, dissolved oxygen concentration, the 

addition of inhibitors, and the nature of nutrient limitation on protease biosynthesis in a 

continuous culture of DB104, along with the results of a washout chemostat experiment 

which indicated the existence of a log-phase protease, are to be discussed elsewhere. 
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Part 3. Biosensors 

The term ‘‘biosensors’’ has at least two meanings: sensors of biological activity and 

measuring devices that make use of a biological process. Both of these meanings are 

deliberately used in this section. For example, in one chapter, Karube and Tamiya describe 

sensors that utilize enzymatic catalysis as a means of converting a substrate (analyte) and 

producing an electrical signal. On the other hand, Callis discusses the use of optical methods 

and Lauks et al. describe the application of field-effect transistor methods (‘‘ChemFET’’ ) 

for measuring biochemical analytes. 
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I. INTRODUCTION 

The determination of organic compounds is required in clinical, industrial, and envi- 

ronmental analyses. Most analyses of organic compounds can be performed by spectropho- 

tometric methods utilizing specific enzyme-catalyzed reactions. However, these methods 

often require long reaction times and complicated procedures. On the other hand, sensors 

employing immobilized biocatalysts have definite advantages. Miniaturization of the enzyme 

sensors is a prerequisite for medical application. This has been achieved using semiconductor 

fabrication technology combined with enzyme immobilization techniques to produce highly 

selective microbiosensors. 

A multifunctional biosensor is also desirable so that the determination of several com- 

pounds can be performed at the same time. The multifunctional biosensor can be constructed 

by the integration of microbiosensors. 
In this chapter, we describe ion-sensitive field effect transistors (ISFETs) and micro- 

electrodes prepared by silicon fabrication technology and employed as microbiosensor trans- 

ducers. Microbiosensors for urea, adenosine triphosphate (ATP), glucose, and glutamate are 

described. 

Il. UREA FET SENSOR 

The ISFET was first reported by Bergveld in 1970,' and Matsuo and Wise? improved 

the ISFET properties by utilizing silicon nitride (Si,N,) as the gate insulator and reported 

its use as a pH sensor. ISFET consists of a source, drain, and gate. Current between the 

source and drain is dependent on gate potential, which is selective related to H* concen- 

tration. In 1980, Caras and Janata* demonstrated that an immobilized penicillinase layer 

over the gate insulator of the ISFET could be used as a penicillin sensor. We have reported 

an enzyme-FET sensor.* Urea determinations are based on spectrophotometry, and they 

involve complicated and delicate procedures. Therefore, the development of an inexpensive 

and miniaturized sensor that is highly selective and sensitive is extremely desirable. Real- 

ization of these goals can be achieved using the ISFET transducer. 

Fabrication of the ISFET uses basically the same procedures as are employed for the 

metal-insulator-semiconductor field effect transistor (MISFET), as reported by Matsuo and 

Esashi.° The structure of the ISFET is shown in Figure 1. The gate insulator of the ISFET 

is composed of two layers, the lower being thermally grown silicon dioxide (SiO,) and the 

upper being Si,N,, which is sensitive to H* ions and also has a barrier effect on ion 

penetration. The thicknesses of the SiO, and Si,N, layers are approximately 0.1 wm. The 

sensor system consists of two ISFETs; one ISFET is covered with a cross-linked polyvi- 

nylbutyral membrane containing amino groups, onto which urease has been immobilized 

through a Schiff base linkage (urea ISFET), and the other ISFET is only covered with a 

cross-linked polyvinylbutyral resin membrane reference field effect transistor (REFFET). 

The polyvinylbutyral membrane was spread onto the gate insulator of the ISFETs by a 

dropping method. A polymer solution was dropped onto the gate insulator of the two ISFETs 

and then immersed in a 5% glutaraldehyde solution at room temperature for approximately 

1 d to advance the cross-linking reaction. Urease was immobilized on the ISFET by im- 

mersing the ISFET in a 5 mg/ml urease solution at 4°C for approximately 1 d. 

Measurements of urea concentration were performed in a differential mode by comparing 

the difference in gate output voltages of the urea FET gate and the reference gate. A schematic 

diagram of the circuit is shown in Figure 2. An Ag/AgCl reference electrode was placed 
directly in solution with the urea FET and the REFFET. A change in solution pH affects 
the gate insulator surface potential, with a concomitant proportional change in the gate output 
voltage. The differential gate output voltage reached a steady state approximately 2 min 
after injection of urea. 
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FIGURE 1. Structure of ISFET: 1, drain; 2, gate; 3, source; 4, Si,N,; 

5, SiO,; 6, solder. (From Turner, A. P. F., Karube, I., and Wilson, 

G. S., Eds., Biosensors: Fundamentals and Applications, Oxford Uni- 

versity Press, New York, 1987, 472. With permission.) 

FIGURE 2. Circuit diagram of measuring system: 1, Ag/AgCl reference elec- 

trode; 2, urease FET; 3, REFFET; 4, cell; 5, differential amplifier; 6, recorder. 

(From Turner, A. P. F., Karube, I., and Wilson, G. S., Eds., Biosensors: Fun- 

damentals and Applications, Oxford University Press, New York, 1987, 473. 

With permission.) 

The initial rate of change of the differential gate output voltage after injection was plotted 

against the logarithm of the urea concentration. Figure 3 is a calibration curve of the urea 

sensor system. A linear relationship was obtained between the initial rate of voltage change 

and the logarithm of urea concentration over the range 1.3 to 16.7 mM urea. An examination 

of the selectivity of the urea sensor system showed that it did not respond to glucose, 

creatinine, and albumin. 

The stability of the urea sensor system was also examined. The urea FET was stored at 

4°C between measurements and exhibited a response to 16.7 mM urea for at least 2 weeks. 
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FIGURE 3. Urea calibration curve. Experiments were 

performed at 37°C, pH 7.0. 

It. ATP FET SENSOR 

The determination of ATP is important in fermentation processes. Conventional methods 

of ATP assay are based on spectrophotometric and bioluminescence measurements. These 

methods, however, require complicated and delicate procedures, and a simpler and more 

inexpensive assay is desirable. 

H*-ATPase (EC 3.6.1.3) in biological membranes catalyzes production or hydrolysis 

of ATP. Furthermore, the enzyme has many functions, such as proton transport, which 

could be utilized for a biomolecular device. H*-ATPase, prepared from the thermophilic 

bacterium PS3, is classified as thermophilic F, (TF,) ATPase. The procedures employed in 

constructing the ATP sensor and measurements of gate voltage were identical to those of 

the urea sensor. The differential gate output voltage reached steady state approximately 4 

to 5 min after injection of ATP. 

The initial rate of change of the differential gate output voltage after injection of ATP 

was plotted against the logarithm of the ATP concentration. Figure 4 is a calibration curve 

of the ATP sensor system. A linear relationship was obtained between the initial rate of the 

voltage change and the logarithm of ATP concentration over the range 0.2 to 1.0 mM ATP. 

Slight responses were obtained when 1 mM glucose, urea, and creatinine were applied 

to the system. The response of the system to | mM ATP was retained for 18 d.’ 

IV. MICRO-GLUCOSE SENSOR 

The determination of glucose is important in food and fermentation industries, and the 

development of biodevices would be of considerable help in routine laboratory work. The 

development of individual miniaturized enzyme-based sensors is required for preparation of 

integrated biosensors. Therefore, a micro-hydrogen peroxide (H,O,) electrode has been 

developed utilizing currently available integrated circuit (IC) technology. The structure of 
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FIGURE 4. ATP calibration curve. Experi- 

ments were performed at 40°C, pH 7.0. 
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FIGURE 5. Schematic diagram of a microelectrode. A and E, Au; B, Ta,O,; C, Si; D, 

SiO,; F, Si,N,. (From Turner, A. P. F., Karube, I., and Wilson, G. S., Eds., Biosensors: 

Fundamentals and Applications, Oxford University Press, New York, 1987, 476. With 

permission. ) 

micro-H,O, sensor, which is 500 zm wide and 6 mm long, is shown in Figure 5. Au 

electrodes were deposited on the surface of the silicon nitride chip using vapor deposition 

methods. The Au electrodes were partially insulated by coating with Ta,O.,. 

The characteristics of the micro-H,O, electrode were examined by cyclic voltammetry 

during immersion in H,O, at various concentrations. A peak current was observed due to 

oxidation of H,O, when a voltage of approximately 1.1 V was applied to the Au electrodes. 

A linear relationship was observed between the H,O, concentration (1 uM to | mM) and 

the steady-state current. This electrode could be used as the H,O, electrode. The electrode 

was then utilized as a transducer in a micro-glucose sensor. 
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FIGURE 6. Calibration curve of a glucose sensor. Ex- 

periments were performed at 37°C, pH 7.0. (From Turmer, 

A. P. F., Karube, I., and Wilson, G. S., Eds., Bio- 

sensors: Fundamentals and Applications, Oxford Uni- 

versity Press, New York, 1987, 476. With permission. ) 

Glucose oxidase (GOD) was immobilized onto the micro-H,O, electrode as follows. 

Approximately 100 wl of a-aminopropyltriethoxysilane were vaporized onto the electrode 

surface at 80°C and 0.5 torr for 30 min; 100 wl of 50% glutaraldehyde were then vaporized 

under the same conditions. The micro-H,O, electrode modified with chemical reagent was 

then immersed in GOD solution containing bovine serum albumin (BSA) and glutaraldehyde. 

GOD was chemically bound to the surface of the micro-H,O, electrode by a Schiff linkage. 

The GOD electrode was inserted into a sample solution containing glucose. The output 

current increase and steady-state current were obtained within 5 min. Figure 6 is the cali- 

bration curve for the micro-glucose sensor. A linear relationship was observed between the 

current increase (the difference between the initial and the steady-state currents) and the 

glucose concentration in the range 0.1 to 10 mg/dl glucose. The micro-glucose sensor did 

not respond to other compounds such as galactose, mannose, fructose, and maltose; therefore, 

the selectivity of this sensor for glucose is highly satisfactory. The effect of temperature on 

the sensitivity (current increase) of the sensor was examined. The optimum temperature for 

the sensor was 55°C. However, because the enzyme gradually denatures at 55°C, the stability 

of the sensor at this temperature is poor. Therefore, all other experiments were performed 

at 37°C. Continuous operation of the sensor in 10 mg/dl glucose produced a constant current 

output for more than 15 d and 150 assays. Thus, it is known that this microsensor can be 

used for the determination of glucose for more than 2 weeks.* 

V. GLUTAMATE SENSOR 

The determination of L-glutamate is very important because large amounts of L-glutamate 

are produced by fermentation for use as a food seasoning. Various glutamate sensors con- 

sisting of immobilized enzyme and an electrochemical device have been developed for the 

fermentation and food industries. Glutamate oxidase catalyzes the oxidation of glutamate. 

Oxygen is consumed by the reaction; therefore, an oxygen sensor or a hydrogen peroxide 

sensor can be employed as the transducer for a glutamate sensor. 

A micro-oxygen sensor was developed by modifying the micro-H,O, electrode. Figure 

7 is a schematic diagram of the micro-oxygen sensor. It consists of a gas-permeable Teflon® 
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FIGURE 7. Schematic diagram of an ox- 

ygen electrode. 1, Au; 2, Teflon® membrane; 

3, 0.1 M KOH; 4, Si,N,; 5, SiO,; 6, Si; 7, 

silicon rubber. 
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FIGURE 8. Calibration curve of a micro-glutamate sen- 

sor. Experiments were performed at 40°C, pH 7.5. 

membrane, two micro-Au electrodes, and 0.1 M KOH electrolyte solution. The character- 

istics of the micro-oxygen electrode were examined by cyclic voltammetry at various con- 

centrations of dissolved oxygen (an oxygen/nitrogen mixture was sparged through the sample 

solution). A peak current due to reduction of oxygen was observed when a voltage of 

approximately 1.1 V was applied to the Au electrodes. A linear relationship was observed 

between the oxygen concentration and the peak current obtained from the cyclic voltam- 

mogram. These results indicate that the micro-oxygen sensor can be used for the determi- 

nation of dissolved oxygen. The micro-oxygen sensors were employed as a transducer in a 

micro-glutamate sensor. 

Glutamate oxidase (Streptomyces sp., 25 U/mg protein) was immobilized on a cellulose 

triacetate membrane containing glutaraldehyde and 1,8-diamino-4-aminomethyloc- 

tane(triamine). The glutamate oxidase membrane was placed on the Teflon® membrane of 

the micro-oxygen sensor and covered with a nylon net. The steady state of current decrease 

(the difference between the initial and final currents) was obtained when the sensor was 

immersed in a sample solution containing glutamate. 

Figure 8 shows the relationship between the current decrease and the glutamic acid 

concentration. When the current decrease at 5 min was used as the measure of the deter- 

mination, a linear relationship was observed between the current decrease and the glutamic 

acid concentration in the 5 to SO mM range. The optimum temperature for the sensor was 
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FIGURE 9. Schematic diagram of glucose IC sensor. A, IC thermal 

sensors; B, immobilized enzyme membrane. 

approximately 40°C, but gradual denaturation of the enzyme occurred at this temperature; 

therefore, all other experiments were performed at 30°C. The selectivity of the sensor for 

glutamic acid was found to be satisfactory. Hence, its application to food analysis and 

glutamate production is very promising. 

VI. GLUCOSE-IC SENSOR 

Enzymatic reactions are associated with enthalpy change. Calorimetry is applicable to 

biosensor systems. Mosbach and Danielsson*’ have written extensive reports on the enzyme 

thermistor system. 

A micro-glucose-calorimetric sensor has been developed in our laboratory. IC temper- 

ature-sensing devices are suitable for the calorimetric sensor. The IC thermal sensors (Seiko 

Instruments and Electronics, Tokyo) used in this work were composed of three Darlington 

connected n-p-n transistors, in which the collector of each transistor was connected in 

common, the base of the first was connected to the common collector, and the emitter of 

the third transistor was connected to a C-MOS constant-current circuit. The total dimensions 

of the sensor were | X 1 X 0.3 mm, and the surface was coated with an Si,N, layer (0.95 

ym). The case was then encapsulated with insulating epoxy resin, except for the surface of 

the IC thermal sensor. Glucose oxidase was immobilized on a cellulose triacetate membrane 

containing glutaraldehyde and triamine. The membrane was formed by casting a solution 

containing these compounds on the IC sensor (Figure 9). The measurement system consisted 

of digital voltmeter, power supply, and personal computer (Figure 10). Temperature control 

was performed with a stirred thermostatic bath connected via the computer to a third IC 

thermal sensor. The normal operational output voltage of the IC thermal sensors was ap- 

proximately 1.2 V at 30°C. The time required for the enthalpy change to reach stationary 

state is dependent on the mass diffusion of glucose and the enzyme reaction velocity. The 

stationary response time is 2 min at 2 mM glucose and 4 min at 100 mM glucose. The 

calibration curve for glucose concentration vs. the glucose-calorimetric IC sensor output 

voltage is shown in Figure 11. Glucose concentrations between 2 and 100 mM can be 

determined by the system. The minimum detectable concentration of 2 mM and the poor 

linearity of our system can be greatly improved by coupling enzymatic reactions. Further 

studies are directed toward improving the sensitivity of the IC sensor. 

The use of semiconductor fabrication technology enables the miniaturization and inte- 

gration of biosensors using only minute amounts of sample solutions and enzymes. Apart 

from glucose determination in blood, diagnostics of some organic substrates (e.g., urine) 

generally require detection or determination of ten organic compounds at a time. Therefore, 

integrated microbiosensors play an important role in practical clinical tests. 
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FIGURE 10. Schematic diagram of glucose-IC sensor system. A, glu- 

cose-IC sensor; B, IC thermal sensor; C, digital voltmeter; D, power 

supply; E, personal computer; F, floppy disk unit; G, printer; H, recorder; 

I, general-purpose interface bus; J, stirrer; K, relay; L, heater. 
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FIGURE 11. Calibration curve for determination of glucose. 
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I. INTRODUCTION 

The importance of control in bioprocessing is universally acknowledged, and at present 

there is no lack of (1) detailed models for growth of cellular populations which incorporate 

dependence upon external variables, (2) high-speed digital computers, and (3) sophisticated 

control and optimization algorithms. What is lacking, however, are suitable sensing tech- 

niques that can provide the quality and quantity of information about cells to facilitate 

implementation of the control strategies now possible. At the very least, one would like to 

have measurements that bear a close correspondence to the mean state vector of the population 

contained within a bioreactor. Even better control could be achieved if information could 

be obtained regarding the mean physiological status of the organisms and the relevant 

distribution functions. At the same time, information is required about the milieu, such as 

the concentration of products and nutrients. 

As long ago as 1974 Humphrey! recognized the need for “‘gateway’’ sensors that could 

give the relevant information on the physiological status of a culture, and since that time 

there has been a growing effort to provide such sensing capabilities. 

The above considerations are the proper concern of process analytical chemistry, an 

emerging subdiscipline of analytical chemistry, the mission of which is to supply quantitative 

and qualitative information about a chemical or biochemical process. The field has received 

considerable attention recently with the advent of chemical and biochemical microsensors, 

and a flurry of activity in this area has begun.”* However, it must be realized that there is 

much more to the practice of process analytical chemistry than improved chemical sensing.* 

The issues of sampling,° extraction of information from the sensor data, and integration of 

the information into process control must be given equal consideration. 

The purpose of this chapter is to review the status of the field of process analytical 

chemistry as it relates to bioprocessing and, hopefully, to convince the reader that important 

technological, methodological, and chemometric advances have greatly improved the ca- 

pabilities of optical spectroscopy for multicomponent analysis and that optical spectroscopy 

is a most viable approach for biomonitoring. 

II. MODES OF PROCESS ANALYTICAL CHEMISTRY 

As a conceptual framework, we have found it useful to identify five modes of process 

analytical chemistry: off-line, at-line, on-line, in-line, and noninvasive (see Table 1 and 

Figure 1).° The first two modes, off-line and at-line, are distinguished by the requirement 

for manual removal of the samples and transport to a measuring instrument. In off-line 

analysis the sample is analyzed in a well-equipped central laboratory, whereas in at-line 

analysis a dedicated instrument is located at the reactor site. 

A. ON-LINE 

In the on-line mode, an automated sampling system is used to extract the sample, 

condition it, and present it to an analytical instrument for measurement. It is possible to 

subdivide on-line modes into two categories: (1) intermittent methods that require injection 

of a portion of the sample stream into the instrument and (2) continuous methods that permit 
the sample to flow continuously through the instrument. 

An obvious example of an intermittent on-line process analyzer is a liquid chromatograph. 
The considerations in interfacing this device to a bioreactor are provided by Lenz et al.’ 

Yet another example of the intermittent instrument is flow injection analysis (FIA). Here, 
a well-defined volume of sample is injected by means of a valve into a carrier liquid stream. 
As the sample zone moves through the channel, it disperses into and reacts with the carrier 
stream on its way toward a flow cell containing a detector. FIA may be conveniently thought 
of as an on-line alternative to manual wet chemical analysis.* The major advantages of the 
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TABLE 1 

The Five Modes of Process Analytical Chemistry 

Mode Name Current example Future example 

First Off-line Gas chromatography-mass spec- Capillary electrophoresis with tan- 

trometry (GC-MS) dem MS detection 

Second At-line Colorimeter Flow injection analyzer 

Third On-line (intermittent) Capillary GC Microbore liquid chromatography 

(LC) 
Third On-line (continuous) Correlation IR FTIR using reflectance cell 

Fourth In-line Conductivity sensor Micro UV-Vis with fiber optic 

probe 

Fifth Noninvasive Diffuse reflectance NIR Multifrequency microwave radar 

FIA approach are its high throughput, reliability, and excellent precision. FIA is an appealing 

paradigm for development of an automated universal microlaboratory that integrates the 

functions of sample acquisition, cleanup, concentration, separation, and sensing/identifi- 
cation. 

Optical spectroscopy encompassing the ultraviolet-visible (UV-Vis), near infrared (NIR), 

and mid-infrared (IR) can form the basis for continuous on-line process analyzers. The state 

of the art in IR instrumentation for the laboratory is, of course, the Fourier transform IR 

(FTIR), and recently such instruments have become rugged enough to envisage their use 

on-line. A particular problem for IR is the extremely strong absorption by water, which 

limits the pathlengths to micrometer dimensions. 

For a liquid stream, attenuated total reflectance offers a way to eliminate ultranarrow 

pathlength cells and their attendant difficulties with blockage from particulate matter in the 

sample and interference fringes. In addition, this approach is very well suited to analysis of 

multiphase bioprocesses. The cylindrical geometry cell provides a simple method for im- 

plementing attenuated total reflectance technology in a form readily adapted to bioprocess 

applications.° 

Phillips and colleagues'® have provided a demonstration of the potential of FTIR spec- 

troscopy with an attenuated total reflectance cell to monitor substrate and product concen- 

trations in broths. Their system monitors analyte concentrations in the physiological ranges, 

despite the presence of water, microorganisms, and major and minor trace media components. 

While the method is not yet either reliable or accurate enough for routine use, further work 

is clearly justified. 

In the UV-Vis arena, great strides in technology have made scanning versions of these 

instruments far more rugged and reliable. Three key concepts are (1) the adaptation of single- 

beam techniques that use stored baselines rather than mechanically sampled reference and 

sample compartments, (2) the use of concave holographic gratings that yield acceptable stray 

light rejection in a single monochromator and eliminate the need for collimating mirrors, 

and (3) the introduction of photodiode arrays that eliminate mechanical scanning of the 

grating.'' To a classical analytical chemist, the use of UV-Vis spectroscopy on highly 

scattering suspensions of yeast to make quantitative measurements would seem impossible. 

Nevertheless, Chance and his colleagues have been successfully characterizing the redox 

states of cytochromes in suspensions of yeast, mitochondria, and photosynthetic bacteria for 

a number of years.'* Second-derivative spectroscopy has proved especially useful in this 

regard, since it is relatively insensitive to baseline offsets." 

B. IN-LINE 
The major disadvantage of on-line analysis is the need to construct a separate analytical 

line that properly samples the main stream and presents it to the instrument at a suitable 

temperature and pressure. This has led to the fourth mode: in-line process analytical chem- 
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FIGURE 1D. 

Non-Invasive 

FIGURE IE. 

istry. Here, chemical analysis is done in situ, directly inside the process line, using a probe 

that is chemically sensitive. In its ideal form, the device might resemble a typical industrial 

temperature probe. Such an implementation would obviously be attractive to process en- 

gineers. 

The key to scaling down chemical sensors is widely held to be their fabrication using 

tools that originate in the microelectronics revolution: microlithography and micromachin- 

ing.* Virtually all of the microsensors fabricated to date use a two-step detection scheme 

(see Tables 2 and 3). In the first stage, chemical selectivity is obtained by means of a 

chemical transformation or by physisorption or chemisorption to a chemically selective 

surface. In the second stage, some physical consequence of the chemically selective stage, 

such as release of heat, change of optical absorption, etc., is converted to an electrical signal 

by means of a suitable microtransducer. 

The most noted of the microsensors are the ChemFET and the ISFET."* The latter was 

first reported by Bergveld'** over 15 years ago and arose from a desire to scale down common 

pH or ion-specific electrode technology. It is therefore important to note that such devices 

share all of the advantages and disadvantages of potentiometric electrochemical detectors. 

It is now widely appreciated that to develop long-lived, reliable versions of these devices 

will require considerable development in encapsulation and packaging technology. 
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TABLE 2 

Methods Employed in 

Microsensors to Obtain 

Chemical Selectivity 

Chemical transformations 

Electrochemical 

Enzyme catalyzed 

Physisorption to a surface 

From gas phase 

From liquid phase 

Binding to an immobilized receptor 

Immunoadsorption 

Ion exchange 

Membrane transport 

Electrolyte separation 

TABLE 3 

Techniques for Detection/Transduction 

Employed by Chemical Microsensors 

Physical property Transducer(s) 

Chemical potential Field effect transistor 

Optical Photodiode 

Heat Thermistor, pyroelectric 

Mass Piezoelectric balance 

Mass Surface acoustic wave 

Conduction Dielectrometer 

Surface resistance Chemiresistor, Taguchi 

Current flow Ampometer 

In the ChemFET, the ion-selective membrane is replaced by a chemically selective layer. 

Janata has pioneered the use of this approach for biochemical detection developing enzyme- 

based (EnFET) and antibody-based (ImmunoFET) field effect transistors. One of the major 

issues in the design of these microsensors is response optimization. The interested reader is 

referred to a very sobering paper by Janata’s group that shows the multitude of considerations 

involved.'° 

A second class of microsensors takes advantage of the electro-optical revolution: fiber 

optic sensors.’ Here, probe light is generated remotely and is conveyed to the sensor end 

by a light guide, where it interacts with a chemical probe by absorption, scattering, fluorescence, 

or Raman emission. The light, which has been encoded with chemical information, is then 

returned by the same or a second light guide to an electro-optical transducer that creates the 

desired electrical signal. Such an optical technique is very versatile. One has the entire range 

of chemistries developed over the years as ‘‘spot tests’’ to provide inspiration. Many of 

these can be immobilized onto glass or polymer beads and encapsulated into microcuvettes 

to form all sorts of ‘‘optrodes’’. 

Thus far, we have confined our thinking about chemical microsensors to the one sensor/ 

one analyte concept. However, much more is possible, and we find it useful to think in 

terms of a hierarchy of complexity of devices that the microelectronics paradigm provides, 

with the simple, single sensors as the first level, sensor arrays as the second, optical spec- 

trometers as the third, and the integrated chemical microlaboratory as the fourth level of 
complexity. 

The second level in the hierarchy is the sensor array. Here, the ability to use micro- 

lithography to fabricate multiple sensors on one chip is an obvious way to avoid the cum- 
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bersomeness of multiple probes for multiple analytes. The straightforward approach to the 

implementation of a multifunction sensor is to devote one sensor to each analyte of interest. 

However, this method does not address the weil-known problem of interferences in the 

chemical selectivity step. An alternative strategy is to use a set of relatively unselective 

sensors, each one of which has a different response profile to all of the analytes of interest.!° 

In this case, the array generates a response pattern that may be analyzed by various powerful 

methods of multivariate statistics and pattern recognition. The combination of sensor array 

and data processing constitutes a robust analytical system that can yield simultaneous mul- 

ticomponent analyses with the capability of recognizing and correcting for interferences and 

drift.’ The same multivariate methods may also be used to optimize specific multicomponent 

analysis problems by selecting the minimum number of sensors or sensing channels (e.g., 

wavelengths) to yield optimal performance. '* 

The third member of the microsensor hierarchy is the ultraminiature optical spectrometer. 

One possible approach employs the highly successful optical imaging device, which is a 

microfabricated array of photosensors. Previously, these devices have been used as electronic 

photographic plates in conjunction with conventional spectrographs. Alternatively, extremely 

small “‘solid-state’’ spectrometers have been constructed using tiny diffraction gratings and 

graded index of refraction lenses as collimators.'? Unfortunately, diffraction gratings do not 

scale down very well because, due to the fixed range of useful wavelengths, fewer and 

fewer grating lines are sampled and lower resolution results. A different approach is mul- 

tibeam interferometry, which is widely known as the basis of interference filters. Here, 

wavelength analysis takes place over the dimensions of micrometers (rather than centimeters). 

One suitable implementation of this concept is the linear interference wedge filter, in which 

the wavelength of maximum transmission varies continuously along one axis. A prototype 

compact planar spectrometer using a wedge filter and linear array detector was found to 

give quite acceptable results” in terms of sensitivity, linearity, and resolution. 

The remaining member of the hierarchy is the chemical microlaboratory. The goal is to 

integrate all of the functions of a chemical analysis laboratory in a unit no larger than a 

credit card. The key to this development is the integration of microconduits, microvalves, 

and microsensors by various types of hybrid circuit fabrication techniques.*’ The electronic 

and optical sensors described above should last much longer when incorporated into a 

microlaboratory because of extensive sample conditioning and intermittent use. 

C. NONINVASIVE 
The final mode of bioprocess analytical chemistry uses noninvasive methods and rep- 

resents the ultimate in desirability. Because the probe does not physically contact the sample, 

the sampling problem is greatly alleviated. This mode obviously has a great deal in common 

with remote sensing and nondestructive testing. This point has been emphasized by Clark 

and co-workers” in their review of biosensing for bioreactor monitoring and control. 

NIR spectroscopy from 700 to 1100 nm has much to offer?’ in this regard. First, the 

extinction coefficients in this region are very small and allow pathlengths of 0.5 to 20 cm 

for clear solutions. For the most part, absorptions in this region arise from the second and 

third overtones of CH, OH, and NH stretches together with combination bands from other 

vibrations. Since these are highly forbidden transitions, most materials are very transparent 

(exceptions are metals and graphite-containing composites). At these optical distances, a 

thin layer of adsorbed material in the windows does not fatally degrade the results. Also, 

quantitative measurements of highly scattering materials can be made because scattering 

coefficients are much greater than absorption coefficients. As a consequence, both diffuse 

log inverse reflectance and diffuse absorbance measurements show good linear correlation 

with analyte concentration. Diffuse reflectance is particularly useful because only a single 

window into the process need be established. In addition, the high degree of light scattering 
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results in the sampling of a large volume. Also, the hardware is very inexpensive and 

employs readily available fiber optic components, conventional monochromators, tungsten 

lamps, and silicon detectors. Finally, the spectra are characterized by an extremely high 

signal-to-noise ratio. Thus, very subtle shifts in the spectra, which might go undetected by 

the unaided eye, can become the basis for highly successful analytical procedures developed 

by computer learning methods. 

Another noninvasive technology to consider is ultrasound. The major use of ultrasound 

has been for outline imaging of flaws, employing reflections from index of refraction bound- 

aries. However, a recent paper makes a strong case for further research into the mechanisms 

for ultrasound absorption, which is based, at least in part, on chemical composition.” 

Ill. THE ROLE OF CHEMOMETRICS 

We have now completed an outline of some of the possibilities for chemical sensing in 

the service of process analysis. It remains to describe how to analyze the data from the array 

of instruments and sensors that have been placed on-line. Our approach is empirical and 

involves the use of multivariate statistical calibration.”° In this method, the computer is 

provided with a training set consisting of both the spectrum of each of the samples and the 

corresponding set of properties measured by an independent reference method. It is important 

that the training set consist of representative samples whose variation spans that of the set 

of all samples which might reasonably be encountered by the method. Once the data set is 

acquired, the computer searches for correlations between the spectra and the sought-after 

property. Eventually, a transformation vector is produced that, when multiplied by the 

spectral vector, yields an estimate for the property. Once the derived transformation vector 

has been validated with a double-blind study of a second set of samples for which spectra 

and properties have both been measured, the method is ready for use. 

As examples of this, consider the results obtained by Phillips and co-workers,'° in which 

fermentation broths were analyzed simultaneously for lumped media, glucose, ethanol, and 

glycerol using FTIR spectroscopy in the 2000 to 1000 cm™' range. Using multivariate 

analysis, quantitation was obtained despite severely overlapping spectra. Equally impressive 

is the routine analysis of wheat for starch, moisture, and protein content.?? This method 

uses NIR reflectance spectroscopy and multivariate statistics; its precision and accuracy are 

excellent, and the measurement requires only the grinding of the wheat to a uniform texture 

followed by a 10-s spectral measurement. 

Such measurements need not be confined to the determination of chemical composition. 

In the case of gasoline, for example, a study of 43 samples of unleaded gasoline of known 

octane number was made using NIR spectroscopy over fiber optics. By simple step-forward 

multilinear regression, a linear equation involving only absorptions at three wavelengths 

was found that correlated with the reference octane number with an error of 0.3 octane, the 

known precision of the octane engine.*° Further studies involving a wider variety of samples 

will clearly be required to verify the method and to assure its robustness, but the effort is 

justified because the spectroscopic test takes only 20 s, and the instrumentation costs far 

less and requires considerably less maintenance than a knock engine. 

Another advantage of on-line spectroscopy is that a number of properties, both chemical 

and physical, can be measured simultaneously from one spectrum. In the case of gasoline, 

we have been able to correlate the spectrum to both research and motor octane, atmospheric 

pressure ionization (API) density, Reid vapor pressure, distillation points and total aromatics, 
olefins, and aliphatics — eight tests in 20 s. 

One of the most intriguing aspects of multivariate calibration is the capability of gen- 

erating a correlation spectrum that is associated with a particular property.”” This may prove 

to be an extremely valuable tool in materials research: for example, the correlation spectrum 
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of tensile strength might reveal the presence of specific supramolecular structures or unique 

intermolecular bonds that determine the specific property. Such knowledge could lead to 

new materials with significantly improved properties. Thus, multivariate calibration could 

also become a tool for discovery. 

IV. APPLICABILITY TO BIOPROCESS ANALYSIS 

How can these advances be applied to bioprocess analysis? Let us start with the obser- 

vation that optical spectroscopies contain considerable information about the physiological 

status of a cell population. In the visible range, one obtains data on the oxidation states of 

cytochromes in the mitochondria. In the NIR and IR, one obtains information about bulk 

constituents such as protein, substrates, products, media, etc. Thus, information directly 

related to the physiological status of a cell culture is contained within these spectra. Un- 

fortunately, the information is often present in an obscure form, and we have no ‘‘first 

principles’’ theory for obtaining it. However, multivariate statistics offers an approach. All 

that is needed is an independent method for measuring the desired set of properties. Provided 

that the signal-to-noise ratio is high enough, the information can be retrieved. If such highly 

relevant parameters as total cell mass, percent viable cells, percent synthesizing DNA, etc. 

can be obtained on a routine basis, better control is sure to result. 
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Chapter 17 

MASS FABRICATED ION, GAS, AND ENZYME MULTISPECIES 
SENSORS USING INTEGRATED CIRCUIT TECHNOLOGY 

I. R. Lauks, H. J. Wieck, N. J. Smit, S. Cozzette, G. Davis, and S. Piznik 
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I. INTRODUCTION 

Significant growth in the development and application of electrochemical sensors has 

occurred in the last 20 years. Research activity has largely focused on two areas: the 

improvement of membranes, particularly for use in biological fluids, and the establishment 

of the fluids and delivery systems under which the electrodes optimally perform. More 

recently, attention has been given to developing sensors broader in scope than traditional 

ion-selective electrodes (ISEs) (e.g., enzyme-based electrodes) for various metabolites, as 

well as higher sensitivity immunosensors.* With the basic chemistry and structure of elec- 

trochemical sensors being well understood, the technology is poised for further developments 

in mass fabricated devices, and a broader class of applications and configurations of particular 

interest is the fabrication of multispecies sensors to perform panels of tests. 

The approach of using semiconductor chip technology to microfabricate electrochemical 

sensors dates back to the 1970s. However, the specifics of how to implement this technology 

are only now beginning to be addressed. Initially, it was thought that the best approach was 

to develop sensing structures that were integral to the electronics — hence, the prolif- 

eration of research programs involving ion-sensitive field effect transistors (ISFETs) or 

ChemFETs.** Unfortunately, the ChemFET is based upon sensing a charge buildup in a 

chemically sensitive membrane placed over the gate insulator of a field effect transistor 

(FET), which places the sensing and transduction functions in close proximity. This has led 

to new and stringent encapsulation requirements. While some of these programs have had 

success in terms of working structures, many have fallen by the wayside. An alternative 

design separates the electrode and electronic functions, thereby retaining the advantage of 

the macroelectrodes while allowing mass fabrication. An additional problem which was not 

adequately addressed was the issue of mass fabrication, including the issue of automated 

encapsulation and membrane deposition. 

II. MANUFACTURING APPROACH 

Our approach was to focus almost exclusively on the manufacturing technology by 

developing a method for planar fabrication of several classes of electrochemical sensors. 

First, we focused on a design for the interface to the integrated electronics which permits 

standard silicon processing. Hence, conventional low-noise, high-input impedance opera- 

tional amplifiers were employed to buffer the potentiometric signals into an analog multi- 

plexer. The electronic section could then be fully passivated and encapsulated at the wafer 

level. Next, we turned our attention to chemically sensitive layers that permit thin film 

processing and form the basis for broad classes of sensors. One of the materials specially 

developed for this was amorphous iridium oxide, which behaves well as a pH electrode. 

Finally, the techniques of micropatterning these thin films at the wafer level have been 

developed so that we now are ready to mass fabricate sensors. 

Figure | shows electronic layouts for two different combinations of sensors. One (Figure 

1A) is a purely potentiometric interface, while Figure 1B shows the interface required for 

a blood gas chip. The latter contains a single-ended and differential voltage follower for the 

pH and CO, sensors, respectively, together with a potentiostat and a current-to-voltage 

converter for the O, sensor. Both interfaces employ a multiplexer so as to present a common 

interconnection to an instrument. These have been designed and implemented using standard 

complementary metal oxide semiconductor (CMOS) circuitry, thereby avoiding needless 

development effort on our part. The actual sensor-amplifier interface is shown in Figure 2. 

In order to reduce leakage currents to a minimum, the lines connecting the sensors to the 

amplifiers employ both a signal line and a guard line. This is bootstrapped to the amplifier 
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FIGURE 1. Miultispecies chip designs. (A) Seven-species potentiometric interface with temperature; 

(B) a single-ended potentiometric, a differential potentiometric, and an amperometric interface, 

designed for a blood gas and pH multispecies chip. 
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FIGURE 2. Interface between the sensor and the preamplifier, showing the shielded signal line. 

output in order to reduce signal line capacitance. Figure 3 shows the actual layout of the 

seven-species potentiometric chip of Figure 1A. The significant separation of the sensors 

from the electronics is chosen to simplify integration into an analytical system. 

Ill. MULTISENSOR DESIGN 

The thin film technology can be divided into three classes of sensor structures; these 

are shown in Figure 4. Figure 4a shows the iridium oxide pH sensor and the halide sensors, 

where a single film is deposited onto the metalized conducting signal line. Figure 4b depicts 

the next class of structures, which are the basic ISEs and gas sensors. In these, a solid-state 

structure is used as a base. On top of this is patterned a hydrogel containing various anions 

and cations of interest. This acts as a faradic interface between the solid-state structure and 

the selective membrane patterned on top. For the potassium and calcium electrode the 

selective membrane would be a PVC doped with the appropriate ionophore, while for the 

gas sensors a gas-conducting membrane, such as a silicone rubber, might be used. The third 

class of structures uses patterned hydrophilic conductive membranes into which specific 

enzymes have been immobilized. With this structure, various metabolites such as glucose, 

urea, creatinine, etc. can be measured. It is well known that for the amperometric-based 

enzyme sensors, redox species such as ascorbate and glutathione are significant interferers. 

With the ability to make matched pairs of sensors, it is possible to treat such interferers as 

a common mode signal if only one of the sensors is sensitive to the metabolite being 
determined. 

IV. RESULTS OF EXPERIMENTAL TESTS 

A previous paper discussed the response characteristics of microfabricated sensors.° 

Speed of response as well as linearity in aqueous buffered solution have been demonstrated. 

Figures 5 and 6 show correlation studies for microfabricated potassium and glucose sensors 

in biological fluids. Both the potentiometric potassium sensor and the enzyme-based am- 

perometric glucose sensor exhibit good correlation when results using these electrodes are 

compared with results derived from a traditional clinical chemistry analyzer. Figure 5 also 

demonstrates the sensor-to-sensor reproducibilities obtainable using integrated circuit fab- 
rication technology. 
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FIGURE 3. Actual electronic layout of the potentiometric chip shown in Figure 1A. 

V. APPLICATIONS 

Given that these sensors can be completely fabricated with a wafer level process, it is 

possible to achieve very low multispecies chip manufacturing costs for high-volume appli- 

cations where disposable or quasidisposable sensors make sense. In this light, it is interesting 

to note that almost all of the assays performed in a clinical laboratory take place in disposable 

cuvettes. Many of these assays require precise dilution of the sample, leading to expensive 

instrumentation. On the other hand, the sensors in a traditional ISE instrument are in direct 

contact with the sample. This places considerable burden on the operator to maintain the 

sensors in a fully functional state. Although a key advantage of ISEs is that no sample 
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FIGURE 4. Sensor structures. (a) Solid state; (b) selective membranes; (c) immobilized 

enzymes. 

dilution is required, this advantage is offset by more complex fluidics used to maintain the 

sensors. If, however, the sensor price is low enough, one can envisage an instrument in 

which the sensors are disposable or are incorporated into a limited-use cartridge. Such a 

system would compete favorably with those in the clinical and physician’s office labs, 

especially as whole blood can be used with no sample dilution required. An example of a 

disposable cartridge is the open-heart sensor pack developed by Diamond Sensors. Arden 

Medical has demonstrated disposable sensor cards for both the physician’s office and the 

critical care settings in hospitals. All of these systems are much simpler to operate than the 

conventional ISEs because the sensors are disposable. While these companies have addressed 

the mass fabrication of the sensors, their technology limits them in the final cost of the 

devices. Consequently, prices for the disposable devices range from several dollars to several 

hundreds of dollars. 

Miniaturized, low-cost sensors also find application in catheters for blood gas deter- 

minations in an arterial line or a syringe. The present means of performing blood gas analyses 

is to draw a sample, pack it in ice, and send it to the stat lab where the blood gas instrument 
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FIGURE 5. Correlation of results obtained using microfabricated potassium electrodes. 

resides. The sample is then manually warmed and run on the instrument. The data then have 

to be transferred back to the patient’s site. This laborious procedure can be avoided completely 

if the sensors can be molded into a syringe or arterial line. One very obvious application 

for a miniaturized, multispecies Na, Cl chip is in a disposable cystic fibrosis screening test. 

The present method of transferring sweat from the patient’s skin to the ISE analyzer via 

gauze and a test tube is both time consuming and technique dependent. 

Table 1 summarizes the wide variety of medical applications which exist for multispecies 

chemical microsensors if, as it appears, they can be completely planar fabricated at the wafer 

level. 
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TABLE 1 

Medical Applications for Multispecies Chemical 

Microsensors 

Disposable electrodes (e.g., for cystic fibrosis screening) 

Clinical analyzers 

Stat analyzers 

Analyzers for the 

Physician’s office 

Bedside 

Patient’s home 

tC) Clinical monitors 

Noninvasive: 

Transcutaneous 

Eyelid 

Oral 

Extracorporeal: 

Open-heart 

Dialysis 

In vivo, on-line: 

Critical care 

Anesthesiology 

Drug delivery 

Fetal scalp 

Esophageal and gastric (e.g., pH) 
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I. INTRODUCTION 

Mutation/selection or genetic engineering techniques employed to increase product yield 

in fermentations often only alleviate metabolic regulation occurring at or near the end of a 

biosynthetic chain that leads to that particular product. However, microorganisms have 

evolved biosynthetic pathways to produce energy and metabolites necessary for growth and 

replication, not for the overproduction of specific biocompounds. Consequently, not only 

does the regulation of the product of interest need to be removed, but also the main fueling 

reactions of the cell must be rerouted in such a way as to channel the main carbon flux into 

the biosynthetic pathway required for product synthesis. 

To achieve, or at least approach, theoretical product yields in an optimal manner, one 

must know how carbon partitioning occurs between the fueling reactions, biomass, and 

product. This necessitates the development of means to determine the partitioning of carbon 

flux between the primary biosynthetic pathways. Once acquired, this information can be 

used to rechannel the carbon in the fueling reactions into the product pathway by amplification 

or attenuation of the enzymes associated with the limiting reactions. This type of global 

modification process has been termed metabolic engineering, yet there does not exist any 

simple way to determine the flux of carbon through the primary metabolic pathways. 

Although the fluxes can be estimated, in theory, by constructing a set of differential 

equations to model the concentrations of the important metabolites in the network, these 

models rely on the regulatory and kinetic properties of individual enzymes in the network. 

These enzymes are poorly understood or not known at all for most microbes. Even though 

such models are useful, kinetic and regulatory information of individual enzymes in vitro 

does not necessarily indicate how the overall biosynthetic network functions as a whole in 

vivo. As will be shown, models this detailed are not necessary to estimate the fluxes in the 

network. 

Experimentally, it is possible, to a limited extent, to calculate the carbon flux on the 

basis of radiocarbon labeling experiments; however, these experiments often disrupt the 

cellular environment, are difficult and expensive to conduct, and cannot be used in a fer- 

mentation environment due to the large volumes involved. 

We have developed a methodology that determines the carbon flux through the primary 

biosynthetic pathways employed for product synthesis from measurements of extracellular 

metabolites only. This algorithm, presented in Section II, couples measurements of extra- 

cellular metabolites with the known metabolic pathways of the microbe of interest, and a 

pseudo-steady-state (PSS) approximation for intracellular metabolites is used to generate a 

bioreaction network equation. Once constructed, singularity and sensitivity analysis routines 

determine if the system is well posed. Often these algebraic systems have more equations 

than unknowns; consequently, redundancy analysis is used to check the consistency of 

measurements and the PSS approximations. Least-squares or quadratic programming tech- 

niques are employed to solve the equation and produce an estimate of the carbon flux. 

The actual fermentation being studied is the production of lysine from glucose by 

Corynebacterium glutamicum. This process is a good example of mutation/selection tech- 

niques employed to construct production mutants free of feedback regulation by lysine and 

threonine on aspartate kinase. However, these fermentations have molar yields (moles lysine 

produced per mole glucose consumed) of approximately 30 to 40%,' while the theoretical 

maximum is about 75%? when NADPH, is assumed not to be equivalent to NADH, and 

about 86%* when NADPH, and NADH, are assumed to be equivalent. The difference in 

theoretical yields is caused by CO, evolution in the pentose phosphate pathway (PPP) when 

it is used to generate NADPH,. Since essentially no other products are produced and biomass 

synthesis is minimal, glucose is simply being oxidized to carbon dioxide and water. Con- 
sequently, it might be possible to redirect this carbon flux into lysine. Literature data from 
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FIGURE 1. Bioreaction network for lysine production by glutamic acid bacteria. 

a lysine fermentation of Brevibacterium are used to illustrate the methodology, since Brevi- 

bacterium species that produce lysine or glutamate are basically identical to C. glutamicum 

for our purposes. 

Il. METHODOLOGY 

Consider the simplified biosynthetic reaction network for lysine production by glutamic 

acid bacteria illustrated in Figure 1. The estimation of the carbon flux through each reaction 

in this network from extracellular measurements is the desired goal. Although this simplified 

network is used to represent cellular metabolism, it is quite obvious that not all biosynthetic 

reactions have been incorporated. There are thousands of such reactions; to include them 

all would be impractical. The first step in the development of the methodology is to extract 
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those reactions that represent the major carbon fluxes. This information can usually be found 

in the literature. 
To construct a simplified network, the main fueling and metabolite-generating bioreac- 

tions, such as the Embden-Meyerhof-Parnas pathway, the PPP, the Krebs or tricarboxylic 

acid (TCA) cycle, and the glyoxylate shunt, are assembled. In order to maintain observability 

of the overall network from extracellular measurements, the pathways that couple extracel- 

lular metabolites (including the product) to the fueling reactions must be included. Since a 

PSS approximation will be used for intracellular metabolites, regenerating reactions such as 

those for ATP and NAD via the respiratory chain are included to insure that no intracellular 

metabolite has a net production or consumption. Elaborate or ill-defined pathways, such as 

biomass synthesis or maintenance requirements, must be expressed as lumped reactions (the 

details of lumping will be explained in Section II.A). Finally, to minimize the dimensionality 

of the system, only metabolites that are involved at branch points in the biosynthetic pathways 

are considered in the network. For example, there are several metabolites between aspartyl- 

semialdehyde (ASA) and lysine (Lys); however, they need not be considered, since they 

comprise a nonbranching sequence of reactions that must all proceed at the same rate if PSS 

assumption is to be satisfied. 

The reactions used for the lysine fermentation as well as the important metabolites are 

presented in the Appendix and illustrated in Figure 1. 

A. BIOMASS AND MAINTENANCE EQUATIONS 
Of the multitude of intracellular reactions, the majority lead to the synthesis of large 

biomolecules needed for cell growth and maintenance. Although essential, the flux through 

any one such reaction represents only a small fraction of the total carbon entering the cell. 

The sum total of these reactions, however, cannot be neglected, for they represent the 

pathways through which carbon and other essential nutrients are incorporated into biomol- 

ecules. In our methodology, all such reactions are lumped into one overall biomass equation 

and coupled into the main fueling reactions. 

Ingraham et al.* have shown that biomass can be synthesized from 12 precursor me- 

tabolites, and the researchers have calculated the amounts required to form 1 g dry weight 

of biomass, as well as the amounts of ATP, NADH,, and NADPH, required for biosynthesis. 

Their analysis is similar to that of Stouthamer.° Even though the reported biomass yields 

are for Escherichia coli, they are adequate approximations for C. glutamicum for the fol- 

lowing two reasons. First, in most lysine fermentations biomass synthesis only requires 

approximately 10 to 20% of the initial glucose, and the growth rate is quite small or zero 

during lysine production. Consequently, the sensitivity of the flux estimates on the biomass 

yields is quite small, especially during lysine production. Second, we have been able to 

duplicate the biomass yields reported by Ingraham et al.* for threonine and methionine to 

within less than 5%. Therefore, the use of E. coli biomass yields for C. glutamicum is 

warranted; however, this will probably not be true for all microorganisms and/or fermen- 

tations. From the tables given by Ingraham, the lumped equation for biomass synthesis for 

C. glutamicum is shown in Table 1. 

The ATP requirement in the lumped biomass equation is the theoretical amount and is 

equivalent to an ATP yield of 28 g of biomass synthesized per mole of ATP consumed. 

The lumped equation for biomass does not account for ATP consumption due to maintenance, 

futile cycles, transport costs, or the energy required to maintain concentration gradients 

across the cell wall. Consequently, an excess amount of ATP is usually produced by the 

fueling reactions. To maintain a PSS approximation for ATP, this excess is removed by 

incorporating the following equation into the network for the conversion of ATP into ADP: 

ATP — ADP (1) 
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TABLE 1 
Lumped Biomass Equation from 

Ingraham’s Data‘ 

Substrates (moles) Products (moles) 

GLC6P (0.0205) 

FRU6P (0.0071) 

RIBSP (0.0898) 

E4P (0.0361) 

GAP (0.0129) 

G3P (0.150) 

AKG (0.058) 

OAA (0.107) 

PEP (0.0519) Biomass (1.0) 

PYR (0.125) ADP (3.89) 

ACCOA (0.327) NADP (1.37) 

NH, (0.796) NADH (0.312) 

ATP (3.89) 

NADPH (1.37) 

NAD (0.312) 

LEU (0.043)? 

MET (0.015)? 

THR (0.024)? 

LYS (0.033)? 

GLUT (0.025)? 

GLUM (0.025)? 

Note: Mol wt of biomass = 100. 

Auxotroph. 

> Pathway included. 

Although the ATP balance is not necessary for flux determination, Equation 1 is informative 

since it indicates how much excess ATP, above the theoretical, is produced by the cells. 

For the lysine fermentation, a P/O ratio of 2 is used. 

The reactions illustrated in Figure 1 and presented in the Appendix comprise the me- 

tabolism of the cell for the production of lysine by glutamic acid bacteria. A similar approach 

can be applied to any other organism for any product so long as the biochemistry is known. 

For protein products, a lumped equation similar to the biomass equation would probably 

have to be used. 

Since it is desired to estimate the extent (i.e., the flux) of each reaction in the network 

from extracellular measurements only, a metabolite balance based on the biochemistry is 

used to construct an algebraic equation for the metabolism of the cell. The development of 

this equation, called the bioreaction network equation (BRNE), is described in the next 

section and follows a similar approach established for butyric acid bacteria by Papoutsakis®’ 

for the construction of the fermentation equation. 

B. THE BIOREACTION NETWORK EQUATION 

The extent or flux of each reaction listed in the Appendix is unknown and can be 

represented as x; for the ith reaction in the network. The BRNE represents a metabolite 

balance and is constructed by determining the time rate of change of each metabolite in the 

network as a function of all the unknown flows, x;, producing or consuming that metabolite. 

For example, in the lysine fermentation the rate of production of pyruvate based on the 

reactions given in the Appendix is 

Te ag ke tg Neg — O.1 3X59 (2) 
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FIGURE 2. Example of a singular reaction network. 

The resulting set of equations for the rate of change of each metabolite in the network is 

placed in matrix form as follows: 

Ax =r (3) 

where A is the bioreaction network matrix reflecting the assumed biochemistry, r is the 

production rate vector for all the metabolites in the network, and x is the unknown flux 

vector to be determined. 

The A matrix is determined by the biochemistry of the microbe and the fermentation, 

as described above, and has a dimension of m X n, where m is the number of metabolites 

in the network, n is the number of reactions, and m = n. For the lysine fermentation, 

m = 33 andn = 31. 

1. Singularities 

A solution to the BRNE will exist provided the A matrix is nonsingular. Singularities 

in the A matrix may arise due to reaction dependence or network observability problems. 

Consider, for example, the simplified network depicted in Figure 2. In this case, Reactions 

1 and 2 are indistinguishable from the extracellular measurements of A and D, and the 

resulting A matrix would be singular. Reactions in the network that produce such singularities 

must be either lumped together or removed; in the above example, both yield the same 

result. 

When the complete TCA cycle and the glyoxylate shunt are incorporated into the network 

for lysine fermentation, a singularity arises indicating that the determination of carbon flux 

distribution between these two branches is not possible from available extracellular mea- 

surements. It has been shown, however, that a-ketoglutarate dehydrogenase (EC 1.2.4.2) 

of the TCA cycle is not active in glutamic acid bacteria® (shown as the dashed line in Figure 

1). When this reaction is removed from the network, so is the singularity. Similarly, car- 

boxylation reactions, such as the malate enzyme (EC 1.1.1.40), pyruvate carboxylase (EC 

6.4.1.1), oxaloacetate decarboxylase (EC 4.1.1.3), and phosphoenolpyruvate carboxylase 

and carboxykinase (EC 4.1.1.31 and 4.1.1.32), must be lumped into one reaction (Reaction 

8 in the Appendix). It should also be pointed out that matrix singularities are one of the 

main reasons that biosynthetic reactions are lumped into a single equation. 

Once the bioreaction network matrix, A, is assembled and reactions that produce sin- 

gularities lumped together or removed, the production rate vector, r, must be determined. 

2. Production Rate Vector 

Since biomass is treated as a product just like any other, each element of the r vector 

represents the time rate of change in total concentration of a metabolite in the network minus 

the intracellular component of that metabolite which has already been accounted for in the 

measurement of biomass, or 
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dC; dC iomass iar ie PG a a a (4) 

or 

aCe. dG, dC, 
Sy — Se! = SX biomass 

Yr; dt dt BC; and proms dt (5) 

where C7 is the total concentration of metabolite j (total moles of metabolite j per total 

volume of broth) and is equal to C? + Cj, where the superscripts E and / refer to extracellular 

and intracellular components, respectively. The subscript j refers to all metabolites listed in 

the Appendix except for biomass, and ws is the specific growth rate. Since it is desired to 

base the methodology on measurements of extracellular metabolites only, a PSS (i.e., 

balanced growth) approximation is used for all intracellular metabolites, given by 

aCe 
— = nC! 
dt zi @ 

Consequently, after substitution of Equation 6 into Equation 5, the production rate vector, 

r, simplifies to 

r, = 0 for all intracellular metabolites 

dCE , 
r, = <1 for all extracellular metabolites (7) 

and biomass 

that is, 7; is set to zero for all intracellular metabolites and r, is determined by measuring 

the production rate of the extracellular component of metabolite k. Of course, dilution and 

sampling effects on concentration data must be accounted for when appropriate. The BRNE 

is now determined completely and can be solved. 

Before presenting the solution, it is worth noting that the bioreaction network algorithm 

(BRNA) does not require information concerning intracellular control mechanisms or kinetic 

rate constants for reactions. The overall network is simply a metabolic balance governed by 

the particular biochemistry of the microbe. Consequently, the only uncertainties are the 

lumped equations and the PSS hypothesis, both of which are reasonable approximations. 

Furthermore, Equation 6, the PSS approximation, need not be held to rigorously. As long 

as r; for all intracellular metabolites, given by Equation 5, is small compared to the fluxes 

producing or consuming metabolite j, the estimated fluxes will be a valid representation of 

the true state of the cellular metabolism. 

3. Solution and Sensitivity Analysis 

The estimated flux vector, x, is given by the least squares solution? to the BRNE 3: 

x = (ATA)~'A'r (8) 

A unique solution exists to this equation, since A is of full rank and r is defined. Even 

though a solution exists, it might be very sensitive to slight perturbations in the measurements, 

r, or perturbations in the biochemistry, A. As a first check, the condition number of the 

system is calculated. The condition number is defined as 

C(A) = |lAll - ||A*|| (9) 
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where || || is any matrix norm and A® is the pseudoinverse, given as 

A* = (ATA)“!A’™ (10) 

If C(A) is small (say <100, Euclidian norm), then the system is considered well posed; 

however, if C(A) is large (say >1000, Euclidian norm), then there are possible sensitivity 

problems that should be investigated further (see Reference 9 for more details on the condition 

number). It should be noted that no measurements are. needed for the determination of the 

condition number, indicating that modifications to the biochemistry or new networks can 

be tested for sensitivity problems without conducting experiments. The condition number 

for the lysine fermentation is 62 based on the Euclidian norm. 

The sensitivity of the solution with respect to biochemistry and measurements is deter- 

mined from the appropriate derivatives shown here: 

= T At 0A Ox == oy |= = ce A + AT oy eatay tat |e (11) 
0a; 0a; da; da; 

Ox — = (ATA)~!AT (12) 
or 

0A : a 
where oe represents an m X n matrix whose ijth element is a 1 and all others 0. These 

y 

equations are similar to those presented by Boot'® and can be used to isolate sensitivity 

problems. To remove such sensitivity problems, one must again either lump reactions together 

or remove them. Equation 12 allows one to determine which metabolites require accurate 

measurement, since the derivative indicates how sensitive the solution is to a particular 

measurement. 

4. Redundancy Analysis 

This analysis follows the original work of Romagnoli and Stephanopoulos"’ and its 

application to fermentation data discussed by Wang and Stephanopoulos.’ When the row 

dimension of A, m, is greater than the column dimension, n, and the matrix is of full rank, 

then there are more equations than unknowns, indicating an over-determined system and, 

hence, the least squares solution. The m — n dependent equations can be used to check the 

consistency of the measurements, the validity of the PSS hypothesis, and possibly other 

assumptions. 

Referring to the above papers for a complete description of the gross error identification 

methodology, the essentials of the algorithm can be summarized as follows. If the redundant 

equations are satisfied by the available measurements, the latter are consistent with the 

assumed bioreaction network structure and associated assumptions. If inconsistencies are 

detected, the redundant equations may be used to identify the source of gross error among 

the measurements and PSS assumptions. This is done by systematically eliminating, one at 

a time, the measurements or steady-state assumptions and using one of the redundant equa- 

tions to determine the eliminated measurement. The remaining redundant equations are used 

to test the consistency of the resulting system of equations and measurements through the 

calculation of a statistically balanced consistency index.'* A sharp decrease in the value of 

the consistency index resulting from the elimination of a measurement or assumption is a 

strong indication of the latter being a source of error, suggesting that it be dropped from 
further consideration. 

To implement the consistency analysis described by Wang and Stephanopoulos,!? the 
independent equations of the BRNE must be removed and the resulting set of redundant 
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equations placed in the form Br = O via the following procedure. Through Gauss elimi- 

nation, the A matrix can be partitioned into an n X n upper diagonal matrix, U, and an 

m — n X n zero matrix by multiplication of the appropriate m * m permutation matrix, 
E. Equation 3 can then be expressed as 

U E,r 
EAx = | — = = fe x lol Er i] 

O 

or 

T {s ar | (13) 

where E, is the lower part of the permutation matrix whose dimension is m — n X m. 

Equation 13 is now in the appropriate form. 

The net result of the consistency analysis is the ability to detect and isolate errors in 

measurements, PSS approximations, and, to a limited extent, biochemistry. 

Following the redundancy analysis and consistency tests, a final check of the PSS 

approximation can be performed utilizing the reaction fluxes obtained from the solution of 

Equation 3. These fluxes can be used to back calculate the apparent time rates of change 

of all intracellular metabolites. The latter can then be compared to the fluxes of all reactions 

producing or consuming the corresponding metabolite. PSS will be a valid approximation 

for a metabolite if its rate of change is found to be small compared to the fluxes of the 

reactions affecting that metabolite. If a PSS approximation is found to be invalid, further 

information is needed on that particular metabolite in the form of additional measurements 

or kinetic expressions. Such metabolites can also be removed from the network, thereby 

removing the PSS constraint, provided that this does not produce a singularity in A. 

5. Additional Information 

In general, the more knowledge that can be incorporated into the flux determination 

algorithm, the more reliable the flux estimates will be. Thus far, we have not taken into 

account the directionality of reactions. It is well known that some reactions are completely 

reversible, while others are considered irreversible. Also, in rare cases a maximum rate 

might be known for a particular reaction. In either case, directionality of a reaction, or upper 

bounds on reactions rates, imposes inequality constraints on the BRNE of the type 

Ax =r subject to Cx=b (14) 

where C is the constraint matrix that dictates which reactions are constrained to be greater 

than or equal to b, which is usually taken as the zero vector. This inequality constrained 

least squares (ICLS) problem is not amenable to solution by analytical methods and must 

be solved numerically. Liew’? describes a technique for solving ICLS problems. Simply 

stated, a linearized equation is produced from the derivative of the quadratic least squares 

equation, J = (Ax — r)'(Ax — r), with respect to x. The linearized equation is solved by 

a modification of the simplex method, which is but one of the many ways to solve such 

quadratic programming problems.'* The solution to the ICLS problem is 

x = (ATA) 'A'r + (ATA) 'C'z (15) 

where z is a numerically determined k-dimensional dual vector. 

It is emphasized that the constraints should not be used to overcome an ill-posed system, 

but rather to fine tune the unconstrained solution to Equation 8. For example, if the solution 

to Equation 8 produces a slightly negative flow entering the PPP (i.e., ribulose-5-phosphate 
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TABLE 2 

Production Rates of Extracellular Metabolites'* 

Production rate (mmol/h/l) 

Time (h) Glucose Biomass Lysine Oxygen co, 

O—12 Shai: 2.92 1.10 = 1145) 13.4 

12—24 TSS 3.66 2.28 — 49.1 S225 

24—36 — 14.3 2.58 iL5%8) =Sp)-(5 Sh) 

36—48 = Kop 1.25 2.38 = Sifts) 61.9 

@ Glucose measurement not used due to inconsistency. 

producing glucose-6-phosphate), then the above constraints can be used to set this flow to 

zero. Ideally, the constraints should not be violated for a perfectly posed system (i.e., Z = 

O), but this is hard to achieve, and the constraints may add information that is not directly 

obtainable from the measurements. 

For the lysine fermentation data, no constraints were violated; consequently, Equation 

8 was used instead of Equation 15. 

C. SUMMARY OF THE ALGORITHM 
The following is a summary of the algorithm presented in the previous sections. For a 

particular microbe and fermentation, one constructs the primary biosynthetic pathways nec- 

essary for product synthesis and energy production, including those pathways necessary to 

generate the intermediate metabolites for the lumped biomass equation and those necessary 

to regenerate intracellular metabolites. These pathways can usually be found in the literature. 

The ones for the lysine fermentation are illustrated in Figure 1 and listed in the Appendix. 

These reactions are then placed in an equational form called the BRNE. The BRNE is then 

tested for singularity and sensitivity problems. Once a well-posed system is obtained (through 

lumping, etc.), production rates of all extracellular metabolites are measured experimentally 

as a function of time to determine r and are checked for consistency. This vector is then 

substituted into Equation 8 or 15, depending on whether system constraints are invoked, to 

obtain an estimate, x, of the carbon flux through the primary pathways. 

Iii. APPLICATIONS 

The algorithm was tested with literature data reported by Erickson et al.'° for a batch 

lysine fermentation of Brevibacterium (species not reported), since it has been well established!° 
that glutamic-acid-producing strains of Brevibacterium and Corynebacterium have similar 

biochemistry and should be classified under C. glutamicum. Data on the production rates 

of biomass, lysine, and carbon dioxide and the consumption rates of glucose and oxygen 

were used from that paper. These data, reported every 12 h for the first 48 h, are summarized 

in Table 2. When these data were checked for consistency, it was found (see Reference 12) 

that the calculated performance index was outside the 90% confidence level for the 0- to 

12-h and 12- to 24-h time periods. When the glucose measurement was removed, the index 

improved to within acceptable limits; therefore, the glucose measurement was not used for 

the first two time periods. 

Upon substitution of the corrected rate data into Equation 8, the flux map through the 

lysine bioreaction network of Figure 1 was generated, with the results shown in Table 3. 

The reaction numbers refer to the reactions given in the Appendix and correspond to the 
numbers listed on Figure 1. 

To compare the estimate of the flux network with experimental data, we have calculated 

the percentage of glucose entering the PPP from the flux estimate, assuming partial recycling 
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TABLE 3 

Estimated Fluxes for the Bioreaction Network in 

mmol/h/1 

Time periods (h) 

Reaction no. O—12? 12—24" 24—36 36—48 

1 5.39 13.0 14.2 15.8 

2 Wnt 5.62 8.00 8.60 

3 3.70 10.2 10.9 11.9 

4 8.60 Zhe 233 25.6 

5) 8.14 22.0 22.9 25.4 

6 7.96 21.8 22.8 253 

4 0.00 0.00 0.090 0.135 

8 0.621 GI 15.4 14.7 

9 7.04 30.7 B57 36.7 

10 3.31 14.9 17.4 18.2 

11 0.407 0.318 0.297 0.366 

12 — 1517 —2 42 = 203; — S100) 

13 2.79 14.6 ilps ier 

14 553 29.3 34.7 35.8 

15 2.83 14.6 ed 17.9 

16 2.79 14.6 17.4 18.0 

17 2.56 4.96 4.17 6.17 

18 0.0958 0.0721 0.106 0.145 

19 4.22 Teo 5.88 6.92 

20 1.62 2.69 2.27 2.58 

21 2.60 4.58 3.47 4.12 

Bp 1.35 2.36 1.87 Zee 

23 35 2.56 1.66 1.90 

24 125 223 1.44 1.67 

25 11.1 41.8 47.2 49.2 

26 1.40 7.31 8.59 8.84 

2a iL spay 2.38 1.93 2.95 

28 ihesd b7/ 2.42 2.03 3.00 

29 1.15 2.44 2.02 2.94 

30 2.91 3.67 PIP 1.45 

31 40.7 184 Pas 226 

a Glucose measurement not used. 

of fructose-6-phosphate (F6P). It has been shown by radiolabeling experiments'’*'* that the 

best method for calculating the fraction of glucose entering the PPP is to assume partial 

recycling of F6P. This assumes that the fraction of F6P that is recycled back into the PPP 

is the same as the fraction of glucose that enters the PPP. From the network shown in Figure 
1, the percentage of glucose entering the PPP, based on partial recycling, is given by 

LOOX ve — ako) 

ea ed 2, Gren, ae Ley. fo 

where x, represents the flux in reaction i, depicted in Figure 1 and listed in the Appendix. 

Oishi and Aida!® have measured, using radiorespirometry,”° the percentage of glucose en- 

tering the PPP for B. ammoniagenes in the stationary phase (i.e., no growth) and under 

high biotin concentration (20 g/l). The PPP (%) calculated from the flux estimates and 

Equation 16 along with the measurements of PPP (%) of Oishi and Aida are listed in Table 

4. 
The conditions under which Oishi and Aida conducted their experiments correspond to 
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TABLE 4 

Estimated and Measured Glucose 

Entering the Pentose Phosphate 

Pathway 

Percent Glucose Entering PPP 

Time (h) PPP (%)* * PPP (%)? 

O—12 54° — 

12—24 42° —_ 

24—36 35 —_— 

36—48 37 388 

* Calculated by partial recycle of F6P, Equa- 

tion 16. 

> Datum from Oishi and Aida.” 

¢ Glucose measurement not used. 

4 Resting cells, with 20 jg/I biotin. 

the conditions that prevail during the end of the fermentation, i.e., stationary phase and 

high biotin concentration. From Table 4 we can see that the estimated result of 35 to 37% 

glucose entering the PPP corresponds extremely well with the experimentally measured value 

of 38% for cells in stationary phase. This indicates that the estimated flux obtained from 

the BRNA does represent the true state of the metabolism in the cell for the PPP. 

Furthermore, there are some other interesting features of this flux network. Reaction 31 

indicates the amount of excess ATP produced over that quantity theoretically required. This 

flow is an order of magnitude greater than any other flux in the network and represents 

approximately 64, 82, 85, and 86% of ATP produced for the 0- to 12-h, 12- to 24-h, 24- 

to 36-h, and 36- to 48-h time periods, respectively. This finding indicates that most of the 

glucose consumed by the cells is simply oxidized to carbon dioxide’and water, and it accounts 

for the large flux of carbon cycling through the modified TCA cycle (i.e., the TCA cycle 

plus the glyoxylate shunt and the decarboxylation reaction) and the low lysine yield (20% 

molar). Consequently, if this flux can be redirected to oxaloacetate (OAA), the lysine yield 

may be increased. 

For glutamic acid production it has been proposed that Reaction 11 generates the required 

NADPH, for Reaction 17; however, this cannot be true for lysine production since, based 

on the flux network, Reaction 11 is very small compared to Reaction 17. Reaction 11 in 

this case is not large, since a-ketoglutaric acid is produced from glutamate in the lysine 

reactions (see Reactions 27 and 29); consequently, NADPH, needed for Reaction 17 must 

be generated via the PPP, which could be another limiting reaction in the production of 

lysine. 

It should also be noted that the decarboxylation reaction (Reaction 8) is essential when 

the glyoxylate shunt is functioning, which is reasonable since Reaction 8 is used to complete 

the modified TCA cycle, as postulated by Shiio et al.”! 

IV. SUMMARY 

The primary metabolic pathways of a cell have been represented by a linear equation, 

termed the BRNE. Several routines have been developed to check the singularity, sensitivity, 

and consistency of the model, and techniques have been described as means to correct these 

problems when they arise, such as lumping or removal of reactions and removal of statistically 
inconsistent measurements. 
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The biochemistry of lysine fermentation for glutamic acid bacteria has been constructed 

based on available literature data. With the carboxylation reactions lumped into one reaction 

(Reaction 8), a-ketoglutarate dehydrogenase in the TCA cycle removed, excess ATP re- 

moved via Reaction 31, and biomass synthesis represented as one reaction (Table 1), the 

bioreaction network matrix A is nonsingular and has a dimension of 33 x 31 and a condition 

number of 62. The corresponding biochemical reactions are listed in the Appendix. 

The fluxes generated by the unconstrained solution, Equation 8, from Erickson’s data 

appear reasonable, and the percentage of glucose entering the PPP calculated from the flux 

estimates correlates well with experimental data presented by Oishi and Aida.'° It also appears 

that the low lysine yield of 20% molar might be caused by overproduction of ATP by the 

oxidative pathways of glutamic acid bacteria. 
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APPENDIX: BIOCHEMISTRY AND METABOLITES* 

The following reactions are used to describe the metabolism of glutamic acid bacteria 

for lysine fermentation. Also given are the important metabolites considered. From this 

information the bioreaction network matrix, A, is constructed. 

A. BIOCHEMICAL REACTIONS 

Embden-Meyerhof-Parnas Pathway 

1. GLC + ATP — GLC6P + ADP 

. GLC6P <— FRU6P 

. FRU6P + ATP — 2 GAP + ADP 

. GAP + ADP + NAD — NADH + G3P + ATP 

CBI Oo g eee 13 M8) 
. PEP + ADP —> ATP + PYR 

. PYR + NADH @ LAC + NAD NANDANFS WN 

Carboxylation Reactions 

8. OAA — PYR + CO, 

TCA Cycle 
9. PYR + COA + NAD — ACCOA + CO, + NADH 

10. ACCOA + OAA + H,O = ISOCIT + COA 

11. ISOCIT + NADP <— AKG + NADPH + CO, 

12. SUCCOA + ADP <= SUC + COA + ATP 

13. SUC + H,O + FAD = MAL + FADH 

14. MAL + NAD = OAA + NADH 

Glyoxylate Shunt 

15. ISOCIT < SUC + GLYOX 

16. ACCOA + GLYOX + H,O ~ MAL + COA 

* See Appendix Section B for abbreviation designations. 
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Glutamate and Glutamine Production 

ae 

18. 

NH, + AKG + NADPH ~ GLUT + H,O + NADP 

GLUT + NH, + ATP— GLUM + ADP 

Pentose Phosphate Cycle 

19: 

20. 

21. 

22. 

PLY 

24. 

GLC6P + H,O + 2 NADP — RIBUSP + CO, + 2 NADPH 

RIBUSP < RIB5SP 

RIBUSP < XYLSP 

XYLSP + RIBSP < SED7P + GAP 

SED7P + GAP < FRU6P + E4P 

XYLS5P + E4P <— FRU6P + GAP 

ATP Generation; P/O = 2 

Za: 

26. 

2 NADH + O;, + 4 ADP —2 50 4ATP +2 NAD 

2-PADH +30;42 ADP > 2.HOet 22ATPah BAD 

Aspartate Family 

ville 

28. 

29: 

OAA + GLUT <= ASP + AKG 

ASP + NADPH + ATP — ASA + ADP + NADP 

ASA + PYR + NADPH + SUCCOA + GLUT — SUC + AKG + CO, + H,O 

+ LYS + NADP + COA 

Biomass Production; Assume Mol Wt (Biomass) = 100 

30. 0.0205 GLC6P + 0.00709 FRU6P + 0.0898 RIBSP + 0.0361 E4P + 0.0129 GAP 

+ 0:15 G3P + 0.0519-PEP. +> 0.125 PYR, F40.3277ACCOAs =-7.0:053 AKGe 

0.107 OAA + 0.0326 LYS + 0.796 NH, + 0.025 GLUT + 0.025 GLUM + 3.89 

ATP + 1.37 NADPH + 0.312 NAD = BIOMASS + 3.89 ADP + 1.37 NADP 

+ 0.312 NADH 

Unaccounted for ATP Requirements 

Sle ATP — ADP 

B. LIST OF IMPORTANT METABOLITES 

Each metabolite listed below corresponds to one element of the r vector. 

—_ SF OMANNN FP WNDY 

— — 

eee Nn WNW 

. Acetyl coenzyme A (ACCOA) 17. Glyoxylate (GLYOX) 

. a-Ketoglutarate (AKG) 18. Isocitrate (ISOCIT) 

. Aspartate semialdehyde (ASA) 19. Lactate (LAC) 

. Aspartate (ASP) 20. Lysine (LYS) 

. Adenosine 5’-triphosphate (ATP) 21. Malate (MAL) 

. BIOMASS 22. NADH 

eCO; 23. NADPH 

. Erythrose-4-phosphate (E4P) 24. O, 

. Flavin adenine dinucleotide (FADH) 25. Oxalocetate (OAA) 

. Fructose-6-phosphate (FRU6P) 26. Phosphoenolpyruvate (PEP) 

. 3-Phosphoglycerate (G3P) 27. Pyruvate (PYR) 

. Glyceraldehyde-3-phosphate (GAP) 28. Ribose-5-phosphate (RIBSP) 

. Glucose (GLC) 29. Rubulose-5-phosphate (RIBUSP) 

. Glucose-6-phosphate (GLC6P) 30. Sedoheptalose-7-phosphate (SED7P) 

. Glutamine (GLUM) 31. Succinate (SUC) 

. Glutamate (GLUT) 32. Succinyl CoA (SUCCOA) 

33. Xylulose-5-phosphate (X YL5P) 
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Part 4. Bioseparations I — Free Fluid Methods 

Labile biological products and living cells present very special purification problems. 

The required downstream processes are themselves a considerable subject for research. 

Free fluid methods are preferred in cases where precipitation and adsorption result in loss 

of activity. Solid and semisolid purification media are seldom applicable to large-scale 

separation of particulates such as living cells and subcellular particles. The first three 

chapters deal with free electrophoresis, and they progress from basic testing to recent 

developments in scaleup to testing that utilizes the microgravity environment. Similarly, two- 

aqueous-phase systems are themselves the subject of research and are only gradually finding 

their way into routine processing. These systems can also be used in the presence of 

particulates and are much easier to scale up then electrophoresis methods, which require 

efficient heat rejection. The issues of monitoring and analysis of fractions are also addressed. 
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Chapter 19 

ANALYTICAL CELL ELECTROPHORESIS AS A TOOL IN 
PREPARATIVE CELL ELECTROPHORESIS 

Paul Todd, Jeffrey Kurdyla, Burton E. Sarnoff, and William Elsasser 
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I. INTRODUCTION 

A number of applications of analytical electrophoresis to problems in cell biology have 

been studied over the past two decades. Most applications have been to problems of he- 

matology and immunology. In such studies, particular investigators'® reported electropho- 

retic mobility values and/or distributions of particular cell subpopulations, typically from 

peripheral human blood. The type of cell in each analyzed subpopulation could not always 

be identified, as the cells were not separated and analyzed after electrophoresis, but sometimes 

previously separated subpopulations were used as electrophoretic mobility landmarks. 

Conversely, preparative electrophoresis has successfully separated a variety of cell types, 

such as B and T murine lymphocytes,’ graft-vs.-host bone marrow cells,* and functional 

cells of the kidney? !? and pituitary.!*'> Continuous free-flow electrophoresis (CFE)”'°’” 

and density gradient electrophoresis'':'*:'* have been the preparative methods of choice. Such 

processes as particle sedimentation,’ droplet sedimentation,'* field-flow separation,'® elec- 

trohydrodynamics,'’ and Poiseuille and electroosmotic flow profiles’® are known to affect 

particle motion under most conditions of preparative free electrophoresis. Nevertheless, it 

is routinely assumed that migration distance in the free fluid chambers of these systems is 

proportional to electrophoretic mobility (EPM) and that separated cells are collected in 

fractions based on EPM and not other physical variables; however, this thesis has been 

subjected to very limited testing. 

The purpose of this chapter is to review and present the results of experiments with 

living cells and test particles in which postseparation analytical electrophoresis (in which 

the above processes are not pertinent) was used to determine the EPM of separated sub- 

populations. 

Il. REVIEW 

Sedimentation is one of the physical variables most likely to interfere with the purely 

electrokinetic separation of suspended particles.'”'’ Preparative cell electrophoresis exper- 
iments have been performed in the absence of sedimentation and buoyancy using orbital 

space flight as a means of eliminating inertial acceleration.'”"'**? These are the only prep- 

arative cell electrophoresis experiments in which the EPM of collected subpopulations was 

measured, and only two experiments have been reported, both involving human embryonic 

kidney (HEK) cells from primary cultures. 

In the work of Barlow et al.,*° free zone electrophoresis was performed on frozen cell 

suspensions on the Apollo-Soyuz Test Project mission in 1975. A glycerol-containing dilute 

phosphate buffer was used. Fractions were collected by slicing the frozen electrophoresis 

column after return to earth. Each fraction yielded a small number of viable cells (Figure 

1, top panel), which were subcultured twice to yield enough cells for investigations that 

included evaluation of secretory functions*® and measurement of EPM in selected fractions 

by microscopic analytical electrophoresis using a cylindrical chamber and a Rank Brothers 

(Cambridge, U.K.) electrophoresis microscope. It can be seen in the lower three panels of 

Figure | that increasing EPM of the resulting subcultures correlated well with increasing 

migration distance. In the simplest interpretation, the findings shown in Figure 1 suggest 

that the EPM of progeny cells is correlated with that of their ancestors and, at least in the 

absence of sedimentation, free zone electrophoresis separates cells according to EPM. 
In the work of Morrison et al., CFE of kidney cells was performed on U.S. Space 

Shuttle flight STS-8 along with other cell separation experiments.'? A low-ionic-strength 
triethanolamine acetate buffer was used. Fractions were collected in flight as previously 
described,'*?-* and after return to earth aliquots of living cells were distributed into cultures 
for functional testing. After two subcultivations, adequate numbers of cells were available 
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FIGURE 1. Mobilities of kidney cell fractions separated by free zone 

electrophoresis. Top panel: electrophoretic migration pattern of cultured 

human embryonic kidney cells separated by free zone electrophoresis in 

low gravity on the Apollo-Soyuz Test Project mission; number of viable 

cells vs. fraction number. Migration was from left to right. Lower three 

panels: electrophoretic mobility distributions (number of cells vs. mobility) 

of cells that were present after two subcultivations of fractions 14, 17, and 

19 from the distribution in the top panel. (Redrawn from Barlow, G. H., 

Lazer, S. L., Reuter, A., and Allen, R., in Bioprocessing in Space, NASA 

TM X-58191, Morrison, D. R., Ed., Lyndon B. Johnson Space Center, 

Houston, TX, January 1977, 125. With permission.) 
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for EPM determinations on some fractions by microscopic analytical electrophoresis using 

a Zeiss® ‘‘Cytopherometer’’ with platinized platinum electrodes purchased from Cam-Ap- 

paratus, Ltd., Cambridge, U.K. It can be seen in the lower three panels of Figure 2 that 

increasing EPM of the resulting subcultures correlated well with increasing migration dis- 

tance, except that fraction 96, the lowest mobility fraction tested, contained cells with a 

broad range of EPMs. In the simplest interpretation, the findings shown in Figure 2 also 

suggest that the EPM of progeny cells is correlated with that of their ancestors and, at least 

in the absence of sedimentation, free zone electrophoresis separates cells according to EPM. 

The EPM histogram of fraction 96 suggests that the lowest mobility cells give rise to progeny 

cells that differentiate into higher mobility cells — a notion that deserves further testing. 

The two reports to date that have provided postseparation EPM distributions of living 

cells (HEK cells in both cases) demonstrate that electrophoretic separation by two different 

methods and in two different buffers, but in the absence of inertial forces, do generally 

separate cells according to EPM, and the separated cells generally give rise to progeny 

whose EPM distributions reflect the EPM of the separated ancestral cells. Missing are data 

on cells separated in the presence of inertial forces and not permitted to multiply. Therefore, 

a series of experiments were performed in which test particles and living cells were separated 

by CFE, and individual fractions or pooled fractions were analyzed immediately for EPM 

distributions. 

Il. MATERIALS AND METHODS 

A. TEST PARTICLES 
Polystyrene latex microspheres were generously provided by Interfacial Dynamics Cor- 

poration, Portland, OR. Two lots were used in this study: lot 2-27-92 (297-nm-diameter 

carboxylated particles) and lot 10-36-23 (865-nm-diameter carboxylated particles). These 

particles have identical EPM values in the buffers tested, and both are provided as 8% solids 

suspended in distilled water without surfactant. For electrophoresis experiments, the particle 

suspensions were diluted directly into electrophoresis buffer. 

Rabbit and goose erythrocytes were purchased from Hazelton Dutchland Laboratories 

(Denver, PA). Goose blood had been prepared with citrate as an anticoagulant, and rabbit 

blood was defibrinated. Cells were washed three times in phosphate-buffered saline (PBS), 

pH 7.4, and fixed for a minimum of 24 h in a solution of 1.5% formalin in PBS at 4°C. 

The formalin solution was replaced after 48 h with fresh 1.5% formalin in PBS, and the 

fixed cells were stored in 1.5% formalin at 4°C until measurements in CFE buffer were 

made. This treatment results in a negligible change in EPM at neutral pH and stabilizes the 

cells as test particles that can be used for several months.*4 

In preparation for EPM measurements, cells were suspended in freshly prepared CFE 

buffer and centrifuged at about 140 x g for about 8 min in a Sorvall RT6000 benchtop 

centrifuge. The cells were then resuspended in CFE buffer and centrifuged twice more. The 

cells were finally resuspended in fresh CFE buffer and were subjected to measurement. 

B. CULTURED HUMAN CELLS 

Human embryonic kidney cell strain HEK-1593 (local designation), obtained from MA 

Bioproducts (Rockville, MD), was used at the fifth passage in vitro. Cells were cultivated 

at 37°C in a 5% CO,, humidified atmosphere in medium ‘‘MM1’’, which consisted of one 

part Medium 199, one part ‘*Alpha’’ modification of Eagle’s MEM, and one part Dulbecco’s 

modification of Eagle’s MEM, to which were added (in grams per liter) 16.2 sodium 

bicarbonate, 1.2 bactopeptone, 0.02 folic acid, 0.072 i-inositol, and 0.001 nicotinic acid to 

form the basic medium. This recipe was generously provided by Dr. M. L. Lewis of Krug 

International, Houston, TX. To this medium were added 10% fetal bovine serum, 10 U/ml 
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FIGURE 2. Mobilities of kidney cell fractions separated by continuous- 

flow electrophoresis. Top panel: electrophoretic migration pattern of cul- 

tured human embryonic kidney cells separated by continuous-flow elec- 

trophoresis in low gravity on the U.S. Space Shuttle STS-8 mission; number 

of viable cells vs. fraction number. Migration was from left to right. Second 

panel shows EPM distribution (number of cells vs. mobility) of the starting 

population of kidney cell strain 8514. Lower three panels: electrophoretic 

mobility distributions of cells that were present after two subcultivations 

of cells from fractions 96, 103, and 113 from the distribution in the top 

panel. (Redrawn with permission from Ady. Space Res., Vol. 4, Morrison, 

D. R., Lewis, M. L., Cleveland, C., Kunze, M. E., Lanham, J. W., 

Samoff, B. E., and Todd, P., Properties of electrophoretic fractions of 

human embryonic kidney cells separated on Space Shuttle flight STS-8, 

©1984, Pergamon Journals, Ltd.) 
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potassium penicillin G, 10 g/ml streptomycin, and 0.25 g/ml amphotericin B sulfate. 

Cells were resuspended from monolayer cultures by brief exposure to 0.25% trypsin, 0.1% 

Na,EDTA, in calcium- and magnesium-free balanced salts solution. Tryspinized suspensions 

were washed twice in electrophoresis buffer prior to experiments. 

C. BUFFERS 
Two buffers were used in this study. Buffer ‘‘R-1’’, used for polystyrene latex particle 

experiments, was 2.5 mM potassium phosphate at pH 7.2; its conductivity was usually near 

0.9 mmho/cm. 

Triethanolamine acetate buffer was used in erythrocyte and living cell experiments. In 

grams per liter, its composition was 0.1 triethanolamine, 2.07 glycine, 0.02 potassium 

acetate, 0.006 MgCl,6H,O, 0.004 CaCl,:2H,O, 2.0 glycerol, and 1.5 sucrose. This buffer 

was 0.295 osmol/kg and had a conductivity of ca. 0.060 mmho/cm. 

D. ANALYTICAL PARTICLE ELECTROPHORESIS 
EPMs were measured using a System 3000 Automated Electrokinetic Analyser (Pen 

Kem Inc., Bedford Hills, NY), which includes data analysis software and an IBM® AT 

desktop computer. Light is generated by a 5-mW HeNe laser and focused into a curtain at 

the front electroosmotic stationary plane of al mm X 1 cm cylindrical quartz tube immersed 

in a recirculating water bath. The stationary plane positions in the measuring tube are 

determined by an automated calibration routine. The light scattered from the cells at the 

front stationary plane is collected 90° from the incident beam by an objective which produces 

an image on a rotating grating, so that the image motion is axial to the tube. When an 

electric field is applied across the measuring chamber, the image scattered from the elec- 

trophoresing cells moves relative to the grating, thereby causing a variation in the intensity 

of transmitted light. When the cell image moves in the same direction as the grating, it 

crosses fewer lines in a given time; therefore, the light signal has a lower frequency than 

that from the reference detector, which senses only the frequency of the rotating grating. 

Likewise, if the cell image moves opposite to the direction of rotation of the grating, the 

signal acquires a higher frequency than the reference. These signals are then analyzed by a 

Fast Fourier transform in order to produce a frequency spectrum (Fourier coefficient vs. 

frequency) that corresponds to the EPM distribution of the cells. The Pen Kem System 3000 

makes a number of measurements of cell motion in alternating directions (16 in all cases 

presented here) in order to average the Fourier transforms to obtain a reproducible histogram 

of intensity vs. EPM. 

The computer calculates the EPM from the equation EPM = fL/ME, where f = 

frequency shift of light passing through the grating, L = periodicity of the grating, M = 

optical magnification, and E = field strength. The variable f is given as the abscissa of the 

Fourier transform, and L and M are instrument constants, so the absolute velocity is fL/M. 

The instrument measures and reports conductivity and automatically adjusts the applied 

current, so that the absolute electric field strength E is determined automatically. The mean 

EPM, the EPM histogram, and its full width at half maximum are reported, along with 

physical constants of the determination on two screens simultaneously (graphic and alpha- 

numeric).*° Since the signal intensity depends on the intensity of light received by the 

photomultiplier tube, a few large, very bright cells would register as strongly as many smaller 

ones. When the particle concentration is low, homodyne and random signals from the solvent 

are present in the power spectrum, and graphic background subtractions are performed 
manually. 

E. PREPARATIVE ELECTROPHORESIS 
The McDonnell Douglas Continuous Flow Electrophoresis System was used in all prep- 

arative electrophoresis experiments. It consists of a rectangular separation chamber sand- 
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wiched between two electrode chambers which are also the cooling panels.!*:!?7°?7 These 

are separated from the chamber by semipermeable ion-exchange membranes. A diagram is 

given elsewhere in this volume.'’ A stable electric field is maintained by ion flow through 

the membranes. Carrier buffer flows upward through the separation chamber at a rate of 20 

ml/min. The electrodes and separation chambers are pumped differentially, and flow bal- 

ancing tends to eliminate transverse flow and pressure gradients in the sample chamber, 

thereby enhancing cell stream stability and reproducibility of results. Dimensions are 110 

cm high X 6 cm wide X 1.5 mm thick. The lateral migration distance of the cells depends 

on the residence time (t) spent by the cells in the chamber, the applied field E, and the cell 

surface charge density. The product, Et (in V-min/cm), when multiplied by the EPM of the 

particle at the ionic strength and viscosity of the separation, predicts the migration distance. 

Cells (about 3 million per milliliter) previously washed and suspended in carrier buffer 

were injected into the bottom of the chamber using a vertically positioned infusion pump 

at 4 ml/h. Cells were exposed to the electric field for 4 min, and they were collected as 

fractions through 197 ports at the top of the flow chamber. In the absence of applied field, 

the sample stream typically exited through outlet #51. Fractions of kidney cells were 

collected under sterile conditions, counted by hemacytometer, and pooled into three sus- 

pensions of living cells (greater than 85% viability). An aliquot of each pool was used for 

further cultivation, and the majority of each suspension was used for EPM determination 

using the System 3000 Analyser. 

IV. RESULTS 

A. LATEX TEST PARTICLES 

Latex microspheres were used as test particles in experiments designed to characterize 

the CFE system with respect to sample band spreading and separand band spreading. The 

data of Figure 3 indicate that monodisperse submicron particles with identical EPMs (4.40 

+ 0.07 wm-cm/V-sec), but different sizes, migrated identically (to outlet 113 vs. 51 with 

zero field) and were spread over about 6.5 (full width of peak at half maximum) outlets 

(each outlet is 0.8 mm wide). As expected, the migration distance did not depend upon 

particle size, as submicron particles sediment very little distance during the 4-min residence 

time. The shapes of the distributions were as predicted for conditions in which sample buffer 

and carrier buffer have the same conductivity.'**° When the mean EPM of each fraction 

was measured (upper curves in Figure 3), all fractions were found to be nearly identical. 

This finding confirmed the monodisperse nature of the latex test particles and demonstrated 

that the 4.6% relative standard deviation of the migration distance (standard deviation/mean 

migration distance) is a property of the CFE separation system. 

B. FIXED ERYTHROCYTES 
Fixed rabbit and goose erythrocytes were found to have EPMs of 2.26 + 0.06 and 3.52 

+ 0.32 wm-cm/V-sec, respectively, in CFE triethanolamine buffer. When these were mixed 

in roughly equal proportions and reseparated by CFE, postseparation evaluation of purity 

by microscopic cell counts showed fraction 104 (the low-mobility peak fraction) to be 98.9% 

rabbit erythrocytes and fraction 120 (the high-mobility peak fraction) to be 96.8% goose 

erythrocytes. The migration profiles of the two cell types are shown in the top panel of 

Figure 4. The lower three panels consist of EPM distributions determined by the System 

3000 Analyser, and these indicate that reseparated pooled fractions of rabbit and goose 

erythrocytes had the expected EPM distribution of each pure cell type. Pooled fractions (110 

to 116, in this case) known to contain both cell types had a bimodal EPM distribution in 

which both cell types were represented. The distance migrated was directly proportional to 

the EPM, and the positions of the peaks could be predicted on the basis of 21.0 + 1.4 

fractions migrated per mobility unit in the CFE triethanolamine buffer. 
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FIGURE 3. Mobilities of polystyrene test particles 

separated by continuous-flow electrophoresis. Lower pair 

of curves: electrophoretic migration pattern of polysty- 

rene latex microspheres in phosphate buffer in contin- 

uous-flow electrophoresis; optical density of particle 

suspension vs. fraction number. Migration was from left 

to right. Two batches of particles with identical EPM, 

4.4 -cm/V-sec, but different diameters, 0.297 (plotted 

squares) and 0.865 ym (plotted triangles), were used. 

Upper pair of curves: mean EPM of particles collected 

from each fraction vs. fraction number, as determined 

by Pen Kem System 3000. 

C. CULTURED HUMAN EMBRYONIC KIDNEY CELLS 

EPM distributions of living cells immediately after separation by CFE have not been 

available previously. The data of Figure 5 were derived from an experiment in which CFE 

fractions were pooled to provide enough cells for EPM determination by the System 3000 

Analyser. The top panel of Figure 5 is the CFE migration profile of HEK 1593 cells at 

passage five in culture. This particular population is low in high-mobility cells (thought to 

be high in urokinase production) when compared with other populations.”*:*? The numbers 

of the fractions pooled are indicated in the top panel and caption of Figure 5. The mobility 

histogram and mean EPM (in micron-centimeters per volt-seconds) of each pool is shown 

in the lower three panels of Figure 5. The ratio of distance migrated (in fractions) to mean 

EPM is roughly constant at 20.9 + 1.8 fractions per EPM unit. 

V. DISCUSSION 

In the five cases investigated and presented here, the migration of cells in CFE was 

found to be consistent with the EPM distributions of the starting mixtures and the separands. 
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FIGURE 4. Mobilities of fixed erythrocytes separated by continuous- 

flow electrophoresis. Top panel: electrophoretic migration pattern of a 

mixture of fixed rabbit and goose red blood cells (test particles) separated 

by continuous-flow electrophoresis in triethanolamine buffer; number of 

each cell type vs. fraction number. Migration was from left to right. Lower 

three panels: electrophoretic mobility distributions (cell light-scattering 

intensity vs. mobility) of cells that were pooled from fractions 97 to 106 

(rabbit cells only), 110 to 116 (roughly equal mixture), and 120 to 130 

(goose cells only). Range of fraction numbers and mean mobilities (with 

standard deviations) are given on each panel. 

Electrophoretically homogeneous particle suspensions migrated with a single peak, and 

heterogeneous particle suspensions were separated into fractions of which EPM distributions 

were, in turn, proportional to the distance they migrated in CFE. In experiments that were 

performed in the presence of gravity, care was taken to maintain similar conductivities 

between sample and carrier buffers, and the particle concentrations were held below those 

that would create anomalies due to excess density’? or conductivity.*? Within these con- 

straints, it is concluded that CFE separates cells primarily on the basis of electrophoretic 

mobility. 
Future biotechnology applications of cell purification by electrophoresis will depend, in 

each case, upon the establishment of conditions that allow separation of cells according to 
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FIGURE 5. Mobilities of kidney cells separated by continuous- 

flow electrophoresis. Top panel: electrophoretic migration pattern 

of cultured human embryonic kidney cells (strain 1593) separated 

by continuous-flow electrophoresis in triethanolamine buffer; num- 

ber of viable cells vs. fraction number. Migration was from left to 

right. Lower three panels: electrophoretic mobility distributions 

(cell light-scattering intensity vs. mobility) of cells that were pooled 

from fractions 86 to 96, 97 to 102, and 103 to 115 from the 

distribution in the top panel. 

function**”’ and that allow purification of adequate quantities of cells without compromising 

the physical constraints that allow separation purely according to EPM. 
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I. INTRODUCTION 

Most researchers identify electrophoresis with the polyacrylamide or agarose gels so 

often used for analytical purposes. Such separations, whether by isoelectric focusing, disk, 

SDS, or two-dimensional electrophoresis, offer excellent resolutions and are widely used in 

biomedical research and in quality control. It is quite clear that one of the main reasons for 

the effectiveness of such gels or of other supporting media is their suppression of fluid 

convection, which otherwise may cause remixing of thé separated fractions. 

Scaleup of such techniques is difficult. The Joule heat generated by the electric field 

has to be dissipated externally. The heat is proportional to the volume of the device, while 

cooling is proportional to its surface. Thus, in a cylindrical device, for example, heat is 

generated as a function of the square of the radius, while cooling is only proportional to the 

radius. This imposes a definite limitation on the maximum dimension of any such instrument. 

Scaling up of devices with porous support media is further complicated by the difficulty of 

uniform packing. 

Thus, for scaling beyond that obtainable in flat slabs of gels or granular media, sepa- 

rations are carried out in free fluids. It is of historic interest that the first demonstration of 

the resolving power of electrophoresis for proteins was demonstrated in free solution, in the 

now nearly forgotten Tiselius apparatus.' It is also not generally appreciated that Pauli**? 

developed an effective approach to preparative electrophoresis, also in free solution, nearly 

two decades before the Tiselius Nobel-awarded discovery. 

Fractionation in free solution with continuous flow permits the use of relatively small 

instruments, in effect trading processing time for instrument size. In many instruments of 

this type, laminar flow is essential, which requires consideration of the hydrodynamics of 

fluid flow. In addition, distortion of the fractionation may result from gravity and/or elec- 

trically driven convections, as well as from inequalities of temperature, electrical field, and/ 

or residence time. In other instruments, laminar flow is maintained in only one direc- 

tion — perpendicular to that of migration — while mixing in other directions may actually 

be advantageous. Such arrangements are obtained by channeling of flows within the chamber 

by means of membrane or screen partitions. 

In free fluids, density gradients arise from the very presence of the solute to be separated, 

as well as from temperature gradients. Both the Tiselius and the Pauli instruments utilize 

gravity in a constructive manner. In the Tiselius apparatus, the protein-free buffer is carefully 

layered on top of the protein solution, creating a density gradient that stabilizes the migrating 

protein boundaries. In the Pauli apparatus, gravity is utilized as a driving force, the colloidal 

solutes being driven electrophoretically against a membrane, where they accumulate in 

sufficient concentration to cause rapid decantation. 

In other instruments, the presence of even minor density gradients causes destructive 

gravity-driven convection. Realizing the importance of gravity, the National Aeronautics 

and Space Administration (NASA) initiated about 15 years ago an ambitious program of 

exploring the potential usefulness of the reduced gravity prevailing in orbiting spacecraft 

for the advancement of electrophoretic technology.* Though the progress has been limited 

by the few opportunities for flight experimentation, it has brought significant advances in 

electrophoresis through ground-based as well as space research. In particular, the McDonnell 

Douglas Corporation has developed and tested its well-publicized continuous-flow electro- 
phoresis apparatus.* 

There are also significant differences in resolution obtainable by zone electrophoresis, 

isoelectric focusing, and isotachophoresis. Zone electrophoresis is carried out in the presence 

of a uniform background of buffer, proteins separating by virtue of differences in their 

characteristic mobilities. As a rule, isoelectric focusing offers much higher resolution, as it 

separates components according to their isoelectric points in a pH gradient. Isotachophoresis 
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requires discontinuous buffer systems. It has the potential of high resolution because of its 

self-stabilizing boundaries which are immune to diffusion, but its application to proteins has 

been lagging. Mathematical modeling and computer simulation of these electrophoretic 

models have been utilized to point out their characteristic features.> Of course, the increased 

resolution due to molecular sieving of high-density gels cannot be achieved in free solution. 

The challenge of large-scale preparative electrophoresis has brought numerous research- 

ers to develop instruments based on diverse principles for fluid stabilization. A consistent 

classification of these instruments is difficult. The present paper will report on some of the 

more successful approaches to the solution of a complex problem. 

II. GRAVITY-STABILIZED METHODS 

The stabilizing effect of gravity on separations in the Tiselius cell has already been 

mentioned. By analogy, vertical liquid columns can be stabilized by imposition of a density 

gradient through layering of increased concentrations of sucrose or other nonionic solutes. 

This method received brief attention in the early days of isoelectric focusing but has limited 

capacity, as “droplet sedimentation’’ is obtained as soon as the density gradient (due to the 

focused solute) exceeds the sucrose gradient. On the positive side, even minor density 

gradients seem to eliminate electroosmosis, though the mechanism of this effect is not well 

understood. 

A continuous-flow apparatus stabilized by solute density gradients has been thoroughly 

investigated by Mel.° Despite good results, his apparatus has not been commercialized, and 

there have been few recent applications of this principle. 

Il. CONTINUOUS-FLOW PARALLEL-PLATE DESIGNS 

This type of continuous-flow instrument was popularized by Hannig’ and his collabo- 

rators. The operating principle appears disarmingly simple, but is in fact quite complex. 

The flow of carrier buffer is channeled through a narrow gap between two plates, at least 

one of which is refrigerated. The electric field is applied perpendicularly to the direction of 

buffer flow. In most applications, zone electrophoresis is utilized. The components are 

separated as a result of differences in their characteristic electrophoretic mobilities within a 

homogeneous buffer. In this mode, the sample to be fractionated is introduced as a continuous 

stream at a given location within the flowing curtain of buffer, the components migrating 

diagonally toward the collection ports. 

To successfully implement this principle, some classic hydrodynamic factors need to be 

considered. The gap between the plates has to be quite narrow, on the order of 1 mm or 

less, to minimize temperature gradients as well as the natural convection due to density 

differences. Thus, a Poiseuille parabolic flow prevails, with much faster flow through the 

center of the gap than adjacent to the walls. The differences in residence time cause com- 

parable differences in migration distances of individual sample components. 

In addition, electroosmosis at the walls is strong and engenders a secondary flow within 

the chamber in a direction perpendicular to the primary flow of the buffer. This distorts the 

pathway of the migrating sample. Fortunately, the distortion due to electroosmosis is in a 

direction opposite to that caused by the parabolic flow. Each partially compensates for the 

other, at least in the central region of the gap. The combination of these effects gives rise 

to the well-known crescent-shaped distortion of sample streams. 

Strickler and Sacks® have analyzed these effects and have shown that if the electroosmotic 

fluid velocity at the wall is equal to the electrophoretic mobility of the component to be 

purified, distortion is avoided. Unfortunately, modulation of electroosmosis is difficult; one 

usually must rely on coating of the wall. The electrophoretic mobility can be adjusted, within 

limits, by an appropriate selection of pH and buffer. 
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In the hands of Hannig and others, this type of instrument has provided the bulk of the 

information on properties of electrophoretic subpopulations of a number of systems of living 

cells, including lymphocytes. The apparatus has also proven most valuable for the isolation 

of certain subcellular organelles and cellular membrane proteins not obtainable by other 

separation methods.? A preparative apparatus is currently commercially available from Bender 

& Hobein in Munich and an analytical apparatus from Hirschmann (Unterhaching, West 

Germany). 

Field step electrophoresis is a modification of the: operating usage of the apparatus 

developed by Wagner and Kessler.'° Throughput is increased, rendering the apparatus suit- 

able for protein purification. A recent application has been the purification of human tissue 

plasminogen activator, a recombinant DNA protein.'! The field step method can also be 

combined with pH and/or multiple concentration steps. Further modifications of the pro- 

cessing modes incorporate isoelectric focusing and isotachophoresis. Thus, this type of 

apparatus is substantially more versatile than originally assumed. 

IV. OPERATION IN MICROGRAVITY 

A limiting factor in the conventional usage of the above apparatus for zone electrophoresis 

is gravity-caused convection. This can be minimized in the reduced gravity of NASA’s 

orbiting spacecraft.** These spacecrafts are in a state of orbiting free-fall, and the gravity 

force is reduced by a factor of about 10*. It can be readily shown that operation in microgravity 

permits an increase in the thickness of the flowing curtain of buffer, thereby permitting an 

increase in throughput and/or resolution. Some of the results of the space experiments are 

reported by Todd et al. in Chapter 19 of this text and by Snyder and Rhodes in Chapter 21. 

We wish only to mention that the reduction of gravity does not eliminate the problems 

of electroosmosis and parabolic flow. Rhodes and Snyder’? have therefore proposed a most 

ingenious continuous-flow apparatus with diagonally moving walls. This wall movement 

corrects for the effect of electroosmosis and is synchronized with the rate of buffer flow, 

thus eliminating both distortions. This apparatus has not yet been tested due to lack of space 

flight opportunities. 

V. FLOW-CHANNELING METHODS AND RECYCLING 
ISOELECTRIC FOCUSING 

The effective control of electrophoretic separations by means of membrane or filter 

elements for the channeling of flow patterns has been demonstrated in the older preparative 

processes of electrodecantation, electrophoresis-convection, and forced-flow electrophoresis. 

These three processes have in common very large throughputs. Only two fractions are 

obtained, a concentrated fraction of mobile components and an isoelectric fraction at its 

original concentration. Space does not permit an analysis of these approaches, which have 

been reviewed previously. '*:4 

It may suffice to mention a few of the more esoteric applications of these processes. 

Electrodecantation has been used for the creaming of rubber latex in the largest electrophoretic 

installation to date. Constructed as a replacement for centrifugation in prewar Malaya,’ its 

fate is not known to the author. Besides conventional protein separations, forced-flow 

electrophoresis has also been utilized to demonstrate first electrofiltration, i.e., electrically 

assisted continuous filtration without filter-cake buildup.'*’* It has also been adopted for in 

vivo extracorporeal processing of the blood of experimental animals, with simultaneous 

filtration of blood elements and fractionation of plasma components. This process, termed 

selective plasmapheresis, resulted in the selective removal of immunoglobulins from cir- 

culating blood.'® The immunoglobulins are the isoelectric component of plasma under phys- 



239 

Coolant recirculation port Focusing a pbenient 11 Filter core 
2 

9 

Vent cap, anolyte filling port 

Collection ports Anlon-exchange membrane 

FIGURE 1. Schematic presentation of the rotationally stabilized focusing apparatus. The main body of the 

apparatus is subdivided into 20 compartments by means of screen elements. Total volume capacity is about 40 ml. 

(From Bier, M., Egen, N. B., Allgyer, T. T., Twitty, G. E., and Mosher, R. A., in Peptides, Gross, E. and 

Meienhofer, J., Eds., Pierce Chemical Co., Rockford, IL, 1979, 79. With permission.) 

iologic conditions. More recently, electrodecantation has also been used for this purpose in 

human blood donors by Sanchez.'” 

High resolution through channeling is obtainable in the recycling isoelectric focusing 

(RIEF) apparatus.'* The focusing cell is subdivided into the desired number of compartments 

by means of monofilament nylon screen elements. These assure laminarity of liquid flow 

in the direction perpendicular to the electric field. The content of each subcompartment is 

recycled through an external heat-exchange reservoir, which provides the volume capacity 

of the apparatus and dissipates the Joule heat. Optionally, the instrument can be comple- 

mented by pH and ultraviolet absorption sensor arrays, under computer control.'*:!? These 

provide documentation of the separation process and can also be utilized for feedback 

optimization of the process. 

Ampholine® or a similar carrier electrolyte is utilized for the control of the pH gradient, 

generated by the passage of the electric current itself. In favorable cases, suitable pH gradients 

can also be generated by mixtures of chemically well-defined ampholytes, such as amino 

acids.”° Recycling is continued until each sample component has focused to its isoelectric 

pH value. A stationary steady state is finally obtained, wherein all components cease to 

migrate. All that is left at this point is the simultaneous collection of all fractions. 

The apparatus is modular — the number of subcompartments, the effective cross section 

of the cell, and the volume of the heat-exchange reservoirs can be varied at will. Volumes 

ranging from 200 to 10,000 ml have been processed in a few hours. Instruments with a 
larger capacity can be designed if the need arises. 

For the processing of smaller volumes, an alternate apparatus has been constructed, as 

shown in Figure 1. The horizontal focusing column is subdivided into narrow segments by 
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means of the similar screen elements used in RIEF. Recycling is replaced by rotation of the 

focusing column around its central cold finger.7!*” 

This apparatus combines the flow-channeling principle of RIEF with the rotation first 

applied to electrophoresis by Hjerten.”? Hjerten has demonstrated that gravity effects can be 

minimized by rotation of narrow-bore electrophoretic columns around their horizontal axes. 

The direction of the gravity vector is continually changing, thus preventing the establishment 

of convective flow. The Hjerten instrument is usable only for analytical or micropreparative 

purposes. The addition of stabilizing screens to rotation has permitted scaling up of the 

instrument. 

VI. INSTRUMENTS STABILIZED BY SHEAR 

A. THE BIOSTREAM 
The Biostream, the first apparatus utilizing fluid stabilization by shear, was developed 

at Great Britain’s Harwell Atomic Energy Laboratories.*> Separation is carried out in an 

annulus between two cylindrical electrodes, an inner stationary one and an outer rotating 

one. Sample and carrier buffer are introduced at the bottom of the annulus and the separated 

fractions withdrawn at the top. In addition to the carrier buffer and sample stream, there 

are two buffer flows, for the catholyte and anolyte. 

The characteristics of this apparatus are impressive. Typical buffer flows are on the 

order of 1 to 2 l/min, and sample flow is <SO ml/min. Separations are carried out by zone 

electrophoresis in a single pass. Due to its capacity, the apparatus is intended for large-scale 

industrial applications. 

B. RECYCLING FREE-FLOW FOCUSING (RF3) 
We have recently designed another apparatus which utilizes shear for fluid stabilization 

in recycling isoelectric focusing.** Stabilizing shear is obtained by rapid recirculation of the 

solution through a narrow channel between two parallel surfaces of the focusing chamber. 

A batch process is utilized, and in every pass only a small shift toward the final steady state 

is obtained. The residence times are on the order of only seconds. The matched in- and 

outflow ports are connected to a multichannel heat exchanger which provides the volume 

capacity of the apparatus. A schematic of the apparatus is presented in Figure 2. 

Due to the final steady state achieved in isoelectric focusing and the short residence 

time, this method avoids the problems of crescent phenomena, gravity-caused convection, 

and temperature gradients. The Joule heat is absorbed by the latent heat capacity of the 

process fluid during transit through the chamber and released to the heat exchanger. The 

allowable heating within the chamber is limited only by the heat sensitivity of the sample, 

rather than the stability of liquid flow. 

Recently, we were able to demonstrate that the RF3 apparatus can also be utilized for 

recycling isotachophoresis.** In isotachophoresis the sample material to be separated is 

inserted between a leading and a terminating electrolyte, according to well-known principles. 

Counterflow is necessary to immobilize the migrating boundaries, in effect providing a 

virtually unlimited migration distance. A UV sensor locates the boundary, the counterflow 
being under automatic computer control. 

It may be of some relevance to point out that in the Biostream the rotation-induced shear 

is in the direction of the electric field, while in the RF3 it is perpendicular to it. Moreover, 

in the Biostream, the shear is constant, the fluid velocity varying linearly between the 

stationary center electrode and the rotating outer one. In the RF3, shear is maximal at the 

two chamber walls and decreases to zero in the center of the chamber, where most of the 

fluid flows. 
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FIGURE 2. Schematic presentation of the RF3 apparatus with 48 recy- 

cling channels. Separation occurs within a narrow gap chamber, fluid 

stabilization being achieved through rapid recirculation. Assembly is fa- 

cilitated by the multiple tubing quick-connectors. (From Egen, N. B., 

Thormann, W., Twitty, G. E., and Bier, M., in Electrophoresis ’83, 

Hirai, H., Ed., Walter de Gruyter, Berlin, 1984, 547. With permission.) 

VII. CONCLUSION 

There are no obvious reasons why electrophoresis could not be carried out on as large 

a scale as other electrochemical processes, such as electrodialysis, electrolysis, electro- 

coating, etc. In fact, the huge installation in Malaya for the creaming of rubber latex by 

electrodecantation, mentioned above, is an example of the potential of electrophoresis. 

While preparative electrophoresis has not yet gained widespread acceptance in the bio- 

technology industry, this chapter describes a variety of instruments, most of which are now 

available at the Center for Separation Science at the University of Arizona, Tucson. This 

is the first time that such a range of instruments, encompassing a wide range of throughputs, 

is available in a single laboratory. 

Much work remains to be done to assess the potential advantages of electrophoresis in 

comparison to the well-established chromatographic processes. An important difference may 

be that electrophoresis is carried out in free solution, without supporting media. Thus, 

adsorptive losses are minimized, and even living cells or subcellular organelles can be 

processed. In the long run, electrophoresis may also be shown to be cheaper and to permit 

cleaner operations, also because of the lack of supporting media. 

The main obstacle to wider use of electrophoresis may well be the lack of information 

and experience. The Center is dedicated to the advancement of this technology. 
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ELECTROPHORESIS EXPERIMENTS IN SPACE 

Robert S. Snyder and Percy H. Rhodes 
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I. INTRODUCTION 

Electrophoresis experiments on Apollo,! Apollo Soyuz Test Project (ASTP),” and the 

Space Shuttle? have been carried out in space to show that disturbances due to buoyancy- 

induced thermal convection and sample sedimentation during the separation process are 

negligible in reduced gravity. The experiments to date have been small-scale demonstrations 

of specific principles that have increased our knowledge of electrokinetic and fluid dynamic 

phenomena and have supported our long-range electrophoresis goals.* Simultaneously, the 

limitations of ground-based electrophoretic separators have been documented,* and new 

concepts have been proposed for future experiments.° 

Several laboratory instruments have been constructed utilizing past developments in the 

design and operation of continuous-flow electrophoretic separators by Strickler’ and Hannig* 

combined with innovative developments in the field of fluids analysis by Saville’? and 

Ostrach.'° Building on these developments, the McDonnell Douglas Astronautics Company 

(MDAC) designed a continuous-flow electrophoresis system (CFES) that evolved from a 

detailed survey of the requirements for fractionation of biological materials. 

In 1978, MDAC began discussions with the National Aeronautics and Space Admin- 

istration (NASA) on opportunities to develop a space CFES that would incorporate specific 

modifications to their laboratory instruments to take advantage of weightlessness. The first 

MDAC flight experiments with the CFES on STS-4 in June 1982 fractionated a proprietary 

tissue culture medium and evaluated the effect of sample concentration using mixtures of 

rat serum albumin and ovalbumin. MDAC concluded that there was no loss of resolution 

at the higher concentrations processed in space. In addition, they reported that the quantity 

of albumin that could be fractionated in the CFES in space was significantly higher (over 

400 times) than the quantity that could be processed in their ground laboratory instrument 

during the same time interval. They proposed that these improvements originated from both 

instrument modifications and increased sample concentrations permitted by weightlessness. 

Under the terms of the Joint Endeavor Agreement (JEA), NASA was provided an 

opportunity to process two samples on Space Shuttle flight STS-6 in April 1983.'' All 

experiment objectives and operational parameters (such as applied field, sample residence 

time in the field, and buffer composition) had to fit MDAC capabilities and NASA flight 

constraints. The NASA objectives were formulated so as to include validation of the sample 

concentration effects reported by MDAC on Space Shuttle flight STS-4. The specific ob- 

jectives were (1) to use a model sample material at a high concentration to evaluate the 

continuous-flow electrophoresis (CFE) process in the MDAC CFES instrument and compare 

its separation and sample throughput resolution with related devices on earth and (2) to 

expand our basic knowledge of the limitations imposed by fluid flows and particle concen- 

tration effects on the electrophoresis process by careful design and evaluation of the space 

experiment. Hemoglobin and a polysaccharide were selected as primary samples for the 

STS-6 flight experiment by the Marshall Space Flight Center (MSFC, Huntsville, AL) and 

a review group organized by the Universities Space Research Association. 

The NASA experiments on STS-7 in June 1983 were intended to build upon the results 

obtained on STS-6.'* Because MDAC selected a propionate buffer (pH 5.2) for use on STS- 

7 rather than the barbital buffer (pH 8.3) as on STS-6, it was not possible to perform a 

verification experiment using hemoglobin and polysaccharide as processed on STS-6. The 

change in pH would have resulted in both the hemoglobin and polysaccharide becoming 

positively charged and migrating toward the cathode. Polystyrene latex (PSL) particles were 

therefore chosen for separation on STS-7, since they are known to be negatively charged 

at pH 5.2 and are produced in a range of sizes with different surface charge groups and 
surface charge densities. 
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II. MATERIALS AND METHODS 

A. CONTINUOUS-FLOW ELECTROPHORESIS 

CFE takes place within a flowing curtain of aqueous electrolyte contained in a long 

rectangular chamber of high aspect ratio. The narrow gap between the broad faces of the 

chamber confines the flow to a thin curtain. The sample is continuously injected into this 

curtain as a finely drawn stream (filament) and fractionated under the influence of a lateral 

electric field produced by flanking electrodes. The fractionated sample bands are subse- 

quently collected in a uniform array of collection ports situated along the exit end of the 

chamber. The no-slip condition at the chamber wall causes a parabolic profile to develop 

in the direction of buffer flow. In addition, a lateral flow across the width of the chamber 

(perpendicular to buffer flow), called electroosmosis, exists when charged walls are present. 

These independent phenomena are inherent in the CFE process, and they combine to produce 

crescent-shaped distortions, the curvature of which is determined by the flow that predom- 

inates (either laminar flow or electroosmosis). This mechanism of sample stream distortion 

has always been thought to be a major cause of resolution degradation in CFE devices.'* 

The term “‘wall effects’’ has frequently been used to describe the phenomenon. 

The space MDAC CFES (Figure 1) is essentially a rectangular polycarbonate separation 

(flow) chamber with internal dimensions 16 cm wide, 120 cm long, and 0.3 cm thick. A 

cooling jacket covers each broad chamber face, with one electrode in each cooling chamber 

positioned diagonally across from the other to provide an electric field across the length of 

the chamber. The platinum electrodes are in contact with the separation chamber via slots 

cut into the chamber plates and are covered with a proprietary, porous membrane. The 

circulation of cooled electrolyte, from the bottom (flow entrance) of the chamber to the top 

through a serpentine passageway, establishes a uniform lateral temperature profile and re- 

moves the bubbles formed at each electrode. Rectangular struts used to form the coolant 

passage also provide some support to the thin separation chamber plates. The sample enters 

the chamber through a thin-wall glass tube (0.1-cm I.D.) located 11 cm from the curtain 

buffer entrance of the chamber. The buffer and separated sample fractions exit at the top of 

the chamber through a collection array of 197 Tygon® tubes (0.068-cm I.D., 0.078-cm 

O.D.) which span the width of the chamber. 

B. SAMPLES AND BUFFER FOR STS-6 EXPERIMENTS 
Hemoglobin was selected as the primary sample candidate based on the following 

characteristics: (1) availability in large quantities as a single molecular species, (2) visibility 

for easy analysis, (3) utility as an electrophoresis standard in laboratories, (4) availability 

as variants with different electrophoretic mobilities, and (5) stability in the cyanmethemo- 

globin forms. Human hemoglobin A (HbA) provided for ground and space use was prepared 

at the Centers for Disease Control, Atlanta, GA. Selected from a single donor, the HbA 

was purified on an ion-exchange column, converted to cyanmethemoglobin, and concentrated 

to nearly 11%. The hemoglobin was sent to MSFC, where it was then dialyzed against the 

flight buffer and stored for use in the planned experiments. 
The second sample was one type of pneumococcal capsular polysaccharide (PCP) ob- 

tained from Lederle Laboratories, Pearl River, NY. PCP type 6 had a distinctly higher 

mobility than HbA with minimal variation and, although not colored, could be detected 

immunologically in low concentrations. The purity of the PCP was determined by specific 

antibody tests. Since it is known that the PCPs have multiple repeating units of a simple 

saccharide chain, an attempt was made to obtain PCP with constant molecular weight using 

chromatography and laboratory CFE. 

The buffer selected by MDAC for laboratory and flight experiments was 2 mM barbital 

consisting of 0.386 mg/ml sodium barbiturate, 0.070 mg/ml barbituric acid, and 50 g/ml 

gentamycin sulfate, pH 8.3, with an electrical conductivity of 160 mho/cm at 25°C. 
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FIGURE 1. Continuous-flow electrophoresis system (CFES). 

C. SAMPLES AND BUFFER FOR STS-7 EXPERIMENTS 

Monodisperse PSL particles less than 1.0 wm in diameter were chosen to minimize 

sedimentation and eliminate any requirement for resuspending the sample during flight. 

Three particle sizes were ultimately chosen, and two of the particle populations were dyed 
to enhance photographic detail and aid in experimental analysis. 

The latex particles with the highest mobility (nominal diameter, 0.56 sm) were dyed 

red; the particles with the lowest mobility (nominal diameter, 0.80 j1m) were dyed blue. 

The particles with intermediate mobility (nominal diameter, 0.30 zm) were not dyed. The 

latexes were then suspended in the curtain buffer containing Brij® 35 (polyoxyethylene lauryl 
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ether 35) using a procedure of buffer exchange with filtration. Appropriate volumes of each 

latex were combined to yield equal concentrations for the final flight sample with the 

following properties: total latex concentration, 5.0%; pH, 5.6; and conductivity, 155 + 5 

wmho/cm. The conductivity of a second sample of PSL was increased approximately three 

times that of the initial sample, to 455 + 5 pmho/cm, by adding 0.10 M NaCl while 

maintaining a total latex concentration of 5.0% by weight. 

The curtain buffer was prepared from a 100 X stock solution of 225 mM sodium pro- 

pionate, pH 5.2, by 100-fold dilution with distilled water to give a 2.25 mM solution with 

a pH of 5.0 and conductivity of 140 + 5 pmho/cm. Laboratory tests were initially performed 

with a nonionic surfactant, 0.05% w/v Brij® 35, added to the sample and curtain buffer. 

Shortly before flight, however, it became necessary for MDAC to omit the Brij® from the 

curtain buffer. Since the sample latex had been selected according to separation in buffer 

with Brij®, the flight samples included the surfactant in the suspension medium, although 

it was excluded from the curtain buffer. 

Ill. RESULTS 

The two samples processed in the first NASA space experiment on CFES were (1) a 

high concentration of hemoglobin alone and (2) a mixture of polysaccharide and hemoglobin 

at a lower concentration. The band behavior obtained from processing the single species 

was used to define the performance of the space instrument. The low-concentration mixture, 

1.9% HbA and 0.5% PCP-6, although still higher than could be processed at high resolution 

on earth, would permit a comparison of the separations achieved before flight in the various 

laboratory units. 

In orbit, the NASA hemoglobin sample of 8.7% concentration was processed first to 

establish an initial CFES performance. The hemoglobin experiments each started with an 

initial passage of the sample at zero voltage. The sample band spread only slightly, as 

expected on the basis of diffusion, during its 8-min passage through the chamber. After the 

zero run, an electric field of 25 V/cm was applied for an interval of about 32 min in order 

to establish steady-state conditions. Photographs of the electrophoresis runs were taken at 

the point of sample insertion, midway up the chamber, and at the collection end. A portion 

of each fraction was also collected for later analysis. 

Photographs of the high-concentration HbA, taken at the same chamber region, are 

shown in Figure 2, with the time in hours and minutes shown in the lower right-hand corner 

of each picture. Figure 2A shows the zero voltage position of the sample stream. With the 

cathode on the left, the sample should proceed only toward the right to the anode when the 

electric field is applied. However, Figures 2B to D, taken over a period of 10 min, show 

that the band spreading was so extensive that some of the sample underwent a retrograde 

migration. This condition could only exist if the sample thickness spread beyond the elec- 

troosmotic stationary layer of the chamber. Based on comparison of the photographs, there 

appeared to be a buildup of sample near the walls, as the more intense color of the later 

photograph seems to suggest. 

After half the MDAC proprietary samples were run, the second NASA preparation, the 

HbA and PCP mixture, was processed. The stream, although faint, was more compact, with 

little indication of spreading. The migration of the leading edge of the sample was roughly 

the same as in the previous experiment. However, there did not appear to be the large 

retrograde migration observed in the high-concentration hemoglobin experiment. 

In addition to the photographic data, the entire fluid output of the space chamber was 

collected in fractions, as noted previously, during the middle of each separation run in 197 

small (1.5-ml) polypropylene pockets arranged in a steel tray. The NASA samples were 

analyzed for the amount of hemoglobin and polysaccharide in each; the results are shown 

in Figures 3 (HbA alone) and 4 (HbA plus ROE): 
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FIGURE 3. Band spread of high-concentration hemoglobin sample. 
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FIGURE 4. Band spread of low-concentration hemoglobin and polysaccharide sample. 

Figure 3 shows a very broad single peak with some of the HbA sample deflected toward 

the cathode side of the zero field location. However, this does not show the total amount 

of retrograde sample migration, since sample near the walls remained in the chamber for a 



252 Frontiers in Bioprocessing 

longer time because of the Posueille flow distribution. The sample retention time increased 

as the walls were approached. This is apparent by observing the sample intensity increasing 

to the left (cathode) wall in Figures 2C and D. 

Figure 4 shows a separation of the low-concentration hemoglobin and polysaccharide. 

The separation, however, was not as distinct as obtained in the laboratory CFES or in the 

Desaga FF48.'! Also, none of the earth-based laboratory experiments had sample appear on 

the cathode side of the zero field location. It is interesting to note that Figure 4 shows about 

the same amount of retarded and retrograde sample between tubes 28 and 55, as observed 

for the high-concentration experiment in Figure 3. 

The same procedures were followed with the PSL samples on the next flight, STS-7.’7 

The results of the earlier flight demonstrated considerable band broadening when the sample 

conductivity was approximately three times that of the curtain buffer. These results, as well 

as prior ground-based data, provided the justification for the design of the STS-7 experiment 

which evaluated the relationships between the sample and curtain buffer properties and the 

fractionation resolution. 

Figure 5 shows a series of photographs of the experiments with unmatched (left side) 

and with matched (right side) sample conductivities. These photographs were taken just 

before the three separated latexes entered the collection tray at the top of the CFES. The 

band distortion and spreading of the PSL samples when the conductivities of the samples 

and curtain were not matched was evident from the photographs and was confirmed by 

analysis of the collected fractions. In Figure 6 it is seen that band spreading is far more 

severe when the sample conductivity is three times that of the carrier buffer, and sample 

migration also appears to be anomalous. 

It has been determined, however, that the actual initial sample stream distortion is an 

electrohydrodynamic effect giving a shape determined by ratios of dielectric constant and 

conductivity of the sample buffer to those of the carrier buffer. The length of the distortion 

is proportional to the square of the voltage gradient. This distortion mechanism moves the 

sample toward the chamber walls and produces the previously mentioned spreading. How- 

ever, under certain conditions the sample stream can also spread laterally and migrate toward 

the chamber center plane. This lateral mode of sample stream distortion could have a more 

adverse effect on resolution than transverse sample migration. 

The electrohydrodynamic relationships are developed along the lines of Taylor.'* He 

showed that the elongation of a drop of one dielectric fluid in another depended on the ratios 

of the conductivities, viscosities, and dielectric constants of the drop and the surrounding 

fluid. Taylor determined a discriminating function to predict whether the drop would become 

prolate or oblate. 

His arguments can be used to calculate the distortion of a sample stream during elec- 

trophoresis.'° Consider a cylindrical fluid sample filament in a rectangular flow section. It 

is assumed that the Reynolds number is small so that it is permissible to use the linear 

(Stokes) equation of motion and that the cylindrical sample stream is small compared to the 

thickness of the chamber. If a typical cross section is analyzed, the sample will appear as 

a circle in an infinite expanse of buffer. Taking the subscripts of i = 1 for the sample and 

i = 2 for the buffer, the conductivities, dielectric constants, and viscosities are o;, k,, and 

y;, respectively. The sample stream has a radius a, and E is the uniform electrical field far 

from the sample stream. Following the arguments of Taylor, an expression for the surface 
stress can be derived: 

EK, Cs 2 = an(R? + 1) [S(Ro tp R-S1)— 3 eos 20 

where C = surface stress; E = electric field strength; R = ratio of conductivity of sample 
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Cc D 

FIGURE 5. Photographs of polystyrene latex samples with unmatched conductivity (A and C) and matched 

conductivity (B and D). 

to that of buffer, o,/0,; K, = dielectric constant of buffer; and S = ratio of dielectric 

constant of buffer to that of sample, — K,/K,. 

The term inside the brackets can be considered a discriminating factor, since it determines 

the sign of the surface stress. The ratio of dielectric constants, S, will be near unity for 

experiments with dilute PSL samples in buffers made of the same constituents as the flowing 

curtain. When the conductivity of the sample equals that of the buffer, R = 1 and the 

surface stress is zero, signifying an undistorted sample stream. When R is greater than 1.0 

(sample stream conductivity is higher), the discriminating factor and surface stress are 

positive and the surface stress varies with 6, as shown in Figure 7. When a relatively low- 

conductivity sample buffer is used, R is less than 1.0 and the surface stress vectors shown 

in Figure 7 are reversed. 

The major difference between Taylor’s case of the immiscible fluid drop and this case 

of the sample stream in a buffer solution is that no restoring force such as surface tension 

is present to limit the distortion of the sample stream. Therefore, it follows that the defor- 

mation will continue until a ribbon is formed. This formation was confirmed by the following 

experiments. Figure 8 is a view of the buffer-collection end of a thick horizontal electro- 
phoresis chamber designed to permit observation and photographs of the collection cross 
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FIGURE 7. Cross-sectional diagram of high conductivity sample showing surface stress vectors acting 
on a cylindrical sample stream with long axis perpendicular to the electric field. 

section. A monodisperse suspension of white PSL was inserted into the input end of the 

chamber (not in view), and the thin cylindrical sample stream could be seen (Figure 8A). 
The electric field was produced by electrodes that extend the length of the 15.24-cm-long 
chamber. Figure 8B shows an example of the low-conductivity latex sample distorted into 

a vertical (transverse) ribbon in the high-conductivity buffer. Figure 8C shows a horizontal 

(lateral) ribbon obtained when a high-conductivity sample stream was inserted into a low- 
conductivity curtain buffer. 

IV. DISCUSSION AND CONCLUSION 

These experiments in the MDAC CFES were intended to confirm two previous obser- 

vations on space electrophoresis: that only electrophoresis and electroosmosis determined 

particle migration in an electric field during zone electrophoresis on Apollo 16, and that 

electrophoresis was independent of sample concentration with up to 20% albumin on STS- 

4. Instead, these experiments showed that the previous conclusions were too simplistic. 

First, the sample insertion disk used for the Apollo zone electrophoresis experiments is 

not a valid model for the sample filament configuration of CFE. Second, increasing the 

quantity of protein added to the electrophoresis buffer to constitute the sample also propor- 

tionally changes the electrical properties of the sample, and this has a significant impact on 

the subsequent electrophoresis of that sample by CFE. 

Hemoglobin electrophoresis was the first of these experiments in space, and the pattern 

of the collected sample did not fit our model. Although hemoglobin had a single electro- 

phoretic mobility, this mobility could not be measured with precision in the barbital buffer, 

and any estimate of electroosmosis was subject to error. Thus, the band structure of the 

high concentration of hemoglobin could not be readily understood. 

During the past year, a more detailed analysis of the hemoglobin experiment has led to 

the following probable sequence of events. The 9% hemoglobin sample added to the 2 mM 

barbital buffer (pH 8.2) reduced the overall sample pH to 7.5. Since the pK of the barbituric 

ion is 7.8, less than half of the sodium barbiturate molecules in the sample stream were 

ionized. As soon as the sample stream entered the flowing chamber buffer and the region 

of the electric field, the positive sodium ions carried most of the current within the sample 

stream, so Na* rapidly built up at the trailing edge of the sample stream. This led to a 

hemoglobin sample with reduced conductivity in the front of the band and higher conductivity 

in the rear. Electrohydrodynamic forces then acted on the different cross-sectional regions 

of the hemoglobin band to induce the flows and resultant band structure. The sequence of 

events is shown in Figure 9. The significance of this conductivity distribution in causing 

the dispersion of the hemoglobin in space was not determined until after the PSL particle 

electrophoretic distributions in space were analyzed. Thus, the analysis of the PSL flight 

results in the article by Snyder et al.'* is incomplete. 
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FIGURE 8. End-on view of polystyrene latex sample stream at zero voltage in thick elec- 

trophoresis chamber. A, with no stream distortion; B, with vertical ribbon formation when 

field is applied to low-conductivity sample streams; and C, with horizontal ribbon formation 

when field is applied to high-conductivity sample stream. 
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FIGURE 9. Electrohydrodynamic distortion of high-concentration hemoglobin sample. 

Although the removal of thermal convection and sedimentation does not result in op- 

timized separations, the electrohydrodynamic distortions would not have been observed and 

measured without access to space with the McDonnell Douglas CFES. These distortions are 

independent of gravity and must be controlled in any future space electrophoresis system as 

well as in separations at earth’s gravity. 
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CELL PARTITIONING IN TWO-POLYMER-PHASE SYSTEMS: 
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I. INTRODUCTION 

Aqueous mixtures of dextran and polyethylene glycol (PEG) form two phases when 

mixed at concentrations above a few percent each, the top phase rich in PEG and the bottom 

containing most of the dextran. These solutions can be buffered and used as separation 

media, via preferential partitioning, for biological macromolecules, organelles, and cells. 

Because of the biocompatibility of the polymers, their modest concentrations, and the low 

interfacial tension between the phases, such systems provide an extremely benign environ- 

ment for living cells which supports retention of viability over extended periods. 

Particles with diameters greater than a few hundred angstroms generally distribute them- 

selves between one phase and the interface between the two liquids, rather than between 

the two bulk phases, because the loss of interface area which results from such adsorption 

is sufficient to significantly reduce the free energy of the system. The partition coefficient 

for a population of cells or particles, therefore, ought to depend on the magnitude of the 

free energy of adsorption of cells in the interface, i.e., the decrease in free energy which 

occurs when a cell adsorbs in the phase boundary. This free energy difference depends on 

the interfacial tension, the cell surface area, and the differential compatibility of the cell 

surface with the components in the two phases.’ 

If cells distributed themselves according to thermodynamic equilibrium, as molecules 

do, the partition coefficient, K (defined as the number of cells free in the bulk phase divided 

by the number adsorbed in the interface), would be determined predominantly by the cell 

adsorption free energy, AG°, and the absolute temperature, T, according to the Boltzmann 

distribution: 

K = exp (AGYkKT) (1) 

where k is the Boltzmann constant. It is possible to test this relationship,'* since AG® can 

be calculated if the interfacial tension and the angle subtended by the tangent to the cell 

surface and the phase boundary at the line of contact; the contact angle, are measured for 

representative cells in a population. By altering the composition of the phase systems, AG° 

can be varied over a wide range. Parallel measurement of K under each set of conditions 

allows Equation | to be tested. The results indicate that, while cell partitioning is a stochastic 

process and K depends roughly exponentially on AG®, the apparent value for kT is several 

orders of magnitude too large. The systems behave as if the characteristic random energy 

responsible for distributing cells between the interface and a bulk phase was much larger 

than thermal energies. Stated another way, the energy required to remove a cell from the 

interface is much larger than kT; yet, during the partitioning process, a significant fraction 

of cells are removed into one of the bulk phases by unidentified forces. Cell partitioning, 
therefore, is not an equilibrium process. 

If the nonequilibrium contributions to the mechanism of cell partitioning can be deter- 

mined, it should be possible to design processes which minimize these kinetic effects and 

provide partition constants which more closely follow thermodynamic behavior. This would 

be a significant advance, since it would mean that K would more closely obey Equation 1. 
The value of the contact angle is under experimental control’ and can be manipulated in a 
variety of ways to maximize the differences in AG® between, for instance, two types of cells 
in a mixture. Since we know? that the magnitude of AG® is much greater than kT, Equation 
I states that moderate differences in AG® should produce large differences in K, hence greatly 
increasing the resolution of separation. In the sections that follow, three approaches that we 
are taking, aimed at enhancing the resolution of cell partition, will be discussed. 
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II. DEMIXING OF PHASE-SEPARATED SYSTEMS IN A 
REDUCED-GRAVITY ENVIRONMENT 

A cell partition step is carried out by introducing cells to the two-phase system, mixing 

it to expose the cells to both phases, then permitting the system to demix to allow isolation 

of the phases. Because the interfacial tension between the phases is very low (typically <10 

N/m), emulsification of the system occurs readily, and manual mixing reduces the char- 

acteristic dimensions of the domains to the order of cellular dimensions. Hence, immediately 

upon cessation of mixing, all cells will be in contact with the interface between the phases. 

If the equilibrium contact angle was formed at this stage and maintained throughout demixing, 

presumably the resulting partition coefficient would obey Equation 1. 

However, the experimental results alluded to above imply that this contact is not main- 

tained, suggesting that during the demixing process forces act at the interface to remove 

adsorbed cells which at equilibrium would remain there. These forces have not been iden- 

tified, but we hypothesize that they result from the complex hydrodynamic environment to 

which the cells are exposed during the demixing process. In the laboratory, following a brief 

lag period during which the local phase domains grow by coalescence or diffusion processes, 

the system demixes chiefly via strong convective streams as the dextran-rich phase sinks 

and the PEG-rich phase rises due to density differences.'The convection sets up secondary 

flows and creates a chaotic environment which produces relatively strong, unsteady shear 

forces throughout the system. Following the convective streaming, sedimentation and floa- 

tation of phase drops to which cells are adsorbed also occurs, a process which likewise 

produces shear forces at the drop surface. At many stages in the demixing process, then, 

shear forces are present which could remove adsorbed cells from the interface. 

In order to test our hypothesis and carry out cell partitioning experiments in the absence 

of convection and droplet sedimentation, we have begun a series of experiments aimed at 

measuring cell partition coefficients in the reduced gravity environment of the Space Shuttle.* 

The first requirement for such an experiment, of course, is that the phases demix in space 

in a reasonable length of time. We examined this point in April 1985 with an experiment 

in which the time course of demixing was followed by photographing at intervals a small 

unit containing a number of different aqueous two-phase systems in transparent chambers. 

Each chamber was equipped with a mixing ball so that when the unit was shaken manually 

the systems were emulsified. The interesting result was that in all cases the systems eventually 

demixed, although considerably more slowly than on the ground. The disposition of the 

demixed phases was such that the PEG-rich phase, which wet the polymethyl methacrylate 

container walls, was in contact with the wall, with the dextran-rich phase floating like a 

spherical egg yolk in the center of the chamber (Figure 1). The mechanism by which the 

demixing took place is not known, but the kinetics suggest that coalescence of phase drops 

was involved.* Demixing occurred over periods of 10 to 60 min in systems useful for cell 

partitioning on the ground. Therefore, it appears that it will be possible to carry out a cell 

partitioning experiment in space in due course to provide a test of the above ideas. 

II. CELL PARTITION WITH THE LOWER PHASE 
IMMOBILIZED ON CHROMATOGRAPHY BEADS 

If the hypothesis proposed above is correct, the resolution of cell partitioning might be 

expected to be different if the partitioning step was to be carried out in a different mechanical 

environment from that present when the system is simply mixed and allowed to demix by 

settling. One method by which such a change in the process might be realized would be to 

immobilize one of the phases on a chromatography bead and perform the separation in a 

column. Since Miiller has developed a method for immobilizing a dextran-rich phase on 
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FIGURE 1. The appearance of ten dextran/PEG two-phase systems after several days exposure to the reduced- 

gravity environment of space. The dark phases are PEG rich, dyed with trypan blue. The dark sphere in each is 

a stainless steel mixing ball. Each chamber is 1.5 cm wide. For a description of the properties of each system, 

see the original paper.* The compositions of the ten systems described below are designated (X/Y/Z)S, T/B. X 

= concentration of dextran (% w/w); Y = concentration of PEG, 8,000 mol wt (% w/w); Z = concentration of 

Ficoll®, 400,000 mol wt (% w/w); S indicates the buffer present: 1 = 109 mM NaH,PO,, 35 mM Na,HPO,, pH 

7.2; If = 150 mM NaCl, 7.3 mM Na,HPO,, 2.3 mM NaH,PO,, pH 7.2; Ill = 84.6 mM Na,HPO,, 25.4 mM 

NaH,PO,, pH 7.5; and T/B indicates the ratio of PEG-rich to dextran-rich phase volumes present. All systems 

contained dextran of ~500,000 mol wt except the (7/5/0) system, which contained dextran of ~40,000 mol wt. 

The compositions of the ten systems illustrated are: first row, left to right — (8/4/0)I, 2/3; (8/4/O)I, 3/2; (7/0.29/ 

12), 1/1; (7/5/0)M, 1/1; and (7/5/0)I, 1/1; second row — (8/4/0)I, 1/1; (6/4/0)I, 1/1; (S/4/0)I, 1/1; (S/3.5/ 

O)I, 1/1; and (5/4/0)I, 1/1. 

chromatography beads derivatized with polyacrylamide,° we attempted to utilize this ap- 

proach for cell separations.’ 

In the studies to be outlined, a model separation of dog and human erythrocytes from 

mixtures of the two cell types was attempted. These two cells are similar in their surface 

properties, but show a differential ability to adsorb fatty acid-PEG conjugates which results 

in large differences in partition constants in systems in which appropriate concentrations of 

such conjugates are included.’ This effect is illustrated in Figure 2 for erythrocytes fixed 

with glutaraldehyde, where cell partitioning measured in a series of conventional experiments 

is shown as a function of concentration of the PEG ester of oleic acid. The conjugate was 

included in a phase system composed of 3% dextran T40 (40,000 mol wt), 7.7% PEG 8000 

(8000 mol wt), and 0.079 M dibasic and 0.025 M monobasic sodium phosphate, pH 7.2. 

The results suggest that concentrations near | M ester should be most effective in separating 
the two cell types. 

In utilizing Miller’s technique for immobilizing the dextran-rich phase, two types of 

beads were derivatized with polyacrylamide: agarose (200 to 300 ym diam; Pharmacia, 

Piscataway, NJ) and Fractogel®, a silica-based material (TSK HW-65F, 30 to 65 wm diam, 

BDH). The original papers should be consulted for experimental details.*” The technique 
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FIGURE 2. The partition behavior of glutaraldehyde-fixed dog and hu- 

man erythrocytes in a 3.0% dextran 40, 7.7% PEG 8000, isotonic sodium 

phosphate buffer, pH 7.2 phase system as a function of the concentration 

of PEG-oleate present, measured in a conventional single-tube experiment; 

(@) dog cells, (4) human cells. 

essentially is to incubate the derivatized beads in the bottom, dextran-rich phase, which is 

thus absorbed into the gel matrix of the bead. The polyacrylamide derivatization makes the 

beads incompatible with PEG-containing phases,* effectively immobilizing the dextran-rich 

phase when the PEG-rich phase is used as the eluent. PEG-oleate can be incorporated into 

the elution medium either at constant concentration or in a gradient. Both approaches were 

attempted. 

Separations were achieved with both the agarose and Fractogel® systems. In the former 

case, the best results were obtained when the cells were incubated on the column in the 

PEG-rich top phase in the absence of PEG-oleate, the column then washed with ester-free 

top phase to remove unbound cells (which comprised about 25% of the number loaded), 

and an optimal concentration of PEG-oleate (4.6 4m for unfixed cells) then applied iso- 

cratically. This protocol released approximately 50% of the dog cells loaded, at a purity of 

>75% (not shown). Phosphate-buffered saline (PBS) was then added to produce a single 

phase which eluted 30% of the human cells at a purity of >70%. This protocol was found 

to be more effective than any combination of gradients of PEG-oleate or other esters that 

interact even more strongly with the cells.° 

The Fractogel®-based preparations proved to be somewhat more effective than the aga- 

rose beads, largely because there was essentially complete adsorption of the cells loaded on 

the column if no PEG-ester was present. It is possible that the smaller size of the Fractogel® 

was responsible for this behavior, producing smaller interbead distances and higher fre- 

quencies of cell-bead contact than in the agarose system. However, increasing the time over 

which the cells were incubated on the agarose columns before eluting with ester did not 

improve the situation. 
The easiest and most efficient procedure for the Fractogel® columns proved to be simply 

to load the cell mixture on the column at the desired PEG-oleate concentration and elute 

isocratically with no preincubation. Figure 3 shows the rest of loading 0.1 ml containing 5 

x 107 cells/ml of '*°I-labeled fixed human erythrocytes and an equal concentration of °*'Cr- 

labeled fixed dog red cells on a 0.7 cm* X 1-cm column in a PEG-rich phase containing 
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% of cells loaded 

Fraction number 

FIGURE 3. The elution profile resulting from the elution of a mixture 

of human and dog erythrocytes by PEG-rich phase containing 1.25 x 

10-° M PEG-oleate from the column described in the text; (@) dog cells, 

(A) human cells. 

1.25 x 10~-° M PEG-oleate and eluting with the same medium, with no incubation period. 

Of the dog cells, 92% were eluted with only 7% of the human cells; the remainder were 

released with addition of pure buffer. The purest fraction contained 49% of the dog cells 

contaminated by only 0.4% of the human cells. 

Two interesting features of this type of separation emerged from a detailed analysis of 

a series of experiments like those described above. First, the elution volume of the peak for 

either cell type, measured in experiments on single cell types, did not decrease with increasing 

PEG-oleate concentration except under conditions that led to poor recoveries. Hence, mul- 

tistep partitioning does not appear to be occurring with cells. The system behaves more like 

a single-step affinity or ion-exchange column than a true chromatography column. Second, 

and of particular interest in the context of the present paper, the resolution of separation 

was considerably higher than would be obtained from a single partitioning step of the 

conventional type. This can be seen by comparing Figures 2 and 4. The latter shows the 

results of studies in which the total recovery measured in a series of isocratic elution 

experiments at different PEG-oleate concentrations is plotted for the two cell types. It is 

clear that the results obtained in these experiments indicate much higher separation on the 

columns. 

Since multiple partitioning steps evidently do not occur, some other feature must be 

responsible for the enhancement in performance found with the columns. It is quite possible 

that the fluid mechanical environment in the columns is responsible. Certainly with a constant 

elution rate the local shear stresses, acting at the surface of the beads holding the dextran- 

rich phase, would be steadier and probably weaker than those present during demixing of 

phase emulsions. During demixing via droplet coalescence, for instance, relatively high 

shear might be expected to occur near the region in which the two involved interfaces merge 

and retract. Since the separations obtained with columns more closely approach thermo- 

dynamic behavior than do conventional single-step partitions, the above results support the 

idea that the hydrodynamic environment in which particle partitioning takes place plays an 
important role in determining K. 
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FIGURE 4. The total recovery of cells eluted in separate runs 

from a series of columns to which were applied either dog (@) or 

human (A) erythrocytes suspended in PEG-rich phase containing 

the concentration of PEG-oleate indicated and eluted with the sus- 

pending medium. 

IV. IMMUNOAFFINITY PARTITIONING OF CELLS 

The third approach we are taking to improve the resolution of cell partitioning is to 

develop very specific methods of altering the surface free energy of the subpopulation of 

cells which is to be isolated from the total population in which it resides; that is (referring 

to Equation 1), the aim is to make the value of AG® much larger in magnitude for the 

subpopulation of interest than for the remainder of the cells present. 

The principle being followed here is known as affinity partitioning,’ in analogy to affinity 

chromatography. The idea is to use the specificity of some biorecognition reaction appropriate 

to the subpopulation to be isolated as a basis of the separation. The most generally applicable 

reaction is antigen-antibody binding, since surface antigenicity is the characteristic most 

frequently used to define cell subpopulations. In the context of partitioning, the challenge 

is to develop methods by which the binding of antibodies to specific surface antigens will 

cause those cells to partition into the phase from which the rest of the population is excluded. 

To accomplish this, conditions must be found under which the antibody of interest strongly 

partitions to one phase while the cell mixture partitions to the opposite phase or to the 

interface between them. In fortunate cases such a disposition may be found without modifying 

the ligand. For instance, in some viral systems binding of antibody significantly modifies 

partitioning of the cells.‘° However, more frequently some chemical modification of the 

ligand is necessary to concentrate it into one phase. The limited work on immunoaffinity 

partitioning that has been completed to date’’’” has utilized dextran/PEG systems. Hence, 

derivatizing antibodies with PEG is a natural approach, particularly since it is almost always 

possible, by manipulating the buffer composition, polymer molecular weight, or interfacial 

tension between the phases, to direct cells into the interface or dextran-rich bottom phase 

in the absence of ligand. Lower molecular weight materials may also be used, however, as 

is shown below. In fact, there may be some advantage to modifying antibodies with small 

molecules, as in some cases they interfere less with antigen binding." 

PEG-modified antibodies accumulate predominantly in the top, PEG-rich phase. When 
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the phase system is mixed, the cells are exposed to the modified antibodies which bind to 

cells bearing the appropriate antigen. The binding effectively coats the cell with PEG. This 

lowers the free energy of the coated surface in the PEG-rich phase and raises it in the dextran- 

rich phase; i.e., it increases the magnitude of AG®° due to the same polymer-polymer in- 

compatibility that drives phase separation in solution. Binding of modified antibodies, there- 

fore, increases the partition coefficient of the antigenically specified subpopulation of cells 

to a degree which depends on the partition coefficient of the antibody, the number of 

molecules bound per unit area, and the accessibility of the bound PEG to the phase poly- 

mers... 
We are currently working on two approaches to immunoaffinity partitioning, using either 

derivatized primary antibodies, which are directed against the cell surface antigen of interest, 

or derivatized secondary antibodies which bind to all IgG antibodies produced by a given 

species without interfering with the antigen-binding capacity of the latter. The advantage of 

the second antibody approach is that any primary, unmodified IgG may be used to bind to 

the specified cell subpopulation. The derivatized second antibody then binds to it to produce 

the affinity partitioning effect. Hence, the same second antibody may be used with all 

primary antibodies, obviating the necessity of modifying each individual immunoglobulin 

species. Examples of both approaches are given below. 

A. STUDIES USING PEG-MODIFIED PRIMARY ANTIBODIES 
Derivitization of rabbit anti-(human red cell) IgG ((ahRBC) with monomethyl PEG 1900 

(Aldrich, Milwaukee) was carried out as follows. The cyanuric chloride derivative of each 

was synthesized'? and incubated at mole ratios from 0.2 to 5 (with respect to lysine) with 

approximately 5 mg protein. The reaction was allowed to proceed for 40 min at room 

temperature in 0.1 M borate buffer, pH 9. The degree of substitution was estimated by 

measuring the number of free amines able to react with fluorescamine before and after the 

reaction.'® Details may be obtained from the original publication.'! The phase system utilized 

consisted of 5% dextran T500 (Pharmacia), 3.4% PEG 8000 (sentry grade, Union Carbide, 

New York), 130 mM NaCl, and 10 mM phosphate buffer, pH 7.2, prepared as described. '* 

Cells were obtained by venipuncture, collected into 0.38% trisodium citrate, and washed 

three times in 130 mM NaCl, 10 mM phosphate buffer, pH 7.2 (PBS). In some cases washed 

cells were fixed in 1% glutaraldehyde in PBS. Control experiments were run with nonspecific 

rabbit IgG or rabbit erythrocytes which did not react with the anti-(human red cell) IgG. 

Cell partition coefficients were determined by resistive pulse cell counting, typically from 

2-ml phase systems of equal phase volumes containing 10’ cells. All partitioning experiments 

were carried out at room temperature. 

In approaching the problem of developing effective immunoaffinity partitioning tech- 

niques for cells, three types of reactions must be kept in mind. First, coupling modifying 

agents to the IgG must not eliminate antibody binding to the antigen. Reducing the binding 

constant somewhat is acceptable, perhaps even desirable, if the affinity ligand is to be 

removed from the cell surface following partitioning. The second reaction of concern is 

agglutination caused by simultaneous binding of the divalent IgG to two cells. Agglutination 

leads to sedimentation of aggregates in the phase systems into or through the interface, 

reducing the resolution of the separation. Hence, it is to be avoided if possible. Depending 

on the location of the antigen in the membrane, glycocalyx IgG may or may not cause 

agglutination. However, again, reduction of the association constant can be beneficial from 

this perspective. The final relevant reaction is, of course, the partitioning of the cell-affinity 

ligand complex. The partition coefficient of the complex strongly depends on the partition 

coefficient of the affinity ligand and on the density of antigens present on the cell surface, 

although the latter dependence is weaker than would be expected. Further discussion of these 
issues is provided elsewhere."! 
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TABLE 1 
Effect of PEG-IgG on the Partition of Human Erythrocytes 

IgG Concentration (mg/ml) 

rahRBC Nonspec.* PEG-rahRBC Kee Kou/Kootrot 

= — — 15 = 

= — 0.15 Shy aS) 2.3 

0.3 — — 18.5 23 

0.3 — 0.15 19 27 

— 0.5 — 15 1.0 

0.5 0.15 24 1.60 
a am Ee 24 = 

— — 0.15 235° 1.06 

* Nonspecific IgG. 

Percentage of cells in system partitioning into the top phase. 

° Fixed rabbit red cells were used instead of human. 

The rahRBC derivatized with PEG 1900 to a level of 31 mol of PEG per mole of IgG 

was tested for its ability to affect the partitioning behavior of human red blood cells. The 

results are given in Table 1. It is seen that PEG-rahRBC more than doubled the human, 

but not the rabbit, cell partition in a manner that was inhibited by rahRBC, but not by 

nonspecific antibody. This partition increase was sufficient to allow easy separation of human 

from rabbit red cells by countercurrent distribution, but did not produce sufficient resolution 

to give a single-step separation.'! Although the experiments carried out with rahRBC were 

successful, sufficient experimentation was required to determine acceptable coupling and 

partitioning conditions so that a more general approach was clearly desirable. In addition, 

since a polyclonal antibody preparation was utilized, there was some uncertainty regarding 

the details of the results because of the mixture of molecular species present, not all of 

which would bind to the human cells. For these reasons, an approach utilizing monoclonal 

antibodies as a second reagent was investigated. 

B. STUDIES USING PEG-DERIVATIZED SECONDARY ANTIBODIES 

In attempts to develop a more general immunoaffinity reagent, we have been working 

with antibodies directed against the Fc fragment of IgG, a region of the protein which is 

not involved in antigen recognition. By derivatizing such a secondary antibody it was thought 

possible to increase the partition of any cell to which a nonderivatized IgG was specifically 

bound. A monoclonal antibody against the Fc fragment of rabbit IgG (marFc) was raised 

by standard techniques’» and derivatized with monomethyl PEG 1900 using cyanuric chloride 

as above. Polyclonal rabbit anti-(human NN glycophorin) IgG (raglyco) was obtained by 

raising an antiserum against human glycophorin, an erythrocyte membrane glycoprotein 

isolated from human NN red cells,'’ and isolating the IgG by fast protein liquid chroma- 

tography (FPLC) on a Mono-Q column (Pharmacia).'* Cells and phase systems were obtained 

and used as described above. 

The results of a series of experiments testing this approach are summarized in Figure 

5.'8 It is seen that there is almost a fourfold increase in the immunospecific partitioning of 

the human red cells only in the presence of both the underivatized rabbit anti-glycophorin 

antibody and the PEG-marFc. Hence, this approach was also effective and certainly produced 

a sufficient change in the partition to allow separation of the two cell types in a few 

extractions. 
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FIGURE 5. The effect of PEG-modified marF, and raglyco on the partition coefficient of human and rabbit 

erythrocytes. (From Brooks, D. E., Sharp, K. A., and Stocks, S. J., Makromol. Chem. Macromol. Symp., 

17, 387, 1988. With permission.) 

C. STUDIES WITH TRYPAN BLUE-DERIVATIZED ANTIBODIES 

Finally, we have combined the use of a small, nonpolymeric modifying agent with a 

secondary antibody. In this case we used trypan blue (TB) as the agent to be coupled to the 

IgG to increase its partition. TB has a partition coefficient of ten in the phase system used, 

much higher than PEG. 

TB (10 mg/ml) was coupled to sheep anti-(mouse Fc) (samFc, 5 mg/ml) by stirring 

with 1-ethyl-3(3-diaminopropyl)carbodiimide HCI (40 mg/ml) in sodium acetate buffer, pH 

4.8, for 4 h at room temperature, followed by dialysis against 1 M NaCl. The extent of 

modification was estimated using '*°I-IgG and dye absorption. 

The results given in Table 2 were obtained when 28 mol/mol of TB were coupled to 

samFc and the conjugate used as a secondary antibody in a system in which an unmodified 

monoclonal mouse anti-(human NN glycophorin) (maglyco) was included as a primary 

antibody. Although there was some nonspecific interaction between the double antibody 

complex and rabbit erythrocytes, in this system there was still a much larger increase in the 

partitioning of the cells toward which the primary antibody was directed, the ratio of the 

two partition coefficients being greater than seven. It may be that the dye has a tendency 

to adsorb to cells nonspecifically, since it is highly charged in solution. In any event, the 

results in Table 2 clearly indicate that the approach taken would again be ample to allow 

separation of the two illustrated cell types with a few sequential extractions. 
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TABLE 2 

Partitioning Behavior of Systems Containing TB-samFc and 

maglyco 

Cell type 1° Ligand 2° Ligand K* Kern K/K gontrot 

= = TB-samFe 5.0 0.3 17 

— maglyco TB-samFe 3.4 0.6 7 

Human RBC maglyco TB-samFc 2.6 0.1 26 

Rabbit RBC maglyco TB-samFc 0.9 0.25 3.6 

Partition coefficient of protein(s), equal to concentration ratio in phases, or cells, 

equal to ratio of number of cells in top phase to remainder. 

» Partition coefficient of underivatized samFc, maglyco in the absence of TB-samFc, 

or cells in the absence of antibody, as appropriate. 

V. CONCLUSIONS 

Both the use of immobilized dextran-rich phases on beads and the development of 

immunoaffinity partitioning have significantly increased the ability of dextran/PEG systems 

to separate closely related cell types. Studies in the reduced gravity, convection-free envi- 

ronment of space hold the promise of further advances in this direction, as well as providing 

unique information on the nonthermodynamic determinants of cell partitioning. We are 

continuing efforts in all three areas and anticipate that further improvements will allow 

virtually any cell separation problem to be solved by appropriate application of the partitioning 

technique. 
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I. INTRODUCTION 

A. TWO-PHASE SYSTEMS 

Liquid-liquid two-phase systems for enzyme purification are mainly composed either of 

a salt and a polymer (e.g., polyethylene glycol [PEG] and potassium phosphate) dissolved 

in water or of a mixture of two polymers in water (e.g., dextran and PEG). The salt-polymer 

systems, because of their low price and rapid phase settling, have been applied for large- 

scale enzyme extractions.'? The systems composed of two polymers have other advantages; 

for instance, the partition can be adjusted between the phases by directing the separation 

properties toward charge, hydrophobic pockets, or specific ligand binding of the target 

enzyme.*° By anchoring an affinity ligand to one of the phase-forming polymers, an enzyme 

(with affinity for this ligand) can be extracted into the corresponding phase. 

The compositions of the two phases as well as their volume ratio depend on the amounts 

and molecular weights of the two polymers. A number of polymer pairs have been studied 

and the composition of the phases described in the form of phase diagrams.’ Under certain 

concentrations of polymers only a single phase is obtained. With increasing concentrations 

of the two polymers, the compositions of the upper and lower phases will be different, as 

shown in Table 1. 

B. POLYMER-BOUND TRIAZINE DYES 

A number of triazine dyes, e.g., Cibacron blue F3G-A and Procion red HE-3B, have 

been found to act as pseudoaffinity ligands for a number of proteins, especially for enzymes 

in the kinase and dehydrogenase groups. The low cost and the ease of attachment to a matrix 

have made these dyes popular as ligands for affinity chromatography.*? These reactive dyes 

have mainly been attached to the phase-forming polymers (PEG, dextran, Aquaphase® PPT) 

in two ways: (1) reaction of the dye in alkaline water solution with the polymer, followed 

by removal of free dye and eventually unsubstituted polymer;'®'” or (2) by introducing amino 

groups on the polymer molecules which, in turn, react swiftly with the reactive dyes.'*:4 
To obtain the amino derivatives of the polymers they are activated by bromination (SOBr,), 

tosylation, or tresylation.'*'© The use of diaminoalkanes makes it possible to introduce a 

spacer between the dye ligand and the polymer. When added to an aqueous (two-polymer) 

two-phase system, the dye-polymer is concentrated in the phase rich in the parent polymer 

if the degree of substitution is low (1:1 molar ratio). More heavily substituted polymers 

show a change in partition behavior due to the introduction of larger amounts of hydrophobic 

as well as charged groups. An increasing number of dye groups per polymer molecule makes 

the partition of dye-polymer more sensitive to electrolyte conditions of the system (i.e., the 

kind of salts and the pH).'’ 

C. PARTITIONING OF PROTEINS 

Proteins as well as other cell components (nucleic acids, membranes, organelles) can 

be included in the system and partitioned between the two phases. The two-polymer-phase 

systems have a high capacity for proteins, and up to 150 g protein per liter can be incorporated, 

though loadings of 5 to 50 g/l are more normal. Due to the low interfacial tension and small 
difference in the densities of the phases, mixing and equilibration are achieved extremely 
rapidly (within a few seconds). The separation (settling) of the phases is slow for the same 
reasons, but is speeded up by the presence of cell debris (which, in general, partition toward 
the lower phase). For large-scale extractions, phase separation can be shortened by centrif- 
ugation. 



273 

TABLE 1 

Compositions of the Phases of Some Two-Phase 

Systems Composed of Water, Dextran T-500, 

and PEG 8000 at 20°C? 

Values Are Expressed as % (w/w) 

Total composition Upper phase Lower phase 

Dextran PEG Dextran PEG Dextran PEG 

4.0 4.0 1.8 4.9 3 2.6 

5.0 5.0 0.3 Ua 1333 ial 

7.0 7.0 0.1 10.5 20.3 0.4 

9.0 9.0 0.0 13.6 255 0.2 

@ Calculated from Albertsson.’ 

ALog K 

5 10 15 
1/ Ligand-PEG 

0.5 1.0 175 2.0 

Ligand-PEG (%) 

FIGURE 1. (a) Increase in the logarithmic partition coefficient of phosphofructokinase from 

baker’s yeast, A log K, as a function of concentration of Cibacron blue F3G-A PEG (given 

in percentage of total PEG). System as in Table 3, but with 50 mM sodium phosphate buffer. 

(b) Reciprocal plot. (From Johansson, G., Kopperschlager, G., and Albertsson, cee Eur. 

J. Biochem., 131, 589, 1983. With permission.) 

II. PARAMETERS DETERMINING AFFINITY PARTITIONING 

A. LIGAND CONCENTRATION 
The partition coefficient, K, increases (if the ligand is in the upper phase) or decreases 

(ligand in the lower phase) with increasing concentration of polymer-bound ligand and 

asymptotically approaches a ‘“‘saturation’’ value, as shown in Figure |. The effectiveness 
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TABLE 2 

Affinity Partitioning of Lactate Dehydrogenase from an 

Extract of Swine Muscle at Various Polymer 

Concentrations 

Percentage in 

Aquaphase® PEG 8000 _apper phases Purification 

PPT (% [w/w]) (% [w/w]) LDH _s#Protein factor 

5.0 13.0 86 48 1.8 

Dail 50 91 35 2.6 

6.5 17.0 95 24 3.9 

Wee? 19.0 84 15 Sol) 

8.0 21.0 68 8.2 8.3 

8.8 23.0 48 5.2 9.2 

Note: Procion yellow HE-3G was used as PEG-bound affinity ligand. 

System: Aquaphase® PPT, PEG 8000, Procion yellow HE-3G PEG 

8000 (1% of total PEG), 40 mM sodium phosphate buffer (pH 7.9), 

and 3.0 g protein per liter (muscle extract). Temperature, 22°C. 

Data from Tjerneld, F., Johansson, G., and Joelsson, M., Biotechnol. 

Bioeng., 30, 809, 1987. With permission. 

of the extraction is taken as the change in log K (A log K). An inverse plot of 1/A log K 

VS. 1/Ciigana Zenerally gives a straight line (for pure proteins) and facilitates the extrapolation 

to the limiting value, which is denoted by A log K,,,,. 

B. POLYMER CONCENTRATION 

Increasing concentration of the phase-forming polymers enhances the partitioning of the 

ligand-polymer toward one phase, and this, in turn, gives rise to higher (absolute) values 

of A log K,,,,. Proteins in general partition strongly. into the lower phase, and PEG (in the 

upper phase) is therefore favorable as the ligand carrier when an enzyme is to be extracted 

from a crude protein mixture. An example of the ‘‘polymer effect’’ is given in Table 2. 

C. KIND OF SALT AND ITS CONCENTRATION 

Salts affect dye-protein interaction to various degrees. Phosphates and acetates have 

only a weak influence on the affinity partitioning and can therefore be present in high 

concentrations (up to 250 mM). Chaotropic salts like iodide and thiocyanate show strong 

interference at moderate concentrations, as shown in Table 3. 

D. pH VALUE 

Increasing pH values lower the A log K,,,, values and can be a way of increasing the 

specificity in extraction. Examples are found in References 11, 18, and 20. 

E. TEMPERATURE 
The A log K,,,, values generally increase with decreasing temperature. !!:'® 

F. FREE LIGANDS 

Addition of natural ligands, e.g., ATP or NAD (especially in combination with Mg?* 

or sulfite), has a strong effect on affinity partitioning.''’'* It can be used for group-specific 

‘‘stripping’’ while more “‘nonspecific’’ dye-protein interactions are not affected. In the case 

of glucose-6-phosphate dehydrogenase, a 2.7-fold purification has been obtained by the use 

of NADP.?! 
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TABLE 3 
Effects of Various Salts on the Affinity Partitioning 

Effect: Partition of Phosphofructokinase from Baker’s 

Yeast in Systems with and without a Saturating Amount 

of Cibacron Blue F3G-A PEG 

A log K,,,,. 

Salt 23mM 63mM 250mM 

Sodium phosphate, pH 7.0 additional 2.8 29 n.d. 

Sodium acetate 2.9 Pig) PU 

Sodium sulfate 2.7 2.4 0.9 

Potassium chloride ps) Hp 0.6 

Potassium iodide Dah 1.9 <0.1 

Sodium thiocyanate n.d. 1.9 n.d. 

Potassium phthalate, pH 7.0 n.d. ilo3) n.d. 

Sodium perchlorate n.d. 12 n.d. 

Note: System: 7% dextran 500, 5% PEG 8000, 10 mM sodium phosphate 

buffer, pH 7.0, 0.5 mM EDTA, 5 mM 2-mercaptoethanol, and 4 kat 

enzyme/| (1 kat = 60 U). Temperature, 0°C; n.d. = not determined. 

Adapted from Johansson, G., Kopperschlager, G., and Albertsson, P.-A., Eur. 

J. Biochem., 131, 589, 1983. With permission. 

G. LIGAND/POLYMER MOLAR RATIO 

Increasing the number of ligands per polymer molecule has interesting effects on the 

partitioning of the dye-polymer complex; this also influences the effect of the complex on 

the partitioning of proteins. This has been studied on dextran.'’? Highly substituted dye- 

dextran can easily be partitioned to either the upper or lower phase, or it can be equally 

distributed between the phases by choice of salt in the system. This is due to the interfacial 

potential’ caused by differences in the ions of the salt for the two phases. Since the dyes 

are charged molecules, the polymer distribution will be affected due to the high number of 

charges. 

II. COUNTERCURRENT DISTRIBUTION OF CRUDE PROTEIN 
EXTRACTS 

The heterogeneity of a crude protein extract can be analyzed by repeated partitioning 

steps carried out in a manner similar to chromatographic processes. Most popular is coun- 

tercurrent distribution (CCD) according to Craig.*? The principle of CCD is illustrated in 

Figure 2. The fractions obtained are analyzed for protein content as well as enzymes of 

interest. The obtained CCD diagram shows whether an enzyme partitions as a single com- 

ponent. If so, its CCD curve should be given by Equation 1,” 

Uh ice a (1) 
; ito — i)! G+ Gp 

where T, is the fraction of a single component with partition ratio G in tube number i (i 

varies between 0 and n) after n transfers. G is equal to K + V,,/V,, where V, and V, are 

the volumes of the upper (mobile) and lower (stationary) phases, respectively. The G value, 
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Transfer direction 

SecHUHUEHHL 

Tube number 

FIGURE 2. Principle of countercurrent distribution. (a) Arrangement for a nine-transfer countercurrent distri- 

bution. Sample is included in tube 0. Curved arrows indicate the first transfer. (b) The ten systems obtained after 

nine transfers. The dots show the distribution of homogeneous proteins with K = 0.1 (@) and K = 10 (O), 

respectively. The volume ratio (upper to lower phase) is 1.5, and 9% of the upper phase is stationary. (From 

Johansson, G. and Andersson, M., J. Chromatogr., 291, 175, 1984. With permission.) 

and therefore also the K value, can be estimated from the position of the peak i,,,, (tube 

with maximal amount) in the CCD diagram, and Equation 2: 

G =e (2) 
n-i 

max 

A CCD resolution of a protein extract from baker’s yeast is shown in Figure 3. 

IV. PREPARATIVE EXTRACTION 

A major advantage of the aqueous two-phase systems is that their properties can be 

determined on a small scale (using systems of 2- to S-ml volume) and that the results can 

then be directly applied on a large scale. A preliminary test, on a small scale, for the affinity 

extraction (with Procion yellow HE-3G PEG) of lactate dehydrogenase (LDH) is shown in 

Table 2. When protein extract from swine muscle was partitioned in a system containing 

Aquaphase® PPT (a hydroxypropyl starch) and PEG plus ligand-PEG (ratio 99:1), the 

purification factor increased with increasing concentration of the two polymers. The highest 

concentrations tested, however, reduced the amount of enzyme extracted into the upper 

phase. 

The presence of debris and of proteins influences the effect of the affinity extraction, 

as shown in Table 4. 

Three methods can be applied for the extraction. First is the affinity partitioning of the 

crude homogenate, including debris. Despite the need for a higher concentration of the 

affinity ligand and the relatively poor recovery, this method allows extraction in a single 

step. Eventually, the homogenization of the tissue can be carried out directly in the two- 

phase system. Second, the tissue is homogenized in a buffer and the debris is removed by 

centrifugation before the affinity partitioning. This reduces the required amount of ligand- 

PEG. The third method, involving a fractional precipitation of proteins, including LDH, by 

treating the supernatant liquid with PEG, introduces more steps before the extraction, but 

offers a concentration of the protein and therefore reduces the necessary volume of the two- 
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TABLE 4 

Effect of the Concentration of PEG-Bound Procion 

Yellow on the Partitioning of Lactate Dehydrogenase 

(LDH) 

Procion yellow Percentage of LDH in upper phase 

HE-3G PEG Muscle homogenate Muscle extract Pure 

(% of total PEG) (with debris) * (supernatant) LDH 

0 0 0 0 

0.2 2 14 34 

0.5 6 33 71 

1.0 18 69 93 

2.0 30 85 n.d. 

6.0 50 94 n.d. 

Note: System composition: 20% (w/w) Aquaphase® PPT, 7.6% (w/w) PEG 

including Procion yellow HE-3G PEG and 40 mM sodium phosphate 

buffer, pH 7.9. In all cases the concentration of LDH was 100 U/g 

system. Temperature, 22°C; n.d. = not determined. 

Data from Tjerneld, F., Johansson, G., and Joelsson, M., Biotechnol. Bioeng., 

30, 809, 1987. With permission. 

TABLE 5 

Large-Scale Extraction Using a Centrifugal Separator for Settling of the Phases 

Muscle homogenized Muscle 

in system extract 

Concentration of Procion yellow PEG (% of total PEG) 2 IES 

Muscle (g) used per | system ; 100 160 

Initial LDH concentration (kU/1 system) 66 70 

Recovery of LDH in top phase: 

(kU/1 system) 32 58 

(kU/kg muscle) 312 364 

(kU/g ligand-PEG) 21 51 

Total recovery of LDH in both phases (kU/1 system) 63 68 

Specific activity (U/mg protein) 114 126 

Degree of purification (relative to protein) 10x 11x 

Note: The extraction of LDH from muscle and muscle extract, respectively, was carried out with a two-phase 

system containing 20% Aquaphase® PPT, 7.6% PEG, 40 mM sodium phosphate buffer, pH 7.9, and either 

muscle (10%) that was homogenized directly in the system, or muscle extract (20%, corresponding to 16% 

of meat). Temperature, 25°C; speed of separation, 0.5 1/min; volume ratio (top/bottom), 0.93. 

From Tjerneld, F., Johansson, G., and Joelsson, M., Biotechnol. Bioeng., 30, 809, 1987. With permission. 

phase system. The first two alternatives have been compared’? on a large scale by using an 

Alfa-Laval® centrifugal separator, LAPX 202; results are presented in Table S. 

The enzyme in the upper phase can be further purified by washing the phase with a 

fresh lower phase. A simple way of removing the PEG and ligand-PEG is addition of a 

phosphate mixture to the recovered upper phase. A two-phase PEG-salt system is obtained 

where the enzyme (95% or more) is recovered in the salt phase. The ligand-PEG (together 

with PEG) is recovered with 96% efficiency and can be reused without purification.!° A 

schematic of a large-scale process for extracting the enzyme, “‘stripping’’ the enzyme with 

salt, and recycling the ligand-PEG is suggested in Figure 4. A washing step is included, 
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TABLE 6 

Process Data for Economical Evaluation 

of the Large-Scale Enzyme Extraction 

Described in Figure 4 

Consumed and produced 

amounts of material per 

_ hour 

Muscle 

homogenized Muscle 

in system extract 

Material consumption 

Aquaphase® PPT 6.64 kg 6.64 kg 

PEG 0.11 kg 0.11 kg 

Ligand-PEG 10.7 g eae: 

Salt (phosphate) 3.99 kg 3.99 kg 

Tissue 3.0 kg 4.8 kg 

Enzyme recovery 

In first top phase 960 kU 1740 kU 

After wash step 867 kU 1572 kU 

In final bottom 824 kU 1493 kU 

phase 

Note: The data are based on the values in Table 5. 

Data from Tjerneld, F., Johansson, G., and Joelsson, 

M., Biotechnol. Bioeng., 30, 809, 1987. With permis- 

sion. 

and the only slightly contaminated lower phase can be reused for the first extraction. Data 

for the material consumption and the recovery of enzymes for.a flow rate of 30 I/h are 

presented in Table 6. The extraction can be made from both homogenated tissue as well as 

the supernatant liquid obtained by centrifugation. In both cases the extractions yield the 

same cost, but the latter one is more effective (i.e., more enzyme can be recovered). The 

contributions to the total cost in both cases are as follows: the lower phase polymer (Aqua- 

phase, not recovered), 75%; other chemicals and tissue, 13%; labor costs, 7%; and investment 

and energy costs, 5%. It is worthwhile to observe that the cost for the ligand-PEG is as low 

as 0.5% (of total costs) for affinity extraction from debris-free protein solution. The low 

cost is due to the effective recovery of this polymer in the process. When crude homogenate 

is used, the consumption of ligand-PEG rises to 4% of the total cost because of adsorption 

of the polymer to the debris. 

V. AFFINITY PARTITIONING IN COMBINATION WITH OTHER 
METHODS 

In most cases affinity partitioning must be combined with other methods of purification 

in order to obtain enzyme preparations of required purity. A few examples are listed below. 

A. PURIFICATION OF GLUCOSE-6-PHOSPHATE DEHYDROGENASE 

This enzyme has been purified from baker’s yeast in three main steps, including fractional 

precipitation with PEG, affinity partitioning with Procion yellow HE-3G, and batchwise 

sorption/desorption on DEAE cellulose. The results are shown in Table 7. The purification 

can also be followed, as shown in Figure 5, from the sodium dodecyl sulfate (SDS) elec- 

trophoresis pattern of the original extract and the product obtained from each step. 
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TABLE 7 
Purification Scheme for Isolation of Glucose-6-Phosphate Dehydrogenase from 1 kg 
of Baker’s Yeast by Using Procion Yellow HE-3G as a PEG-Bound Affinity Ligand 

Volume Protein Specific activity Recovery Purification 

Purification step (ml) (g) (mkat/kg protein) (%) factor 

Homogenate 3540 44.5 2.8 100 1 

Fractional precipitation with PEG 201 16.2 5.8 76 Ze 
Affinity partitioning 

1. With Procion yellow 

HE-3G PEG 

Upper phase 645 4.7 18.5 71 6.6 

2. Upper phase from 1 

+ fresh lower phase 

Upper phase 645 Sia) 24.5 74 8.8 

3. Upper phase from 2 

+ fresh lower phase 

containing Cibacron 

blue F3G-A dextran 

Upper phase 615 al 34.1 74 12e3 

4. Upper phase from 3 

+ fresh lower phase 

+ NADP and sulfite 

Lower phase 510 0.75 121 74 43.6 

DEAE cellulose treatment, 

75—170 mM KCl 500 0.065 915 48 329 

Note: System composition: 10% (w/w) dextran 500, 7% (w/w) PEG 8000, and 25 mM sodium phosphate buffer, 

pH 7.0. Temperature, 3°C. 1 mkat = 60 kU. 

From Johansson, G. and Joelsson, M., Enzyme Microb. Technol., 7, 629, 1985. With permission. 

B. PURIFICATION OF PHOSPHOFRUCTOKINASE FROM BAKER’S YEAST 

Phosphofructokinase was extracted in a similar way from baker’s yeast. After a final 

gel filtration step, pure enzyme was obtained. The rapid removal of 99% of (noninhibitable) 

proteases by PEG precipitation and affinity partition is of certain interest. This yeast enzyme 

is very sensitive, but showed very good stability as long as the phase polymers were present. 

C. PURIFICATION OF FORMATE DEHYDROGENASE 
Formate dehydrogenase has been isolated from Candida boidinii by Cordes and Kula'* 

using Procion red HE-3G. They treated 10 kg of cells in a 50-1 system. 

VI. DISCUSSION 

The experiments described above show that 

1. Affinity partitioning can be used for the extraction of enzymes from crude mixtures. 

Removal of debris and/or concentration of the proteins by fractional precipitation (with 

PEG) may enhance the effectiveness as well as the capacity of the procedure. 

2. Scaling up the extraction is possible by using commercial centrifugal separators for 

the separation of the phases. Low interfacial tension allows a very rapid equilibration 

of the partition. Usually 1 to 2 min of careful mixing :s enough. In some cases, e.g., 

when a large amount of debris is present, the phases settle rapidly in normal gravity. 
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68K 45K 17K 14K 

FIGURE 5. Polypeptide pattern (obtained by SDS gel electro- 

phoresis and analyzed by photometric scanning) of the glucose-6- 

phosphate dehydrogenase-containing fractions in Table 7. (A) Ex- 

tract of yeast; (B) after fractionated precipitation with PEG; (C) 

after affinity partitioning, system no. 4, lower phase; (D) after 

treatment with DEAE cellulose (concentrated 50 x). Molecular 

weights are indicated. (From Johansson, G. and Joelsson, M., 

Enzyme Microb. Technol., 7, 629, 1985. With permission.) 

The procedure is therefore rapid, and extractions can be carried out within a couple 

of minutes. This eliminates the need for cold temperatures, which are required for 

procedures with long processing times. 

The recoveries of both ligand-PEG and PEG give good economy to the process. This 

is of great importance if more specific (and more costly) affinity ligands are used. 

In the experiment described above (with the exception of the extraction of formate 

dehydrogenase), only a small percentage of the possible extracting capacity has been 

utilized. The capacity for protein is at least 150 g/1l.'' A preconcentration of protein 

and the use of all PEG as ligand carrier would give an excellent volume capacity. It 

has been verified experimentally''’'* that the systems work perfectly at high ligand 
concentrations (10 to 30 mM) and that no irreversible binding occurs. 

The effective and rapid removal of proteases, shown in the case of the preparation of 

phosphofructokinase (Table 8), should be of great advantage in many enzyme extraction 

procedures. 

By using a series of PEG-bound ligands in sequence, several enzymes may be extracted 

stepwise from the same lower phase. Experimental data in this direction have been 

presented by Joelsson and Johansson.*° 

The partitioning can be adjusted by variation of a number of parameters. Systems with 

suitable partition properties can be formulated by the laboratory-scale tests and then 

used directly in full-scale applications. 
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TABLE 8 

Purification of Phosphofructokinase from 1 kg of Baker’s Yeast 

Total Total Specific Total 

Volume activity protein activity Purification proteolytic 

Purification step (ml) (U) (mg) (U/mg) factor activity (U) 

Homogenate 1,370 5,400 13,170 0.41 1 3,690? 

Fractionated precipitation with PEG 120 4,810 1,836 2.62 6.4 670 
8000 

Affinity partitioning, including prewash- 120 3,610 153i 23.6 58 34 

ing of lower phase, extraction with Ci- 

bacron blue F3G-A PEG, and washing 

with lower phase 

DEAE-cellulose batch treatment 40 2,520 63 40 98 15 

Gel filtration 4 1,625 28 ~3=— 58 142 IR] 

Note: Composition of two-phase system: 7.5% (w/w) dextran 500, 5% (w/w) PEG 8000, and 25 mM sodium 

a 

phosphate buffer, pH 7.1. The protease inhibitor phenylmethylsulfonyl fluoride was included in all steps. 

Proteolytic activity in absence of phenylmethylsulfonyl fluoride was 13,370 U. 

From Kopperschlager, G. and Johansson, G., Anal. Biochem., 124, 117, 1982. With permission. 
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I. INTRODUCTION 

Evaluation of protein components within a sample derived from genetic engineering and 

fermentation processes, downstream processing, solid-phase peptide synthesis, and isolation 

of protein from tissues requires accurate quantitation of all components. Several methods 

have been used; however, they lack sensitivity and adequate resolution, and they yield 

relative concentrations of the detected components instead of absolute concentrations. In 

this chapter, we present a strategy which overcomes the difficulties of the presently used 

methods for determining the purity of protein samples. 

The approach presented is exemplified using an enzyme isolated from a snake venom. 

The enzyme was purified by two independent separation methods: recycling isoelectric 

focusing and chromatography. Similar levels of purity were achieved, as demonstrated with 

two-dimensional (2-D) gel electrophoresis.! The purified enzyme isolated from the chro- 

matographic methods was selected for demonstrating the strategy. 

II. METHODS AND MATERIALS 

A. MATERIALS 
Snake venom of Agkistrodon contortrix contortrix was purchased from Biotoxins, Inc., 

St. Cloud, FL. Carrier ampholytes for the preparative gel electrophoresis were purchased 

from LKB Products, Pleasant Hill, CA. Acrylamide, bis-acrylamide, ammonium persulfate, 

and urea were purchased from Bio-Rad, Richmond, CA. Ampholytes for the 2-D electro- 

phoresis, TEMED, and NP-40 were purchased from Sigma Chemical Co., St. Louis, MO. 

Sephadex® G-100, CM® cellulose, p-aminobenzamidine agarose, and the carbonic anhydrase 

pI markers came from Pharmacia, Piscataway, NJ. Glass pipettes (0.2 ml) were purchased 

from American Scientific Products, Phoenix, AZ. BCA protein reagent was from Pierce 

Chemical Company, Rockford, IL. All other chemicals were reagent grade. 

B. PURIFICATION 

The enzyme was isolated from the crude snake venom using preparative-scale isoelectric 

focusing in the recycling isoelectric focusing (RIEF) apparatus’ and three different, but 

sequential, chromatographic methods.* With the RIEF method, a few high molecular weight 

contaminants were present with isoelectric points close to that of fibrolase. These were 

subsequently removed by gel filtration on Sephadex® G-100. In the chromatographic method, 

a three-step scheme was followed utilizing CM® cellulose cation exchange, gel filtration on 

Sephadex® G-100, and then affinity on p-aminobenzamidine agarose to remove serine pro- 

teinase contaminants. The RIEF method and subsequent chromatography were performed 

within 1 d, whereas the chromatographic steps required 2 weeks to process 1 g of venom. 

The first RIEF was performed in a pH 4 to 6 gradient; the second RIEF was performed in 

a 0.7 pH range gradient. 

C. TWO-DIMENSIONAL GEL ELECTROPHORESIS 

Gel electrophoresis was performed as generally described by Anderson and Anderson.?4 

The equipment is of the design distributed by Health Products, Inc., Rockford, IL. The 2- 

D procedures followed a modified version of the user’s manual for 2-D gel electrophoresis 

furnished by Health Products, Inc. Briefly, the samples were mixed with the standard Iso 

sample buffer and electrophoresis was performed at 700 V for 17 h. The Iso gels were then 

equilibrated for 15 min and applied to 10 to 20% gradient acrylamide slab gels. The sodium 

dodecyl sulfate (SDS) gel samples were dissolved in the standard SDS buffer, mixed 1:1 

with a melted agarose solution, and pipetted into an inverted 0.2-ml glass pipette to solidify. 
A 2-mm portion was sliced from the solidified gel and applied to the top of the SDS in a 
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manner similar to that used for tube Iso gels. Electrophoresis was performed at 250 V for 

5h. The staining was done by the color silver stain GELCODE® method.° 

D. DATA ACQUISITION 

The scanning of the 2-D gels was performed with the BioImage Corporation Visage® 

system using the single channel without the color filter wheel. The spot location and seg- 

mentation were automatically performed as directed by the Biolmage EQ software. The spot 

list was generated with the global program, thereby giving the maximum accuracy possible 
for the integrated intensity. 

E. DATA TRANSFORMATION 

The EQ-generated spot lists are filtered into a program called GETPIMW™ (copyright, 

University of Arizona) and the x,y coordinates are converted to pI and molecular weight. 

The files of GETPIMW™ are loaded into a SPOTMATCH™ program (copyright, University 

of Arizona), and all spots of the gels in the study are matched. The matched spots are listed 

for the replicate gels of each dilution, and the integrated intensities are correspondingly 

attached in the data base program. The data base analysis is performed on a VAX® computer 

under the data base management system ‘‘Accent R’’. 

F. DATA ANALYSIS 

The standard reference protein is glyceraldehyde-3-phosphate dehydrogenase (G3PDH). 

It.is a brown protein and stains the same color as the venom enzyme and the unknown 

contaminants in the 2-D gel after silver staining. The protein is serially diluted, with a range 

of protein concentration from 160 to 10 ng per spot. The integrated intensities are likewise 

determined in the EQ global software and then listed. The integrated intensity is plotted vs. 

the protein concentration and the least squares line drawn through the data collected from 

three separate gels. The line is linear and is used to derive the concentration of the protein 

of each spot located in the gels of each dilution. Percentage purity is calculated after 

normalizing the extrapolated concentration with the appropriate dilution factor. 

G. PROTOCOL 
The following instructions were followed: 

1. Perform replicate 2-D gel electrophoresis and stain with GELCODE® silver stain on 

any fraction of a purification scheme; dilutions (9) of the fractions of interest should 

span at least a 500-fold concentration range. 

2. Include a reference standard which stains the same color with GELCODE® silver stain 

as the proteins of interest and spans the linear range of the unknown proteins in the 

gels. 

3. Perform data acquisition by scanning the gels on the Visage system, and create spot 

lists containing x,y coordinates and integrated intensities of all spots. 

4. Perform data transformation via algorithms to determine relative isoelectric point, 

apparent molecular weight, and a listing of all known spots; create a composite map 

of all unknown spots from the range of dilutions. 

5. Perform data analysis by utilizing the color standard reference protein to quantitate 

the unknown protein of each spot. 

6. Calculate the percent purity of each of the proteins present in the final fraction and 

express the values on the composite map. 
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FIGURE 1. (A) GELCODE®-stained 2-D gels of whole venom; (B) RIEF purified and G-100 treated; (C) 

chromatographically purified; (D) 50-fold more concentrated than C. The same activity was added to B and C. 

The letters represent all spots located over a 500-fold concentration range. 

Iii. RESULTS 

A. PURIFICATION AND SEPARATION BY TWO-DIMENSIONAL GEL 

ELECTROPHORESIS 

The enzyme was isolated from the venom of the snake Agkistrodon contortrix contortrix 

using preparative-scale isoelectric focusing in the RIEF apparatus’ and three sequential, but 

different, chromatographic methods.” In both purification approaches described above, the 

protein was isolated to near homogeneity. 

Figure 1A, a 2-D gel protein pattern, illustrates the complexity of the starting material. 

Figure 1B is the purified protein after two sequential RIEF fractionations followed by size 

exclusion chromatography. For comparison, Figure 1C is the same protein after extensive 

chromatography. The qualitative 2-D gels show comparable degrees of purity between the 

electrophoretically and chromatographically isolated protein samples. Without independent 

confirmation, it is impossible to document which of the three major bands is indeed the 

venom enzyme under study. It is assumed in this paper that the most intense band is the 

enzyme and the other spots are contaminants. Clearly, it is just as plausible that the other 

spots are posttranslational forms with similar enzymatic activity. The spots in Figures 1C 

and D are lettered to identify them throughout the analysis. The sample in Figure 1D is the 

same as IC, except it has a 50-fold higher protein concentration. With the higher concen- 

tration applied to the 2-D gel in Figure 1D, additional contaminants are revealed. 
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TABLE 1 

Computerized Strategy: Algorithms for Three Phases of Data Processing 

Data acquisition Data transformation Data base analysis 

(Biolmage) (University of Arizona) (University of Arizona) 

EQ list GETPIMW™ System R-SPOTPLOT™ 

x,y Coordinates SPOTMATCH™ Normalized protein concentration 

Integrated intensities GETPURITY Percentage of each component 

Relative isoelectric point 

Apparent molecular weight 

Protein concentration 

Note: The spot lists created by data acquisition programs are utilized for transformation and analysis. 

Input data result from scans of four different dilutions — '/,, '/,,, '/5:2, and '/,92, — of the 

purified sample and five replicate 2-D gels from each dilution. Only integrated intensity values 

of spots identified as matched spots in the SROTMATCH program are included in the GET- 

PURITY algorithm. 

B. COMPUTERIZED STRATEGY AND ANALYSIS OF DATA FOR PURITY 

Table 1 lists the major steps required for the computerized strategy. This strategy can 

be applied to a purified sample or to any step during purification. The 2-D gels are central 

to the strategy, since the high resolution is paramount to separating each component into a 

single spot in order to utilize the full power of the computerized algorithms. Dilution of the 

sample across a 500-fold range allows the intensities of major and trace components to fall 

in the linear range of the standard reference curve. 

Selection of a reference protein of the same color as the unknown component is an 

important step for transformation of integrated intensity data into nanograms per spot. This 

ensures accurate quantitation (nanograms per spot) from integrated intensities.° 

The next step is data acquisition with the Biolmage Visage system. The image is captured 

with a solid-state photodiode scanning camera, and the EQ software is utilized for the creation 

of a spot list which contains x,y coordinates and the integrated intensity of each spot. 

True automation is approached with data transformation. Conversion of the x,y coor- 

dinates is achieved by the GETPIMW™ algorithm, which utilizes the internal pI and mo- 

lecular weight standards within the 2-D gel pattern. Execution of this algorithm normalizes 

gel patterns, and by running the gel SPOTMATCH™ algorithm, each spot in the transformed 

spot list from all gels is matched to the identical standard spot in a reference gel. From the 

EQ-generated spot list stored in the RVAX data base, matched spots are used to extract the 

corresponding integrated intensities of the matched spots. The GETPURITY™ algorithm is 

used to generate the quantity of protein per spot (Table 2). The transformed data are expressed 

by the SPOTPLOT™ algorithm, and the nanograms per spot of each component are presented 

in Table 2. The spots are assigned component classes relating to the principal component 

of interest, the isolated snake venom protein. Spots having similar molecular weights, but 

different pIs, are designated ISO-SIZE (for molecular weight isoforms). Those having similar 

isoelectric points, but different molecular weights, are designated ISO-PI (for pI isoforms). 

Spots which have pI and molecular weight dissimilar to the principal component are termed 

PI-SIZE. ISO-PI spots J, H, I, and O of the composite map of Figure 2 are probably 

degradation artifacts. 

IV. DISCUSSION 

Analysis of trace components in purified protein samples has always been of utmost 

importance to the researcher studying protein structure and function. The evaluation of all 

components within a protein sample has recently assumed more stringent requirements, since 
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TABLE 2 

Data Transformation and Analysis 

Molecular 

weight Dilution Integrated ng/Spot ng/Spot 

Spot pl (kDa) factor intensity (diluted) (normalized) 

A — 0.64 Pay 1/9 S12; S78 66.77 34,418 

B —il.oy/ 26.14 256 (O;36m ieiaoitt 5,041 

Cc —3.65 25.91 32 1.06 43.75 1,400 

D —* — 32 0.86 36.87 1,180 

E —* — 32 1.36 54.01 1,728 

F — — 32 0.54 25.88 828 

G — 1.60 19.40 30) 0.23 S22 487 

H —0.79 18.87 1 1.27 50.96 51 

I OLS F728) 1 0.77 33.78 34 

J S05 7/4/ 23.03 1 0.57 PAM 27 

K Sky 222 1 1.43 56.46 56 

Ly ll 22.47 1 0.55 26.22 26 

M —4.86 22.41 1 O87 20.03 20 

N = —»> 1 0.38 20.37 20 

Or SB SS 18.70 2 1.50 58.87 118 

= i) ~s % : The purified protein sample was diluted serially from 1 to 1/512. The pI and molecular 

weight of each spot are listed; they represent the spots which were matched within a 

dilution gel set. The integrated intensities were obtained from the spot lists and were 

transformed to ng/spot by extrapolating from a dilution series of the reference protein, 

G3PDH. Initial protein concentration of the reference was determined by BCA assay. 

A linear regression analysis was performed on the concentration and integrated in- 

tensity values of the dilution series on three replicate gels. The correlation coefficient 

was 0.99. The normalized concentration is derived from the following expression: 

ng/spot X dilution factor. The total protein concentration in all spots of the normalized 

gel is 45,199 ng. 

« Falls outside pI range. 

> Falls outside MW range. 

* Integrated intensity fell outside linear range and was divided by 2 to use the reference 

line. 

many of the genetically engineered and natural compounds are injected into human subjects 

and small amounts of potent inhibitors may be present. These events place an even greater 

importance on the evaluation of purity. 

As a result of interest in protein manufacturing by the pharmaceutical and food industries, 

there is an increasing interest in the scaleup of purification methods. Many possible ap- 

proaches exist to the purification of a given protein. The selection of scaleup equipment and 

procedures in bioprocessing is often based on analytical-scale experiments. During the 

optimization phase of a purification procedure, the fractionated samples must be monitored 
by measuring the relative concentrations of components in each fraction. Even the best 

purification scheme has contaminating proteins, and optimization of the purification is de- 

pendent upon estimation of purity at each step, especially in the final fraction. Presently, 

methods for estimation of protein purity are inadequate, as they lack the capability of detecting 

trace amounts of contaminants. 

One method for estimating protein purity is to determine the increase in specific activity. 

By comparing the specific activities at various steps and among different methods, it is 

possible to evaluate the various purification procedures. The success of this method depends 

on protein estimation and activity measurements, both of which are affected by the analytical 
method chosen and the presence of interfering contaminants. 
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FIGURE 2. The composite map of all components. Spots 0, —1, —2, —3, —4, and —5 represent 

the internal isoelectric markers (carbonic anhydrase). The spots with letters represent the unknown spots 

which were located by pI and molecular weight. Principle component, venom enzyme A; ISO-SIZE B, 

C, D, E, F; ISO-PI H, I, J, N; unique PI-SIZE G, K, L, M, O. The percentage of the total is indicated 

to the right of each spot. Venom enzyme A represents 75.6%, ISO-SIZE represents 22.50%, ISO-PI 

represents 0.27%, and PI-SIZE represents 1.59%. The % purity was calculated from data in Table 1 

with the following expression: 

Normalized spot concentration 

Total normalized spot concentration 

Another standard method utilizes one-dimensional gel electrophoresis by comparing the 

contaminant bands to the band of interest. This approach only discriminates on the basis of 

molecular weight or isoelectric point and is unable to detect all contaminants. In addition, 

it is not possible to estimate the absolute concentration of the contaminants. Frequently, the 

estimated purity is higher than the actual value due to different stoichiometric relationships 

of dye or stain binding between the standard and the unknown protein. Often the concentration 

of contaminants is below the level of detection of the particular method. 

In this chapter we have demonstrated accurate quantitation of unknown proteins using 

a standard protein having the same color (after GELCODE® staining) as the unknown 

proteins. In the present case, the venom enzyme stained brown, as did glyceraldehyde-3- 

phosphate dehydrogenase, the standard reference protein. Utilizing gel-matching algorithms, 

the protein of interest and the contaminating proteins were located. The matched spots were 

mapped according to relative isoelectric point and apparent molecular weight, and their 

integrated intensities were transformed to nanograms of protein. Using the standard color 
protein reference, the protein quantity vs. integrated intensity line was constructed, and from 

these measurements the purity was accurately determined. 

The increased appearance with time of the minor closely related spots has been observed, 

and the present strategy will be applied to elucidate the nature of their formation. Whether 

the contaminating spots have similar enzymatic activity will be the subject of a future study. 
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V. CONCLUSIONS 

The analytical strategy described in this presentation combines 2-D gel electrophoresis, 

GELCODE® color silver staining, and computerized analysis. This analysis comprises data 

acquisition by digitizing the gel pattern into x,y coordinates of spots and integrated intensity 

values; data transformation yielding relative isoelectric point, molecular weight, and quantity 

of protein (nanograms per spot); and data base analysis converting the transformed data into 

percent purity and grouping the spots into component classes. Application of the strategy 

allows simultaneous characterization and quantification of sample components in various 

purification fractions. 

The computerized strategy will allow detailed evaluation of the success of various 

possible purification strategies, thereby facilitating the trial and error process in protein 

purification. Availability of computer-generated composite maps will standardize ‘‘quality 

control’’ monitoring of bioprocessing lot-to-lot variability. 
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Part 5. Bioseparations II — Chromatographic 
Methods 

Chromatography is still the ‘“‘workhorse’’ of downstream processing, and the field 

continues to grow. While various chromatographic techniques are extensively applied to 

high-resolution analyses, more progress is critically needed in process-scale applications 

of chromatography for purifying high-value proteins. In this section, representatives from 

industry and academia discuss the recent and promising developments in the key areas of 

adsorption, ion exchange, and affinity chromatography. Also, the chapter by Hedman et 

al. deals with the need to understand the processing and scaleup issues through modeling 

and optimization. 
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Chapter 25 

PURIFICATION OF PROTEINS OF LOW VALUE IN HIGH VOLUME 
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I. INTRODUCTION 

Setting aside the production of bread, cheese, or beer, biotechnology is, or seems to 

be, preoccupied with the production of proteins and similar molecular species of very high 

value combined with a relatively low production volume. In many cases, this means that 

the development through entry to the market for a particular product is slower than the time 

required for dissemination of knowledge regarding that same material. For the fortunate few 

this means that there may be high rewards to be gained, but on balance there may well be 

massive losses. This is not to say that it is not important that the high-value materials be 

produced, but simply that this is almost certainly not where the real future of biotechnology 

lies. Somewhat like the chemical industry around 1935, biotechnology has to scale up to 

survive. 

A. BACKGROUND 
It is almost exactly 150 years since Mulder’ first suggested the title “‘protein’’ for those 

substances characterized by possession of what we now recognize as a peptide linkage. 

Interest in separation and purification of such substances from biological precursors preceded 

this event. It was, however, nearly 50 years before interest was established in the large- 

scale purification of proteins in significant quantities, i.e., when techniques such as salting 

in and salting out came to be used in purification of antisera or for recovery of killed or 

attenuated bacteria for the early vaccines developed through the successes of Pasteur and 

others. 

Actually, these developments arrived a little late in the U.K. for a number of interesting 

reasons, which include the existence of the Cruelty to Animals Act of 1876 and a peculiar 

sort of chauvinism which has persisted to the present. Such chauvinism is not peculiar to 

the U.K.; there are plenty of countries and institutions for which ‘‘Not Made Here’’ is 

considered a good reason for not accepting a particular technical system. 

My own entry into the field of protein separation and purification, 28 years ago, was 

related to the separation of mammalian plasma proteins, and it is from this precedent that 

I shall try to develop some examples of what I believe must happen in the next few years 

within those diverse manufacturing activities grouped under the general definition of bio- 

technology. Plasma fractionation as a systematic activity has a century of experience behind 

it and possesses most of the problems (with only some of the solutions) now facing the 

industrialization of modern biologics production. 

II. DEVELOPMENT OF PLASMA PROCESSING 

By the end of the 19th Century, the production of relatively large volumes of semipurified 

antisera was quite commonplace, and the techniques of precipitation using salts such as 

ammonium sulfate had been established as almost the standard means of achieving the levels 

of purity considered essential. However, other separation systems were being developed and 

used, e.g., ethyl ether precipitation by Sclavo or the beginnings of the complex ethyl alcohol 

system by Mellanby’ at Oxford. These tended to remain unique to only one or two laboratories 

because already there was a tendency for individual processors to remain faithful to the 

systems they understood, even if these were not the best suited to the purpose. 

A. ALTERNATIVE SYSTEMS 
For a time, under the influence of the Swedish school originating from the work of 

Svedberg and continuing through Tiselius to Porath, it seemed that a more rational approach 
to fitting the separation system to the purpose might have appeared, but this was blocked 
by the formal U.S. adoption of the methods elucidated and adopted by Cohn and his co- 
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workers** for the systematic recovery of moderately pure proteins from human plasma. 

The appearance of this system provoked a watershed in the processing of plasma and, to 

some degree, in all protein recovery systems. Interestingly, little credit has been given to 

Mellanby, who instigated this form of separation technology, and his contribution has tended 
to be forgotten. 

It would be quite wrong to underestimate the contribution of the Boston group headed 

by Cohn, for this was a major development in many ways, apart from the detailed chemical 

systems which were defined. The most vital elements of the study were the adoption and 

creation of many of the tools essential to protein separation science. We forget today, with 

digital pH and temperature control easily available and inexpensive, that the forerunners of 

these systems were developed for separation of plasma proteins and that the parameters laid 

down for these activities were dictated in major part by the limitations of these new measuring 

systems. 

B. CUSTOM EQUIPMENT AND SYSTEM DEVELOPMENT 

While the principles of the tube centrifuge were well understood, the machines used in 

the Cambridge laboratory were modified from systems used for dewatering engine sump oil 

in ships. Rotating weirs and other devices for bringing coolant inside the walls of rotating 

centrifuge bowls are quite new inventions.° The original system called for coolant passing 

inside the bowl frame in a manner which meant that the cooling capacity was involved only 

incidentally in removal of heat from the bowl contents by removing the radiant frictional 

heat from the bowl surface and in cooling the huge volumes of air which passed through 

the bowl frame. 

The fact that very similar machines remain in use today is a credit to the original scheme 

and the tenacity of the users. Certainly, tube centrifuges are simple to use and easily 

maintained, but essentially they are uncontrollable in terms of temperature regulation and 

demand a uniformity in use which precludes simple modification or adjustment of process 

parameters. Thus, they contribute to the tendency to eschew development and change, which 

has bedeviled the plasma processing industry for most of the past 40 years. I believe the 

same sort of phenomenon is beginning to be apparent in biotechnical activities, and it may 

be that the regulatory agencies hold a major responsibility for this. Perhaps the success of 

the institutionalization of the Cohn technology by the Bureau of Biologics, now part of the 

U.S. Food and Drug Administration (FDA), has been a precedent for this attitude. I see 

symptoms of the same attitude afflicting process development in biotechnology, aided per- 

haps by the slightly stereotyped approaches of regulatory agencies in the health care fields. 

I may be accused of indulging in the fashionable tendency of blaming the conservatism 

of regulatory affairs bureaus for inhibition of development effort, but the speed of response 

to the commercial pressures created by the identification of the human immunodeficiency 

virus (HIV) and the consequent exaggeration of epidemic risks of the acquired immuno- 

deficiency syndrome (AIDS) indicate that the internal lethargy of institutionalized research 

and development groups may be the more critical factor. However, there is some justice in 

the accusation, as demonstrated by the almost precipitate haste with which biosynthetic 

sources of human growth hormone have replaced the natural product which, implicated in 

Creutzfeldt-Jakob disease, might have been seen as a failure of the regulatory agencies 

themselves. Adoption of such rapid and careful action, if maintained, could do much to 

encourage and limit the cost of many modern developments. 

With the arrival of chromatography’ and electrophoresis,*° it seemed certain that the 

older precipitation systems would be replaced by the more elegant and somewhat less 

damaging new technologies, but this has not happened in nearly the expected manner. Several 

large-scale separation systems based on chromatography have been established, but still 

appear to lack the knowledge and control necessary for these to become safe and reliable 
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tools. Control of Joule heat and convection continues to prevent the adoption of electro- 

phoresis as a dynamic preparative tool. 

Discrete pore-size filtration systems, soon followed by ultrafiltration, diafiltration, and 

reverse osmosis, also have been slow to reach anything close to their full potential, although 

some of these are of increasing importance for large-scale systems. It is slightly ironic that 

it required public reaction to the rare, but real, dangers of asbestos to force the introduction 

of such technologies and that the social desire for alcohol-free motoring while continuing 

to drink beer is the major stimulus for adoption of the more powerful derivative systems. 

C. CONTAMINATION 
In the processing of therapeutic materials from human plasma, there has been a de- 

pendence on solvent precipitation systems because of their known potential for making some 

materials safe from viral transmission. This apparently blind conservatism has been en- 

couraged with justification in the last 4 years, since attempts to make immunoglobulin 

fractions using chromatographic methods have produced materials which have been unex- 

pectedly implicated in transmission accidents.'°'! Whether or not this is due to an inherent 

danger of the method or to failure to establish adequate standard procedures of good man- 

ufacturing practice has not been established clearly. So, there remains some reasonable doubt 

on the safety of this type of technology for recovery of purified materials from natural 

mammalian sources. It is my personal view that the materials available for chromatography 

have been designed too slavishly toward the needs of the academic laboratory and are, in 

large part, less than adequately designed for the more robust and rigid environment of the 

factory floor. Newer materials capable of withstanding more strenuous lot separation and 

sterilization techniques have been slow to be adopted, possibly because of the first-class 

public relations efforts of the established opposition; fortunately, this position is changing. 

Attempts at the harnessing of the principles of electrophoresis for large-scale separation 

have been much less successful than this powerful technology promises. The scale limitations 

imposed by the countereffects of convection have not been solved adequately, in my opinion, 

although the system developed with typical elegance by Thompson and colleagues of the 

U.K. Atomic Energy Authority at Harwell'* from the concepts of Philpott comes close. 

Although realistic scale performance has not been achieved successfully, the system has 

considerable potential for intermediate-scale work. 

D. PROCESS CONTROL 

Process control technology has been applied to protein separation systems, but remains 

less well exploited than it should be. The first semicontinuous system was commissioned 

in 1974,'°'* and eight further systems have appeared since then. However, none have 

developed to the extent of becoming fully continuous in the way which will be required if 

the fullest advantage is to be gained from fermentation and cell culture systems as feedstock 
sources of purified protein on a sensibly large scale. 

The use of discrete microprocessor control systems, each managing a separate aspect 

of the full system under control from a central processor, is able to control and log data 

from a wide range of different process elements. Such technology is already near standard 

in many industries. My former colleagues in the Protein Fractionation Centre, Edinburgh 

have carried through a redevelopment of the original Scottish system which goes some way 

toward adoption of similar standards, but it still falls short of the ideal. My own attempts 

at further development remain untried as a fully operational system. Though early trials are 

encouraging, it is still too early to be certain that the full system will integrate in the expected 

manner. Nevertheless, it is clear that a fully automated system operating under totally aseptic 

conditions is achievable.'° There should be no great pride in this when it is considered that 
more than 40 years have been required to reach such an elementary stage of biologics 
processing. 
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E. ENVIRONMENTAL LIMITATIONS 

Perhaps one of the greatest difficulties of the large-scale preparation of protein fractions 

has been the need to use cold rooms as manufacturing areas. It is not easy to operate a cost- 

effective and acceptably safe system in such an area, although several good techniques have 

been developed for making such areas operate in accordance with the precepts of good 

manufacturing practice (GMP). Nevertheless, there has been constant pressure to devise 

alternative systems using jacketed kettles and tanks,'° especially for staff comfort. These 

are usually cumbersome and complex structures which can be difficult to maintain in an 

adequate state of cleanliness. One of the advantages of continual processing has been that 

the need for cold areas, or for staff to spend long periods in such areas, has been reduced, 

and the latest attempts are to reduce the need for cooling as a part of the whole process.'° 

This is achieved by using the ionic strength of the reactions in a more interactive manner 

than has been possible in the past, rediscovering the findings of Mellanby and Cohn with 

application of modern control techniques. 

Many of the earlier systems were developed to operate fast, to reduce bacterial growth 

in cold conditions, or, as in the case of the organic solvent systems, to limit chemical damage 

to the desired proteins. Today, with better means for real-time control, it is possible to 

operate even the organic solvent systems at higher temperatures; they still require precise 

control but do not need to be so demanding in terms of the. actual temperature of the reaction 

itself. Furthermore, with the advent of in-line and transverse-flow filtration systems, there 

can be little excuse for operating open or quasiopen systems. The regulatory ideal of a closed 

system accepting only sterile feedstock and discharging under closely controlled conditions 

is not only possible, but totally desirable, even for animal blood derived from an abattoir 

environment. '” 
There have been several designs for a comprehensive scheme for moderate- to large- 

scale purification using chromatographic methods, and these, despite their present setbacks, 

have to be regarded as the ideal methodology for the future. However, those plants now 

operating with reasonable success demand high-quality clean room environments and require 

skilled and dedicated attention to such matters as the microbiological quality of water and 

buffer feedstocks.'® Several installations have failed to meet these demands in a convincing 

manner, which suggests that the requirements for GMP for such installations are still less 

than perfectly understood. In at least three plants, personal experience indicates that the 

creation and classic operation of a clean room environment is less than adequate to ensure 

a safe working environment; few units have so far elected to adopt real-time control of the 

environment, possibly because the means for measuring pressure differentials, particulates, 

air movements, humidities, and temperatures are either too cumbersome or too precise for 

the tasks involved. 

Il. IMPACT OF NEW DEMANDS 

As attention passes more and more from natural source materials to the products of 

fermentors or culture vessels, these possible advantages become increasingly more important. 

There is a laudable and important tendency among regulatory affairs bureaus to regard the 

fermentation or culture stage as being separate from the strictly pharmaceutical processing 

stages of the overall product recovery. This allows the development of quite new design 

approaches to the purification process line. That such compartmentalization is seen as nec- 

essary stems in part from the recognition that use of fermentation products as source materials 

for pharmaceutical products is not new, but in fact predates the development of penicillin, 

by several thousand years in some cases. The culture of staphylococci for recovery of protein 

A is not particularly different from the recovery of vitamin concentrates from spent brewers 

yeast and should, by the very nature of the activity, be cleaner overall than the extraction 
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of insulin from pancreatic tissue collected in an abattoir, where the adjective ‘‘clean’’ has 

an entirely different meaning. 

A. TECHNICAL DESIGN 

Many of the process lines which have been developed to effect recovery of the desired 

moieties from bacterial cultures are thinly disguised versions of laboratory processes, often 

with little attempt at process optimization after the culture stage. This may be due in part 

to the tendency toward concentration of products which have astonishingly small volumes 

and very high values. However, multiplication of supply sources and other factors tends to 

depress the sale value of many of these materials very quickly. Thus, we see the phenomenon 

in which years of development, almost entirely related to genetic engineering aspects of the 

new source, are followed by a short period in which the cost of this development has to be 

recouped before the value of the product falls to ‘‘ordinary’’ levels. 

This difficulty is made no easier for the multitude of small, dedicated, and specialized 

organizations which have rapidly appeared in the field. A large number of these ventures 

are created around a single product or family of products, and they find difficulty in co- 

ordinating the marketing of their initial product with development of the next new material 

on which the organization’s survival is based. Clever marketing or the use of licensing 

agreements may assist the spreading of the time frame, but will still leave such organizations 

in a worried and precarious state. 

It appears inevitable that the real way forward for biotechnical development will lie in 

the creation of larger-volume and lower-value products which can accommodate several 

producers in the marketplace. Some of these will engage in production of new materials, 

but many will turn their attention to newer means of obtaining existing products. There is 

a certain qualified truth to the adage, “‘If it can be made in a fermentor, it’s bound to be 

cheaper.’’ However, there are a host of modifying factors to be taken into account, not the 

least being the scale at which the fermentor and its associated downstream technology will 

be expected to work. Not all of this will be protein oriented, since a huge market (estimated 

in billions of dollars) is developing for enzyme products from fermentation sources. Already 

we see that y-linolinic acid from algal culture is more cost effective than collecting the seeds 

of the evening primrose, even if the latter may be a more attractive occupation. 

B. NEW INSTRUMENTATION 

The impact of new demands seems hampered by lack of access to good process control 

instrumentation capable of maintaining control parameters within very narrow limits and 

with short hysteresis factors at costs which can be borne by an industry in the making. A 

vast flexibility is required to meet the need for rapid change if some of the existing enterprises 

are to meet their own built-in demand for alteration in their product lines without a total 

rebuilding of the process lines. One interesting facet, difficult to understand, is the frequency 

with which one discovers microprocessor equipment sold in the U.S. and in the U.K. at 

exactly the same quoted price, without reference to the value of the currency involved. Such 

cynicism on the part of the instrumentation industry eventually becomes self-defeating since 

it encourages retention of older, less flexible technology. 

Within the machine-tool engineering industry there exist many workshops which are 

equipped with precision machines for welding, cutting, grinding, and milling and which can 

be adapted to make almost anything made of metal. It seems inevitable that large-scale 

protein purification, perhaps including polysaccharide purification on the same process line, 

needs to become equally adept and adaptable. The new, biology-based industrial revolution 

might learn much from reexamination of the lessons of the first industrial upheaval rather 

than from the growth of electronics, where a new process always seems to need a new 

factory, usually in a new place and with new staff. The consequent social upheavals are sad 
and unnecessary. 
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C. QUALITY ASSURANCE 
It may seem superfluous to mention the need for a level of quality assurance (QA) at 

least commensurate with the quality of the science it supports. While it is easy to reconcile 
the cost and need for good QA when considering the production of invasive materials such 

as pharmaceuticals or cosmetics, it may be less apparent when considering production of a 

base material for foodstuff or plantlets for crop production. However, adoption of new and 

strange means for obtaining the raw materials from which these are to be derived requires 

exercise of responsibility and public awareness at levels not usually associated with either 

the food or agricultural industry. The inclusion of quality and knowledge in the products 
would go far to allay suspicion and will usually prove to be self-financing due to the effect 

of such discipline on the ability to meet sales deadlines and product predictability. 

IV. CONCLUSIONS 

While it might be argued that comments on the organization of scientific endeavor have 

no place in a gathering of scientists, the lesson remains cogent. If there is an intent to 

produce a useful end product using any particular skill or knowledge, it is essential that the 

process of manufacture and recovery of the product be planned in such a manner as to realize 

useful (salable) material as a result. 

Partly because of the attractions of small-scale production and the apparent applicability 

of laboratory techniques in downstream processing, there has been a rush of biotechnical 

talent into the ‘“manufacturing business’’, and this has been accompanied by partial success 

which is more apparent than real. Organizations with a history of pharmaceutical production, 

especially of biologics, have enjoyed better success than most of those which have entered 

de novo because they understand that the necessary scientific knowledge is a fairly minor 

component in the problem of successfully bringing a new product to the market. Knowledge 

of plant design and of the more tedious elements of production housekeeping are of greater 

overall importance. 

The long-term viability of biotechnology lies most certainly in the achievement of success 

in harnessing the ability to make simple and inexpensive materials in economically large 

volumes and in the adoption of flexible system designs to meet the challenge of changing 

markets. There is little evidence to suggest this is happening and considerable evidence that 

product designers, producers, and regulators are intent on creating the same mistakes as in 

earlier developments in the field of biologics production and purification. 

REFERENCES 

1. Mulder, in correspondence with Berzelius, 1838. 

2. Mellanby, J., Diphtheria antitoxin, Proc. R. Soc. London Ser. B, 80, 399, 1908. 

3. Cohn, E. J., Oncley, J. L., Strong, L. E., Hughes, W. L., and Armstrong, S. H., Chemical clinical 

and immunological studies on the products of human plasma fractionation. I. The characterisation of protein 

fractions of human plasma, J. Clin. Invest., 23, 417, 1944. 

4. Cohn, E. J., Strong, L. E., Hughes, W. L., Mulford, D. J., Ashworth, J. N., Melin, M., and Taylor, 

H. L., Preparation and properties of serum and plasma proteins. IV. A system for the separation into 

fractions of the protein and lipoprotein components of biological tissues and fluids, J. Am. Chem. Soc., 

68, 459, 1946. 

. Cohn, E. J., The separation of blood into fractions of therapeutic value, Ann. Int. Med., 26, 341, 1947. 

6. Hemfort, H., Solid-liquid separation. The use of centrifuges in large scale human plasma fractionation, 

in Proc. Int. Workshop on Technology for Protein Separation and Improvement of Blood Plasma Frac- 

tionation, Sandberg, H. E., Ed., National Institutes of Health, Bethesda, MD, 1977, 81. 

7. Martin, A. J. P., The principles of chromatography, Endeavour, 11, 5, 1952. 

wn 



302 Frontiers in Bioprocessing 

. Tiselius, A., The Moving Boundary Method of Studying the Electrophoresis of Proteins, D.Sc. thesis, 

University of Uppsala, Sweden, 1930. 

. Bier, M., Electrophoresis, Theory, Methods and Applications, Academic Press, New York, 1959. 

. Lever, A. M. L., Webster, A. D. B., Brown, D., and Thomas, H. C., Non-A non-B hepatitis occurring 

in agammaglobulinaemic patients after intravenous gammaglobulin, Lancet, 2, 1062, 1984. 

. Ochs, H. D., Fischer, S. H., Vincent, F. S., Lee, M. L., Kingdon, H. S., and Wedgewood, R. J., 

Non-A non-B hepatitis and intravenous immunoglobulin, Lancet, 1, 404, 1985. 

. Thompson, A., personal communication, 1975. 

. Watt, J. G., Continuous plasma fractionation: a preliminary report, Vox Sang., 18, 42, 1970. 

. Foster, P. R. and Watt, J. G., The CSVM fractionation process, in Methods of Plasma Protein Frac- 

tionation, Curling, J., Ed., Academic Press, London, 1980, 17. 

. Neillie, G. K. and Watt, J. G., unpublished results, 1987. 

. Kistler, P. and Nitschmann, H., Large scale production of human plasma fractions, Vox Sang., 7, 414, 

1962. 

. Watt, J. G., Neillie, G. K., and McQuillan, T. A., unpublished results, 1987. 

. Martinache, L., personal communication, 1987. 



IN; 

Chapter 26 

HIGH PERFORMANCE ADSORPTION SEPARATIONS 

Howard L. Levine 

TABLE OF CONTENTS 

NNR EEOC ICED tsar cl eenate ote cay oscce zo Sra Ses Sink oO TT As eto ww es Sho IN 

lon Exchange Separations ire); ponte! wikia aay sichiderea nar aot Ate ad ale ee 

Afnnity<C bromatosraphyen ss-ewheary th. so ae syae Poros sks See ies eR 

Gonclusions- yates: hoe en ee la oe ceacten cde wees ban lessegeee 

IRCTETENIGESE Sane. cetrerst ter catne taste on folastounnio sabe tiewtetet oy: Rcsost oe toate aa ethene dead owls 

303 



304 Frontiers in Bioprocessing 

I. INTRODUCTION 

Traditionally, chromatographic separations aim to achieve an optimal combination of 

speed of elution, sample size, and separation of a mixture of components while maintaining 

high resolution. High resolution is obtained by controlling the differential migration rates 

of a group of solutes as they move down a column (column selectivity) and minimizing the 

extent of band broadening for each solute (column efficiency). Performance in these systems 

is judged by increases in the number of theoretical’ plates for a given separation, and 

chromatograms showing tens of peaks separated to baseline in short time periods demonstrate 

high performance. 

The downstream processing of biotechnology products usually includes several column- 

based operations. With the exception of gel filtration, most of these separations are simple 

adsorption/desorption operations. In adsorption or on-off chromatography, material is fed 

onto the column until the desired amount of product is bound to the resin. Impurities move 

rapidly through the column, while the strongly adsorbed product moves slowly until it finds 

an unoccupied binding site, where it adsorbs and remains until the elution conditions are 

changed. Weakly bound impurities are displaced by the more tightly binding product. After 

loading, nonadsorbed or weakly bound material is washed out of the column and the product 

eluted by changing the elution conditions. Thus, the desired degree of resolution is relatively 

easily obtained; increased performance is judged in terms of practical considerations such 

as quantity of biologically active material purified per cycle. Furthermore, while analytical 

chromatography by definition must be done in a column, preparative, on-off chromatography 

is done in a column or fixed bed for convenience. A batch process or fluidized bed can 

often give results equivalent to those produced in column separations. 

In developing large-scale adsorption processes, we must change our thinking about these 

chromatography operations. We are not concerned with separating every component in a 

complex mixture, but rather with isolating just one species in the highest yield and at the 

lowest cost. In order to maximize our yield, we must optimize the binding and elution 

conditions for each step in an isolation process. We must also concern ourselves with practical 

matters such as the cleaning and reuse of chromatography media. In this chapter we will 

discuss some of these parameters as they relate to the development of large-scale high 

performance ion exchange and affinity separations. 

Il. ION EXCHANGE SEPARATIONS 

Commercial purification of proteins is often done by on-off ion exchange chromatog- 

raphy. Since proteins are zwitterionic, their net charge can be altered by changing the pH, 

and suitable conditions can be found to bind any protein to an ion exchange resin. Since 

proteins bind to ion exchange resins at multiple sites, they do not desorb until conditions 

are changed. The purification of monoclonal antibodies by ion exchange chromatography 

demonstrates the tremendous purification power of this technique. In the example shown in 

Figure 1, a large dilute solution containing a monoclonal antibody was applied to a cation 

exchange column under conditions where the antibody bound very tightly to the resin. The 

majority of the impurities in the sample had a pI below 7.0 and, hence, passed through the 

column without binding. Stepwise elution of the product resulted in a greater than 50-fold 

purification of the antibody. After the product was eluted, residual proteins were removed 

with a high-salt wash and the column reequilibrated in starting buffer for the next cycle. 

Numerous other examples of ion exchange separations of monoclonal antibodies are readily 
available.’ 

One advantage of using an adsorption process such as ion exchange early in a purification 
scheme is that the sorbent can capture solute from a dilute solution. Unlike analytical 
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FIGURE 1. Cation exchange purification of a monoclonal antibody. (A) Jn vitro cell culture fluid containing 0.3 

g/l monoclonal antibody was loaded onto a cation exchange column equilibrated at pH 7.3 with Hepes buffer. 

After loading, the column was washed with buffer to remove residual contaminating proteins. The antibody was 

then eluted with 0.25 M NaCl in Hepes buffer. (B) SDS-PAGE of the separation shown in A. All samples were 

reduced with 5% 2-mercaptoethanol before electrophoresis. Lane 1: molecular weight markers — phosphorylase 

B, 92,500; bovine serum albumin (BSA), 66,200; ovalbumin, 45,000; carbonic anhydrase, 31,000; soybean trypsin 

inhibitor, 21,500. Lanes 2—4: purified antibody eluted from the column. Lane 5: column load. 
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TABLE 1 

Ideal Properties of Ion 

Exchange Resins 

Hydrophilic support 

Permeable and macroporous 

High binding capacity 

No nonspecific adsorption 

Uniform, spherical beads 

Good mechanical stability 

Good chemical stability 

chromatography, where sample size must be kept to a minimum to maximize separation 

factors and theoretical plates, in preparative ion exchange separations we are not concerned 

with resolution, so that large dilute samples can be loaded onto the column without adverse 

effects. As long as the protein of interest binds to the resin, sample can be pumped onto 

the column until the resin is saturated. In practice, sample is generally loaded onto the 

column until the resin reaches 60 to 70% saturation. Overloading an analytical column in 

this manner would result in gross peak asymmetry, zone broadening, and, hence, poor 

resolution. In an adsorption process, once a solute is bound, there is no zone broadening. 

Ideal properties of an ion exchange medium for protein purification are listed in Table 

1. An ion exchange resin should be hydrophilic to ensure compatibility with aqueous protein 

solutions. The gel should also be permeable, macroporous, and have a high protein binding 

capacity. This high capacity should be specific to minimize nonspecific adsorption of material 

to the resin. In addition, the matrix should have good mechanical strength so that it does 

not compress under high flow rates. The resin should be spherical and form stable, packed 

beds which equilibrate rapidly to the desired running conditions. Finally, the resin should 

tolerate the harsh conditions sometimes required to clean and sanitize chromatography sys- 

tems. Currently, no ion exchange resin exhibits all of these properties. Therefore, compro- 

mises must be made in developing and optimizing a specific adsorption process. 

In scaling up ion exchange separations, the ultimate goal is maximum product throughput 

at a minimum cost. Throughput depends on several factors, including column flow rate and 

resin binding capacity. In mathematical terms, flow through a packed bed obeys the following 

equation, derived from Darcy’s law (for a more thorough discussion of the theoretical aspects 

of adsorption chromatography, see the text by Wankat®): 

K d? AP 
SS 

pL 

where v = linear velocity, K = permeability constant, d = particle diameter, AP = 

pressure drop across the bed, 1 = fluid viscosity, and L = bed height. The small particles 

and long columns typically used in analytical separations to achieve high resolution result 

in high backpressures, as predicted by this equation. In adsorption chromatography, reso- 

lution is not a factor and particle diameter can be large. Furthermore, column length can be 

minimized, since large bed heights give no advantage in on-off separations. 

Recent improvements in the media for ion exchange chromatography, as well as the 

introduction of radial flow columns, now permit extremely high flow rates at relatively low 

system backpressures and, therefore, faster throughputs than were previously possible. Figure 

2 shows the flow properties of several different ion exchange resins. Figures 3 and 4 show 

the dependence of backpressure on column geometry for two different types of ion exchange 

resins. These curves show that the higher the length-to-diameter (L:D) ratio, the lower the 
pressure at which the flow-pressure curves begin to level off. This leveling off of the flow- 
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FIGURE 2. Comparative flow characteristics of some fast flow ion exchange resins. Linear flow 
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FIGURE 3. Flow rate as a function of pressure in columns of Pharmacia® CM- and DEAE-Sepharose Fast 

Flow. Columns of varying diameter were packed to a bed height of 15 cm with either CM- or DEAE-Sepharose 

Fast Flow and equilibrated in 0.15 M NaCl. The pressure drop across the bed was measured as a function of 

linear flow rate. 
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FIGURE 4. Flow rate as a function of pressure in columns of either Amicon Matrex® PAE 

300 or Cellufine A800. The pressure drop across a 25-cm bed height of Matrex® PAE 300 in 

either a 2.2 (A) or 25 cm (B) diameter column was measured as a function of linear velocity. 

The solvent in both cases was 0.5 M NaCl. 

pressure curves is a result of resin compression and can be minimized by choosing columns 

with small L:D ratios. 

While the pressure drops observed in conventional columns are not prohibitive, radial 

flow columns offer some advantages over traditional axial flow columns. Since flow is 

distributed over the cylindrical surface of the radial flow column, the throughput at a given 

pressure drop is greater than that observed in an axial flow column. The AMF Zetaprep® 
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FIGURE 5. Pressure vs. flow rate in conventional and radial flow columns. Sepharose® 

CL-4B (1.2 1) was packed into either a 10 X 15 cm conventional column (@) or a 35 cm 

long radial flow column (@). The pressure drop as a function of absolute flow rate in both 

columns was measured in 0.15 M NaCl. 

system represents one approach to radial flow ion exchange separations. The system is 

composed of a special ion exchange paper spirally wrapped around a core to maximize 

surface area and minimize the space required to contain the matrix. The cartridge, because 

of its design, has relatively low compressibility and permits extremely high flow rates. More 

recently, Sepragen (San Leandro, CA) has introduced a line of radial flow columns which 

can be packed with any adsorption medium. Figure 5 shows the increase in flow rates 

obtainable in some of these columns packed with Sepharose® CL-4B. As discussed below, 

radial flow columns can be particularly useful in affinity chromatography where small 

amounts of very high-capacity resins are often used. 

Because of the increased flow properties of ion exchange resins, column media com- 

pressibility no longer restricts flow rates in large-scale chromatography. With flow rate 

constraints removed, column capacity becomes the limiting factor in scaling up these sep- 

arations. Capacity is determined by factors at the molecular level, including matrix com- 

position, the effectiveness of contact between product and available binding sites, and the 

binding constant of the product for the adsorbent. The effective binding capacity of a column 

packing material under conditions of high flow rate has been termed “‘capture efficiency”’ 

by Roy et al.’ According to Chase* and Arnold et al.,’ this capture efficiency is best 

determined from the breakthrough curves for a given column under different conditions. As 

illustrated in Figure 6, a breakthrough curve is obtained by pumping sample solution con- 

tinuously onto the column until the solute begins to appear in the effluent. The rate of 

increase of solute concentration in the eluant is a measure of the adsorption efficiency of 

the column. The shape of the breakthrough curve is dependent upon the rate of protein 

uptake and the linear flow rate through the column. At high flow rates, solute moves through 
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FIGURE 6. The effect of flow rate on the capture efficiency of DEAE-Sepharose Fast 

Flow. A solution of BSA (5 mg/ml) in 50 mM Tris-HCl, pH 7.2 was loaded onto a 1.6 X 

2.5 cm column at various flow rates. The amount of BSA in the column eluant as a function 

of volume loaded was determined by UV absorbance. C/CO = BSA concentration in column 

eluant relative to initial concentration. Flow rates: A = 30 cm/h, B = 60 cm/h, C = 120 

cm/h, and D = 240 cm/h. 

the bed faster than the protein adsorbs onto the resin. As a result, binding capacity is sacrificed 

for high throughput and shorter cycle times. 

Another approach to maximizing capture efficiency is to determine the kinetic uptake 

of the protein from solution. By determining the batch binding capacity and rate of product 

adsorption of the resin, the maximum flow rate that allows 100% product binding can be 

calculated. The rates of protein uptake on Whatman® DE-52 cellulose and Pharmacia® 

DEAE-Sepharose Fast Flow are shown in Figure 7B. These data imply that at any given 

flow rate, the binding capacity (and thus the overall throughput) of a given amount of DE- 

52 is higher than that of DEAE-Sepharose Fast Flow. Therefore, all other factors being 

equal, to achieve the same yield of product per cycle, larger columns of DEAE-Sepharose 

Fast Flow are necessary than of DE-52. A similar comparison between weak cation ex- 

changers is shown in Figure 7A. 

Scaleup of an ion exchange adsorption process is achieved by maintaining a constant 

ratio of adsorbent to product. Since long column beds are unnecessary in adsorption chro- 

matography, bed heights are usually chosen for convenience rather than increased separation 

power. As seen in Figure 4, short, wide columns permit higher linear flow rates at a given 

pressure drop than do long, narrow columns. In practice, bed heights of 10 to 20 cm permit 

high flow rates at relatively low pressure drops. After fixing the bed height in this region, 

an adsorption process can be scaled up by increasing the column diameter. Since column 

volume increases with the square of the diameter, doubling the column diameter quadruples 

the column volume. Columns of stainless steel, glass, or acrylic are available in a wide 

range of diameters. 

One of the most important features in a process column is the design of the flow 

distribution system to ensure uniform flow over the entire bed surface. One method of 
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FIGURE 7. A comparison of the relative rates of protein absorption and capacities for (A) 

Whatman® CM-52 vs. Pharmacia® CM-Sepharose Fast Flow and (B) Whatman® DE-52 and 

Pharmacia® DEAE-Sepharose Fast Flow. The rate of uptake of BSA (A) or lysozyme (B) 

was determined from continuously stirred buffered solutions containing excess protein. So- 

dium acetate (0.01 M, pH 4.4) buffer was used for the cation exchange resins and 0.01 M 

sodium phosphate (pH 6.0) was used for the anion exchange resins. The original protein 

concentrations were 1 mg/ml in all cases. 

maintaining a uniform flow distribution over the surface of the gel bed is illustrated in Figure 

8. The entering flow is divided by a special radial end-cell design which evenly distributes 

the stream over the bed surface. To avoid impact of the fast-flowing mobile phase on the 

packing, an antijetting device disperses the entering stream. The exit flow is collected by 

an identical end cell. The combination of antijetting device, radial flow distribution, and 

sintered bed support produces an infinite multiport entry system with low dead volume, 

minimal mixing, and high resolution. 

Since the cost of chromatographic media can be a substantial portion of the cost of 

manufacturing a therapeutic protein, it is important to reuse the media as many times as 
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possible. One way to improve resin life is to ensure that the feedstock is free of visible 

particulate matter to prevent fouling of the resin by precipitated material. A guard column 

can often be used to remove tightly binding impurities that would otherwise reduce the 

capacity or lifetime of the main ion exchange column, as shown in Figure 9. In the isolation 

of goat anti-rat IgG, a guard column was effectively employed to remove strongly binding 

components.” In this case, the guard column also served as a high-efficiency filter, removing 

colloidal suspended matter from the sample before ion exchange chromatography.* 

In order to reuse an ion exchange resin, it should be cleaned and sanitized following 

each use. Cleaning an ion exchange resin is often initiated by washing the column with a 

concentrated salt solution to remove tightly bound impurities. Remaining material, such as 

lipids and precipitated protein, can be solubilized and removed with a caustic solution. In 

some instances, nonspecifically adsorbed or precipitated material can be removed from the 

column with chaotropic agents such as urea or with nonionic detergents such as Triton® X- 

100. Sodium hydroxide effectively cleans and sanitizes ion exchange columns. Both Gram- 

negative and Gram-positive bacteria can be inactivated by sodium hydroxide under the 

appropriate conditions. Whitehouse and Clegg’® reported that the inactivation of Bacillus 

subtilis spores is dependent on the concentration of sodium hydroxide used as well as the 

incubation time and temperature. Similarly, the inactivation times for Pseudomonas aeru- 

ginosa and Escherichia coli are both temperature and concentration dependent.'! Therefore, 

the highest possible sodium hydroxide concentration should be used when sterilizing an ion 

exchange column. 

HI. AFFINITY CHROMATOGRAPHY 

In affinity chromatography, a ligand is attached to an inert support and the product is 

specifically bound to the matrix during sample loading. Affinity chromatography systems 

can be divided into specific and general ligand types. Monoclonal antibodies and specific 

inhibitors produce affinity supports specific for one antigen or enzyme. The specific systems 

have great potential for one-step purification methods, but in practice some type of ‘‘cleanup’’ 

step is usually needed both before and after the affinity step. Specific affinity supports tend 

to be much more expensive than other chromatography resins, so long column lifetimes are 

important. Partial purification of a protein prior to the affinity step can reduce the total load 

of protein and other contaminants and facilitate the regeneration and reuse of the affinity 

column. Many specific affinity purification systems have been developed for both laboratory!?:° 
and commercial applications.'*!° 

Immunoaffinity chromatography is used in the large-scale purification of recombinant 

leukocyte interferon A.'*'® Crude E. coli extracts containing interferon are loaded onto the 

affinity column at pH 7.0. The column is then washed with pH 7.0 buffer, and the interferon 

is then eluted from the column with a low-pH buffer. The scaleup of this process to com- 

mercial levels required several changes in the original laboratory separation. '° 

The maximum flow rate achievable using an agarose-based immunosorbent was only 

38 cm/h due to radial compression of the gel.’ A comparison of alternative support matrices 

indicated that beaded cellulose or silica gel provided better mechanical support and permitted 

higher flow rates.’ Silica gel was ultimately chosen as the support matrix because beaded 

cellulose disintegrated at pH values below 3.’ Silica allowed fluxes ten times higher than 

those achieved on the agarose gel. Figure 10 shows the effect of flow rate on capture 

efficiency of recombinant interferon. As expected, capture decreased as flow rate increased. 

Based on this data and the desire to capture 80% of the interferon loaded, a linear flow rate 

of 720 cm/h was chosen for the large-scale purification of recombinant interferon.’ 
The high affinity of monoclonal antibodies for their antigen may make severe elution 

conditions necessary to recover the product. This may result in product loss by denaturation, 
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A 

FIGURE 8. (A) A large-scale production column, showing materials of construction and overall 

dimensions; (B) a close-up of the flow distributor. 

which has proven to be a particular problem.'’ This problem can be resolved using antibodies 

with minimal affinity for their antigen and by using tandem columns to rapidly neutralize 
the column effluent and stabilize the product.'’ 

Another effective use of affinity chromatography is for removal of tiny amounts of 

contaminant proteins from an otherwise pure protein after all other methods of fractionation. 

Such ‘‘negative affinity’? procedures are advantageous because only small quantities of 

adsorbent are needed and because conditions which might be detrimental to the product can 

be adopted to desorb unwanted contaminants during regeneration. For example, an immu- 

noaffinity column is used to ensure the complete removal of the potentially deadly contam- 

inant ricin B chain from the ricin A chain for use in immunotoxins. '* 

The growing use of monoclonal antibodies for in vivo imaging of human tumors and as 

therapeutic agents has focused attention on protein A affinity chromatography. The binding 
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FIGURE 8B. 

of mouse immunoglobulins to protein A is pH dependent, with optimal binding occurring 

in the range of pH 6.0 to 8.0. At pH values below 6.0, this interaction is reversed. Im- 

mobilized protein A can therefore be used to purify antibodies produced either in ascites 

fluid or in in vitro cell culture. 

Affinity purification of monoclonal antibodies on immobilized protein A has produced 

yields near 100%, with purity to match.'??! The scaleup potential of this technique is obvious, 
and it is currently being used on a commercial scale.' Although protein A affinity chro- 

matography is the method of choice for antibody purification in some cases, the method is 

not applicable for all monoclonal antibody purifications for three reasons. First, some classes 

of antibody, such as IgM, do not bind to protein A. Second, protein A affinity resins are 

expensive and difficult to sanitize for reuse. Finally, leakage of protein from the column 

matrix constitutes a major regulatory concern. 

Radial flow columns can also be used in affinity chromatography. As discussed above, 

these columns allow higher throughputs than traditional columns holding the same amount 

of resin. The extremely high binding capacity of affinity resins such as immobilized protein 

A reduces the material costs for this resin, but columns of the size required for this small 

amount of resin may have slower throughputs than larger columns of lower capacity resins. 

In this regard, radial flow columns offer the advantage of reducing material costs and at the 

same time increasing throughput. Figure 11 shows the purification of an anti-melanoma 

antibody on protein A agarose. Purified antibody was recovered from this column with 
>95% yield, and the entire separation was complete in less than 3 h.?? Scaleup of separations 
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Column: 4.66 x 50 mm 

0.5 ml/min (55 psi) 2) 400 VOL=0.85 ml : ‘ 
c 1.0 ml/min (100 psi) 

Zz 
= 2.0 ml/min (195 psi) 
ej 

aun 300 
= 
oO 
iva 
ve 
a ; : 
We 200 3.0 ml/min (280 psi) 

Ww 
> 

s) 
Ww 4.0 ml/min (370 psi) 
E00 
< 
4 
z 
uy 

O 

(@) 100 200 300 400 500 600 

rlFN< A LOAD ON COLUMN, ug 

FIGURE 10. Effect of column flow rate on column capture efficiency. Purified recombinant leukocyte interferon 

A in 0.025 M ammonium acetate, pH 7.2 was loaded at various flow rates on a 4.66 X 50 mm immunoaffinity 

column equilibrated with buffer at pH 7.2. Elution was via a concave gradient from pH 7.2 to 2.8, at the same 

flow rate as loading. 
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FIGURE 11. Purification of an anti-melanoma antibody on a radial flow column. Crude antibody 

(3 g) was loaded onto a 1.2-] radial flow column packed with protein A agarose. The sample was loaded 

at a flow rate of 104 ml/min and the resin then washed with buffer at a flow rate of 170 ml/min. 

Following washing, the antibody was eluted from the resin with a low-pH buffer at a flow rate of 92 

ml/min. 
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in axial flow columns is easily accomplished by either increasing the length of the column 

or adding additional column units in parallel. 

As with ion exchange resins, affinity resins can only be cost effective if they can be 

reused. Unlike ion exchange resins, affinity resins cannot be cleaned and sanitized with 

sodium hydroxide. Therefore, it is very important that the feedstock be clarified by sterile 

filtration to prevent microbial contamination of the affinity column. Also, impurities which 

might irreversibly bind to the resin should be removed by other means before loading the 

sample on an affinity column. As with ion exchange columns, the use of a guard column 

to remove such impurities can greatly increase the life of an affinity column. 

IV. CONCLUSIONS 

Preparative adsorption separations are so different from analytical chromatography that 

to refer to these operations as chromatography is misleading. Indeed, as we move to larger 

systems with smaller and smaller L:D ratios, adsorption separations begin to resemble 

filtration more than chromatography. Ion exchange filters such as the Zetaprep® may play 

a more important role in the future of bioprocessing than conventional resins, since theoretical 

plate measurements and separation factors are of little value in preparative situations. In 

large-scale separations, it is more important to optimize the selectivity of the separation by 

changing the affinity ligand in affinity chromatography or by altering the binding conditions 

in ion exchange chromatography. Preparative separations are very sample specific and require 

information on operating conditions, sample components, sample load, and the adsorbent 

to be fully optimized. As our understanding of proteins and the practical variables involved 

in their isolation grows, we can expect improved performance of adsorption separations. 
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I. INTRODUCTION 

The first steps of biochemical separations from natural and mammalian cell culture 

systems are usually based upon differences in physiochemical properties (size, solubility, 

charge, hydrophobic interactions) of the constituent macromolecules. The terminal step, 

however, is generally an affinity or immunoaffinity step specific for the particular macro- 

molecule in question, ensuring a high degree of purity (from contaminant proteins and 

nucleic acids). This is particularly important for proteins derived from tissue culture systems 

and less of an issue for proteins derived from human plasma. For the former, the concerns 

are primarily toward residual levels of foreign proteins (antigenicity) and nucleic acids 

(oncogenes) in the purified product.' Contaminant proteins are homologous (not foreign 

proteins) in therapeutic entities isolated from human plasma and, hence, are not of similar 

concern. Of course, the criteria stated here are for therapeutic, intravenously administrable 

macromolecules; the human body is much more forgiving for orally administered dosage 

forms. 
Anion-exchange chromatography in the pH range 6.5 to 8.0 (the pH of human plasma 

is 7.2 to 7.6; proteins of therapeutic importance are biologically active in this pH range) is 

commonly used at the front end of a purification process. Recent availability of highly cross- 

linked agarose matrices for industrial scale protein chromatography has resulted in the 

throughput limit being set not by flow resistance, but by the ‘‘on-off’’ rate of the protein 

in question. The so-called dynamic capacity for a particular protein is affected by a multitude 

of factors. The choice of the support matrix is based upon the charged groups on the matrix, 

particle diameter, pore size, and on-off rates of the proteins under the operating conditions. 

Unlike analytical scale applications, where approximately the top 10% or less of the column 

is utilized for protein adsorption, preparative scale ion-exchange chromatography uses almost 

all of the column capacity for adsorptive purposes. For a mixture of proteins, protein-protein 

interactions exert a significant effect on process chromatography. Adsorption-desorption 

behavior deviates significantly from that predicted by Langmuir-type isotherms commonly 

used to theoretically model chromatographic systems: 

Adsorptive capacities of proteins on ion exchangers can be a function of the molecular 

weight of the proteins,” larger molecules having access only to the surface whereas smaller 

molecules can have access to the internal pore volume as well. Ion exchangers with higher 

exclusion limits (Q and S Sepharose® Fast Flow from Pharmacia [Piscataway, NJ]), exclusion 

limit 4 x 10° Da for globular proteins) obviate the accessibility problems of large molecular 

weight proteins. Uneven charge distributions over the protein surface can cause selective 

adsorptions not indicated by the net charge on the protein. For complex mixtures of proteins, 

stronger-binding proteins displace weaker-binding ones. The ensuing displacement effects 

can play a major role in selecting loading conditions favoring increased selectivity of the 
protein of choice. 

Affinity/immunoaffinity chromatography, in contrast, utilizes specific ligand-macro- 

molecule interactions which are reversible. The support matrix and the chemistry of attach- 

ment of the immobilized ligand have major influences on the selectivity and capacity of the 

support. Column configurations and operating conditions can be modified to minimize 
nonspecific interactions. 

In this chapter we describe issues related to preparative scale purification of human 

alpha-1 proteinase inhibitor (alpha-1 PI) and human antithrombin III (AT IID). Anion-ex- 

change chromatography, as it relates to alpha-1 PI purification, has been optimized and 

scaled up to production scale. Heparin-Sepharose® chromatography for AT III purification 

has been optimized with respect to heparin immobilization methods and subsequently scaled 
up for preparative scale runs. 
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Il. MATERIALS AND METHODS 

A. ISOLATION AND CHARACTERIZATION OF ALPHA-1 PI 
Alpha-1 PI was isolated from Cohn fraction IV-1? as described previously.* Alpha-1 PI 

was assayed by measuring elastase (porcine pancreatic elastase type III; Sigma, St. Louis, 

MO) inhibitory activity monitored during hydrolysis of chromogenic substrate n-succinyl- 

L-alanyl-L-alanyl-L-alanyl-p-nitroanilide (Sigma) at 405 nm and 37°C. The standard used 

was 100% pure alpha-1 PI. Slopes were determined for the hydrolysis reaction in the presence 

and absence of the inhibitor. The amount of alpha-1 PI in samples could be calculated by 

comparing the slopes, knowing that the stoichiometry is 1:1. The specific activity of pure 

alpha-1 PI, defined as milligrams of elastase inhibitory capacity per Ajo, is 2.0.* 

Purified alpha-1 PI in high-performance liquid chromatography (HPLC; TSK 3000 SW 

column, 30cm X 7.5 mm) showed a major protein peak (93%) and some higher molecular 

weight material. DEAE-Sepharose® Fast Flow (Pharmacia) was the anion exchanger utilized 

in this study. 

B. ISOLATION AND CHARACTERIZATION OF AT III 

AT III was also isolated from Cohn fraction IV-1 via heparin-Sepharose® chromatog- 

raphy,° as described previously. AT III was assayed using the thrombin inactivation assay 

of Odegard,®’ utilizing chromogenic substrate S-2238 (Kabi Diagnostics, Stockholm) and 

bovine thrombin (Miles-Pentex, Kankakee, IL). Normal pooled plasma, by definition con- 

taining 1 U/ml of AT III, was used as a standard. This was equivalent to a plasma con- 

centration of 125 wg/ml. Purified AT III has an extinction coefficient of 6.5 + 0.1.8 

Quantitation of bound heparin was based on the determination of the glucosamine 

concentration in the dried affinity matrices following acid hydrolysis, as described previ- 

ously.® Heparin (porcine intestinal, U.S.P. grade, = 150 U/mg) was obtained from Scientific 

Protein Products (Wisconsin). 

Sepharose® CL4B and amino-hexyl (AH) Sepharose® were obtained from Pharmacia. 

Cyanogen bromide (CNBr) was obtained from Sigma. 1-Cyano-4-dimethylaminopyridinium 

tetrafluoroborate (CDAP) was synthesized’° in-house. 

Il. RESULTS AND DISCUSSION 

A. ANION-EXCHANGE CHROMATOGRAPHY FOR ALPHA-1 PI 

For alpha-1 PI, levels of anion exchanger that had been used previously to purify the 

protein to homogeneity ranged from 1 to 5 ml of exchanger (column bed volume) per 

milligram alpha-1 PI.'''* This allowed for purification of small amounts of protein, but 

would be impractical for the production of large amounts of a therapeutic entity. This 

particular protein is quite abundant in human plasma,’ and replacement therapy for an 

individual would require 4 g of alpha-1 PI per week.'® Thus, a process has been developed 

which allows for the purification of grams and kilograms of the protein,* using anion- 

exchange chromatography as the major purification step. 

In this purification, the feed material is only 15% pure; the major contaminant is albumin. 

A chromatography system was developed which would remove most of the albumin and 

other impurities and also allow for high loading of alpha-1 PI on the column. The principle 

of ‘‘displacement chromatography’’ was used.'’ This is based on overloading the column 

so that one protein is used to displace others. 

The concept of displacement of albumin by alpha-1 PI is shown by the following model 

experiment. A column of DEAE Sepharose® (1 x 5 cm) was equilibrated in 0.025 M sodium 

phosphate, pH 6.5, at room temperature. Purified albumin (in the same buffer) was applied 

to the column until capacity was reached (the protein concentration in the flow-through was 
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the same as in the feed). This is shown in Figure 1. After washing with buffer, the column 

was eluted with 0.1 M sodium phosphate at pH 6.5. The eluted albumin (representing the 

column capacity under these conditions) measured 335 mg. In a second run, alpha-1 PI was 

loaded onto the same column under identical conditions (Figure 2). The capacity for this 

protein was found to be 380 mg. Then, in a third column run (Figure 3), albumin was loaded 

onto the column to capacity. After washing with buffer, alpha-1 PI was applied to this 

preloaded column. The protein in the effluent peak contained both proteins; however, the 

initial fractions were pure albumin, and the latter fractions were mostly alpha-1 PI. Enough 

alpha-1 PI was applied to the DEAE column to saturate it with this protein. Then, after 

washing with equilibration buffer, the DEAE column was eluted with | M sodium chloride 

in 0.1 M sodium phosphate at pH 6.5. This eluate contained the same amount of alpha-1 

PI as in the previous experiment, and the purity was the same. Thus, preloading the column 

with albumin did not affect the column capacity for alpha-1 PI. All of the albumin was 

displaced. 

In the early developmental stages of the alpha-1 PI purification project, a polyethylene 

glycol (PEG)-containing solution (11.5% w/v) was applied to the DEAE-Sepharose® column. 

Approximately 10 mg of the protein of interest could be bound to each milliliter of ion 

exchanger. It was found that under the conditions being used (pH 6.5, 0.04 M sodium 

phosphate buffer), no more could be applied without losses occurring in the breakthrough 

fraction and in the subsequent wash. Elution with 0.10 M sodium phosphate recovered the 

alpha-1 PI with good yield and a purity of 60 to 70%. The major problem with this method 

was the flow rate during column loading. The PEG caused the ion-exchanger bed to compact, 

thereby increasing the pressure and slowing the flow rate to intolerably low levels. The 

purification was good; alpha-1 PI displaced many of the impurities. 

The problem, then, was to remove or lower the PEG concentration. The method chosen 

was further precipitation with PEG. The proteins could be quantitatively precipitated with 

more PEG (17%). The resulting precipitate, when dissolved in seven volumes of buffer, 

contained 3% PEG, and this did not affect the column flow rate. 

In the first experiment, a quantity of dissolved Cohn fraction [V-1 (the source of alpha- 

1 PI)* was fractionated with PEG. The resulting precipitate was dissolved and applied to 

the DEAE-Sepharose® column. A 50-ml bed volume was used, which was sufficient (from 

previous experience) for 450 to 500 mg of alpha-1 PI. The resulting eluate, which was 

produced very quickly due to the increased flow rate now possible during loading, was 

surprisingly less pure than expected. Also, a lower than expected yield was obtained. In 

order to examine this phenomenon, side-by-side comparison of the two methods was made. 

On one column, the 11.5% PEG solution was applied directly to the DEAE Sepharose®. 

On the second, an equal portion of the same PEG-containing solution was further fractionated, 

and the resulting precipitate obtained at 28.5% PEG (pH 6.5, +5°C) was dissolved in buffer 

(0.025 M phosphate, pH 6.5) and then applied to the column. Again, the yield and purity 

were lower than expected. This experiment is summarized in Table 1. 

The obvious question, then, is why the purity is lower in column 2. During the loading 

of column 1 there was some loss of alpha-1 PI in the flow-through and in the wash fractions, 

whereas in column 2 there was none. Thus, the answer may be that purity would have been 

improved if more protein had been loaded. PEG apparently affects the column capacity, 

perhaps by blocking sites. If the column capacity were now higher, then loading more protein 

would allow the alpha-1 PI to displace some further amount of the more weakly binding 

impurities, just as albumin was displaced in the previously described model system. 

This hypothesis was tested. At slightly lower ionic strength than had been used earlier 

(0.025 M in place of 0.03 M sodium phosphate), 1500 mg of alpha-1 PI (as the redissolved 

precipitate) were applied to 50 ml DEAE Sepharose®. (This is 30 mg/ml of exchanger, or 

about threefold more than loaded previously.) All the protein of interest bound. Washing 
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TABLE 1 

Comparison of Feed Materials 

Experiment 

Step #1 #2 

Material loaded 10 mg alpha-1 PI per ml anion exchanger 10 mg alpha-1 PI per ml anion exchanger 

in 11.5% PEG in buffer 

Column size 50 ml Same as in #1 

Column wash 500 ml 0.04 M buffer Same as in #1 

Elution 0.1 M buffer Same as in #1 

Process yield 72% 68% 

Product purity 63% 51% 

with ten bed volumes brought off no alpha-1 PI. Elution with 0.1 M buffer produced material 

with low purity (55%); the yield, however, was more than 90%. During the loading, ob- 

servation of the column revealed that a red-orange band had formed and moved down the 

column. This was identified as transferrin. Behind this was a broad yellow zone, followed 

by a white zone, and then by a blue band at the top of the column. We could speculate that 

the yellow zone was albumin and the white zone was the alpha-1 proteinase inhibitor. Thus, 

even higher loading should displace even more of the albumin, as the model system showed, 

allowing for higher purity of the product. 

A trial at the 50-ml column size was performed. At 0.025 M sodium phosphate, 53 mg 

alpha-1 PI per milliter DEAE Sepharose® were loaded. Washing with this buffer caused no 

loss, but at 0.03 M some alpha-1 PI was present in column flow-through. Thus, the column 

capacity had been reached. Elution with 0.1 M buffer gave a purity of 63%. The hypothesis 

that saturating the column with alpha-1 PI would displace impurities was proved correct. 

We were now ready to delineate the column capacity exactly and to attempt scaleup of 

this system. Using a sixfold larger column (300 ml), 57 mg of alpha-1 PI per milliliter of 

DEAE Sepharose® were applied. The PEG precipitate was dissolved in 0.025 M buffer at 

pH 6.5. No protein of interest was in the breakthrough fraction, but 15% was lost in the 

first part of the wash (three bed volumes, 0.025 M phosphate, pH 6.5). Then, another 5% 

was lost in further washes (two bed volumes). This latter material had good purity. Elution 

with 0.075 M buffer was tested, but the elution was very broad and was not purer than had 

been found with 0.1 M buffer elution. Thus, we concluded that the loads should be about 

50 mg per milliliter DEAE. Also, the wash should be limited, since a longer wash starts to 

move high-purity protein off the column. 

In two runs with a 300-ml column, the load was 53 mg per milliliter DEAE in 0.025 

M phosphate. The wash was limited to four bed volumes, and elution was with 0.1 M 

phosphate. The yields were 85%, and the purity was more than 70%. In order to prove that 

the column loading level was important, the same column was run again, but the loading 

was at 45 mg per milliliter DEAE. The same feed was used. The column was otherwise 

run identically. The purity of the eluate was only 55% and the yield was 70%. 

This method was successfully scaled up to 4-1, 8-1, and then 16-1 columns. The bed 

height was never more than 15 cm, and the flow rates were one bed volume per hour. Eight 

runs at the 16-1 size are summarized in Table 2. 

In conclusion, we have shown that the principle of displacement chromatography is 

clearly applicable to large-scale systems. The methods described allow for the purification 

of enough alpha-1 PI for therapeutic use. 

B. HEPARIN-SEPHAROSE® CHROMATOGRAPHY FOR AT III 

AT Ill capacity of each affinity matrix was tested with 10 g of resin packed into a 1.6- 

cm-diameter column and equilibrated with 0.05 M Tris-0.15 M sodium chloride at pH 7.4 
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TABLE 2 

Purification on 16-L Columns 

Feed material Eluate 

Experiment Protein Alpha-1 Alpha-1 Purity Yield 

number (g) PI (g) PI (g) (%) (%) 

[fe 3573 630 553 50 88 

2 5632 756 525 60 69 

3 4320 808 656 59 81 

4 5472 792 739 67 93 

5) 4276 787 700 63 89 

6 4174 768 112 66 93 

7 4272 810 739 70 91 

8 4271 809 675 70 83 

* Number | was performed at reduced load (39 mg alpha-1 PI per ml DEAE). 

The purity was therefore low. The average for numbers 2 through 7 is 

85% yield and 65% purity. 

and 22°C. Affinity-purified AT III (8 U/mg) was applied at a flow rate of 1 ml/min 

until protein was detected in the column flow-through fractions. The column was washed 

with the equilibration buffer until the outlet A... returned to baseline. A second wash with 

0.05 M Tris-0.3 M sodium chloride at pH 7.4 elicited a second peak; this was followed by 

elution with 0.05 M Tris-2.0 M sodium chloride at pH 7.4. Each resin was run in triplicate, 

and the average values of amounts of At III eluted were correlated with amounts of bound 

heparin (Table 3). 

In general, a positive correlation was obtained between amounts of bound heparin and 

AT III capacity for a particular affinity matrix. Lower binding efficiencies were obtained 

with CNBr activation of heparin (1 to 3, Table 3) compared to cyanate ester derivatives 

(resin-O—C=N) of the support matrix (4 and 5, Table 3). Modifications of the hydroxyl 

groups in the reactive tetrasaccharide portions of the heparin molecule during CNBr activation 

are the likely cause for the reduced AT III affinity of these supports. 

For a given affinity matrix, purity of the feed solution and the temperature of operation 

had significant effects on capacity and nonspecific binding of the support (Table 4). For 

affinity-purified AT III (#1, Table 4), an inverse relationship between temperature and gel 

capacity was noted, which agrees well with the literature report of an inverse relationship 

between K,,..,. of the heparin-AT III complex and temperature.'* This effect was less pro- 

nounced for less pure feed solutions (#2 and #3, Table 4). 

Negative charges on the heparin molecule promote electrostatic interactions, and the 

support has discernible ion-exchange properties when the feed contains plasma proteins other 

than AT III (#2 and #3, Table 4). Colder temperatures increased nonspecific binding, as 

reflected in lower specific activity of AT III. At any given temperature, decreased feed 

purity resulted in decreased AT III capacity — since the negatively charged sulfate groups 

also reside within the reactive tetrasaccharide portions of the heparin molecule (responsible 

for AT III binding), the ion-exchange properties compete with affinity binding of AT III in 

these cases. 

Heparin-Sepharose® chromatography has been scaled up to 20-1 columns prepared in- 

house. Predictable column operations have been obtained on a reproducible basis for the 

preparation of preclinical and clinical lots. 

In conclusion, the following points have been identified in this chapter regarding their 

importance in process scale chromatography: 
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TABLE 4 
AT III Capacity of CDAP-Activated Heparin-Sepharose® as a Function of 

Temperature and Feed Solution Purity 

Eluted AT III 
Temperature AT Ill capacity specific activity 

Feed Solution (C) ({mmol/gm support] x 10-5) (U/m) 

1 Affinity-purified AT II (sp act 8U/mg) > 4.03 == 
22 3.14 — 

37 2.38 = 
2 Dissolved IV-1 (sp act 0.05 U/mg) 5 1.69 ae 

Bee 172 6.1 

3 Effluent II + Ill (sp act 0.02 U/mg) 5) 0.95 Sill 

- 

an 

oo 

10. 

22 0.91 3.8 

Preparative scale ion-exchange strategy has been one of increased selectivity at high 

protein loading. 

Ligand-binding chemistry can have a significant effect on column capacity and, hence, 

column size. 

Nonspecific interactions can influence affinity adsorption/elution processes. These 

interactions need to be minimized through processing conditions. 
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I. INTRODUCTION 

Chromatography packings are chosen primarily according to their selectivities.* The 

choice is also influenced by kinetic limitations which are inherent in the packing material. 

In our development of new packing materials, we are trying new methods for the evaluation 

of kinetic parameters. This evaluation can be done using zone spreading measurements or 

batch adsorption rate determinations. Using batch adsorption experiments, it is possible to 

measure the rate of solute adsorption under conditions which are easier to control than the 

conditions affecting column experiments. The time course of the batch adsorption experiment 

will depend on the initial conditions as well as the adsorption kinetics. Our aim was to study 

the kinetic limitations inherent in the chromatographic packing. For this reason we were not 

satisfied with earlier models which resulted, for example, in mass transfer coefficients that 

were dependent on volume or mass ratios (i.e., the initial conditions). In these earlier models, 

the different possible mass transfer resistances were lumped together with a reaction rate 

constant (characterizing the solute-ligand complex-forming reaction). It follows that if one 

wants to distinguish between diffusional resistances and sorption reaction kinetics, etc., the 

model will necessarily be more complicated. 

II. COLUMN EXPERIMENTS 

In the van Deemter equation, where H is the height equivalent of a theoretical plate and 

u represents the linear mobile-phase velocity in a packed column, the parameters A, B, and 

C represent zone-broadening contributions from eddy diffusion, longitudinal molecular dif- 

fusion, and mass transfer resistance, respectively.’ 

H=A+Bu+C Xu (1) 

Thus, the kinetic resistances are lumped together in the coefficient C. When peak widths 

are measured at different flow rates in isocratic runs using a series of buffers with decreasing 

buffer strength, one may separately estimate the influence of sorption kinetics as well as 

external and internal diffusional resistances. 

Using buffers of increasing elution strength, it should be possible to reduce the influence 

of the sorption kinetics keeping the diffusional resistance approximately constant. For such 

experiments it is desirable to obtain a measure of the elution strength of the buffer rather 

than merely the composition. A correlation between the retention (k’) and the elution strength 

has been suggested by Rounds and Regnier.” However, their retention model was unable to 

predict the behavior of bovine serum albumin (BSA) using S Sepharose® High Perfor- 

mance, a new 30-ym agarose-based cation exchanger. On the contrary, with chymotryp- 

sinogen A, we were able to use this model in order to select suitable buffer compositions. 

An aberrant behavior of BSA was also noticed by Kopaciewicz et al.,* although they were 

using Mono S™, a 10-y.m cation exchanger. 

Ill. CALCULATION OF KINETIC PARAMETERS FROM PEAK 
WIDTHS 

Horvath and Lin* presented a theoretical method for the estimation of axial dispersion 

as well as film diffusion and pore diffusion resistance. We were unable to detect a sufficient 

deviation from quasilinearity in order to use Horvath’s equations for the determination of 

* The chromatographic packings mentioned in this work are products of Pharmacia LKB Biotechnology AB. 
Mono S™, Mono Q™, and Sepharose® are trademarks of Pharmacia. 
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FIGURE 1. Chromatograms obtained from isocratic runs in 50 mM sodium acetate, pH 4.5 containing different 

sodium chloride concentrations. After approximately ten column volumes, a step gradient to 1 M sodium chloride 

was used to elute BSA remaining on the column. The peaks to the right occurred only after this step gradient. 

the film diffusion resistance. However, Arnold and co-workers° have suggested the corre- 

lation 

Sh] 2. 1.45 x Re’? 2 Sele: (2) 

where Sh is the Sherwood number, Re the Reynolds number, and Sc the Schmidt number, 

for the estimation of the film diffusion resistance. Although this correlation may be useful, 

we are reluctant to rely upon peak width measurements. Corrections for extra column effects, 

sample variance, and zone compression effects may introduce substantial errors. Neverthe- 

less, we found Arnold’s determination of BSA diffusivity in pores of Sepharose® CL-4B, 

1.8 X 107’ cm’/s, interesting as an independent measurement. Due to our difficulties in 

controlling the retention volumes by changing the buffer composition (see Figure 1), we 

could not make a comparison using BSA. With chymotrypsinogen A this should have been 

possible (data not shown). Still, we hesitated to use data obtained with underivatized packings 

for prediction of diffusivities in derivatized packings such as ion exchangers because the 

pores may be altered during the derivatization procedure. This is probably not a significant 

problem when data obtained with underivatized packings are used for the prediction of 

diffusivities in immunoaffinity packings because of the lower substitution degrees obtained 

in the latter case. Consequently, we found no reason not to accept Arnold’s data. 

IV. BATCH ADSORPTION EXPERIMENTS 

In previous work in our laboratories we tried less complicated models, lumping several 

mass transfer resistances together as described by Chase.®° These modeling experiments did 

not satify our need to find parameter values that would be characteristic of the solute-packing 
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material combination regardless of the amount of protein added. We made the assumption 

that the overall mass transfer rate was not controlled by the same mechanism throughout a 

binding experiment. Instead, we thought there may be a change from a first to a second 

limiting mechanism. We also had reason to believe that the gradually increasing diffusional 

path length had to be incorporated in the model in order to describe how the protein initially 

binds predominantly at the perimeter of the particles and later, to an increasing extent, 

penetrates into the center of the particles. 

In our data evaluation we used a computer algorithm based on the following equations: 

film diffusion 

To = Kisx-Ar x (Gia. C,) (3) 

radial pore diffusion 

1e="Dse x Aye (Cee) i (4) 

sorption rate 

dC/dt = qmax X-K] x [C, x (1 — mm,) — Kd X rm] (5) 

J, represents the amount of solute transferred from one spherical shell to a neighboring 

shell. These imaginary shells are radial subdivisions of the column packing particles. C, 

represents the liquid concentration of the solute in the respective shell. C, represents the 

bulk liquid concentration, and A, is the area of the boundary film layer. Kf is the film mass 

transfer coefficient, and Ds is the stationary phase (pore) diffusivity. The thickness of the 

ith shell is denoted by r,, and the protein binding capacity per unit volume of the packing 

is denoted by qmax. K1 is the forward binding rate constant, whereas Kd is the solute- 

immobilized ligand complex dissociation constant..The fraction of occupied binding sites 

within the ith shell is denoted by rm,. 

The algorithm was written in C and used as a binary program together with a Hewlett 

Packard® Technical Basic user interface program on an Integral PC (M68000 processor). 

Estimated values of Kf, Ds, and K1 were entered until the computer model generated a 

satisfactory concentration vs. time plot as compared to our measurements. We used Kf values 

according to Arnold’s correlation, knowing that our experiments (which were carried out at 

considerably higher Reynolds numbers than Arnold’s) were less dependent on film diffusion 

resistance. Admittedly, our algorithm should be less efficient than the numerical methods 

used by Arve and Liapis.’ Our algorithm is, in principle, equivalent to the numerical solution 

presented by Nigam and Wang.* Unfortunately, we are not aware of any results from 

evaluations of experimental data using either of these numerical methods. Figures 2 through 

5 show computer-generated predictions of batch adsorption experiments. These adsorption 

rate predictions were compared to actual measurements such as those in Figure 6. 

Our model agreed well with experiments using S Sepharose® High Performance at low 

protein loadings (40% of the available protein loading capacity), as shown in Figure 7. We 

were unable, however, to obtain good agreement at higher protein loadings (80% of the 

total binding capacity). At 40% loading, we obtained from the best fit a BSA diffusivity 

value of 8.33 x 10~* cm’/s, which is 2.2 times lower than the value obtained by Arnold. 

On the other hand, our value is higher than the value (3.5 X 10~* cm?/s) reported by Gibbs 

and Lightfoot? for a 40,000-mol-wt enzyme with Mono Q™, a 10-~m anion exchanger. 

Blanch et al.'® previously reported a BSA diffusivity value of 5.2 x 1078 cm?/s, which is 

closer to our value. If these differences are not due to systematic errors in any of the 
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determinations, then these figures may indicate a more optimal pore structure in Sepharose® 

CL-4B as compared to the more extensively cross-linked 30-m agarose or Mono Q™. 

Unfortunately, these comparisons involve two different proteins and three different column 

packings. Still, we chose to compare our findings with those of Blanch and Gibbs in order 

to verify that we obtained results of the right order of magnitude. Comparing our deter- 

mination with Blanch’s and Arnold’s findings, we believe that, despite extensive cross- 

linking, the BSA diffusivity in S Sepharose® High Performance is as favorable as it is in 

Sepharose® CL-4B. 

V. COMPARISON OF BATCH AND COLUMN DATA 

Our model algorithm should (at low protein loadings) be able to describe protein transport 

rates in a column using an appropriate value for the film diffusion coefficient. Knowledge 

of the column Reynolds number in place of the corresponding Reynolds number for the 

stirred batch reactor adsorption experiments is sufficient to compensate for differences in 

the boundary layer thickness, provided that Arnold’s correlation is valid. Since we have not 

seen proof that this correlation is valid for proteins and because of the present limitations 

of our algorithm (loadings not higher than 40%), we have so far refrained from attempts to 

calculate chromatograms. We are eager to find an explanation for the slow approach toward 

equilibrium at higher loadings. In our opinion, independent methods are needed to determine 

whether this slow approach depends on secondary interaction phenomena or on altered 

diffusivities due to bound protein or high protein concentrations. The numerical methods 

used by Arve and Liapis’ also rely on the second-order reversible interaction equation used 

in our algorithm, whereas Nigam and Wang® used a simplified rate equation. We believe 

that their models, as well as ours, may be improved if secondary phenomena such as those 

described by Hearn et al.'' and Hethcote and DeLisi’? are incorporated. 

VI. CONCLUSIONS 

Batch adsorption experiments provide a method for the simultaneous estimation of pore 

diffusivity and sorption rate constants. As opposed to column experiments, there is no need 

to account for axial dispersion or extra column effects. Also, the influence of film diffusional 

resistance is likely to be higher in column experiments. Assumptions of elementary reversible 

interactions are not sufficient to describe experiments at high protein-loading levels. 

Recent developments in agarose cross-linking technology have made it possible to pro- 

duce beads that are much more rigid (results not shown). These improved beads still have 

the same good pore diffusion properties as Sepharose®. 
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I. INTRODUCTION 

Immobilized metal ion affinity chromatography (IMAC)! has been exploited for the 

purification of many proteins.*° Porath et al. were the first to apply IMAC to the isolation 

of human serum transferrin! and the purification of human milk lactoferrin® on iminodiacetate 

(IDA)-Zn?* and IDA-Cu?**, respectively. 

Studies with model proteins have revealed that a single histidine residue on the surface 

of a protein may suffice for its retention on IDA-Cu?* .*7* 
What does constitute a binding site for IDA-Zn?* and IDA-Co** on the surface of a 

protein? An inspection of model proteins analyzed to date** has revealed a common structural 

feature: two proximal histidines in an a-helix, separated by two or three other residues. This 

type of putative binding site has been identified in the following proteins: sperm whale 

myoglobin (His 113, His 116), human fibroblast interferon (His 93, His 97), and human 

lymphotoxin (His 17, His 21, His 24 and His 131, His 135). All of those proteins bind to 

IDA-Zn?* and IDA-Co?* .*8 

An appropriate folding of a polypeptide may also bring two histidines, distant in the 

primary structure, to close proximity on the surface of a protein. Plausibly, such a protein 

could display an affinity for IDA-Zn’?* (IDA-Co’**). If so, then one could distinguish 

‘*sequential’’ and ‘‘conformational’’ types of binding sites for IDA-Zn** (IDA-Co?*). 

Human serum transferrin, human lactoferrin, and chicken ovotransferrin afford excellent 

opportunities to probe for the existence of the ‘‘conformational’’ type of IDA-Zn** (IDA- 

Co**) binding sites. Both human serum transferrin and chicken ovotransferrin do not have 

clusters of two (or more) histidines in their primary structures,”'° and, therefore, the putative 

binding sites for IDA-Zn** (IDA-Co?*) of the ‘‘sequential’’ type are absent. Each transferrin, 

however, has two Fe (III) binding sites. Each Fe (III) binding site is postulated to have two 

histidines participating in the coordination with iron.''!° If so, then those histidines may be 

available for coordination with IDA-Zn** (IDA-Co’**) and represent an example of the 

sought-after ‘‘conformational’’ type of IDA-Zn?* (IDA-Co**) binding site. 

II. MATERIALS AND METHODS 

Human serum transferrin (Fe saturated, lot 134601), human serum transferrin (holo, lot 

138601), and human serum transferrin (apo, lot 134601) were purchased from Boehringer 

Mannheim Biochemicals, Indianapolis, IN. Human lactoferrin L-8010 (0.8 Fe/mol, lot 15F- 

0089), ovotransferrin (conalbumin) from chicken egg white, type II (iron complex, Fe, 

0.22%, lot 104F-8065), and ovotransferrin (conalbumin), type I (substantially iron-free, Fe, 

0.02%, lot 104F-8060) were purchased from Sigma, St. Louis, MO. Chelating Sepharose® 

6B was purchased from Pharmacia, Piscataway, NJ. 

A. PREPARATION OF IDA-Me?+ COLUMNS 

Chelating Sepharose® 6B was washed with water, degassed under vacuum, and equil- 

ibrated with 0.1 M sodium acetate (1 M sodium chloride), pH 4.0. The gel was poured into 

a chromatographic column with a bed volume of approximately 5 ml (0.9 x 8 cm) and 

charged with 50 ml of a solution containing 5 mg/ml of metal salt in 0.1 M sodium acetate 

(1 M sodium chloride), pH 4.0. Excess metal was washed out of the column with metal- 

free 0.1 M sodium acetate (1 M sodium chloride), pH 4.0. In the case of Co?*, the column 

charging and washing were performed at pH 6.0. Finally, all columns (Zn?*+, Co?+, Ni?*, 

and Cu**) were equilibrated with 0.02 M sodium phosphate (1 M sodium chloride), pH 7.0. 

When IDA-Me’* columns were developed with imidazole, all columns, after an initial 

equilibration with 0.02 M sodium phosphate (1 M sodium chloride), pH 7.0, were saturated 
with 50 ml of 10 mM imidazole in 0.02 M sodium phosphate (1 M NaCl), pH 7.0. The 
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columns were then emptied into 10 mM imidazole solution, repacked, and equil- 

ibrated with SO ml of 2 mM imidazole in 0.02 M sodium phosphate (1 M sodium chloride), 
pH 7.0. 

B. CHROMATOGRAPHY ON IDA-Me?* (FALLING pH PROTOCOL) 

A sample of protein, 10 mg in 5 ml of column equilibrating buffer (0.02 M sodium 

phosphate, 1 M sodium chloride, pH 7.0), was applied on an IDA-Me?* column, and the 

column was washed with 20 ml of column equilibrating buffer, pH 7.0 (arrow 1). Each 

column was then developed with 25 ml of 0.1 M sodium acetate (1 M sodium chloride), 

pH 6.0 (arrow 2). The pH gradient was then developed by mixing 25 ml of 0.1 M sodium 

acetate (1 M sodium chloride), pH 6.0, and 25 ml of 0.1 M sodium acetate (1 M sodium 

chloride), pH 4.0 (arrow 3). Finally, a column was developed with 0.1 M sodium acetate 

(1 M sodium chloride), pH 4.0 (arrow 4). This protocol applies to Figures 1, 2, 3, and 7. 

In one case, Figure 6, the falling pH gradient (arrow 2) was developed by mixing 25 

ml of 0.02 M sodium phosphate (1 M sodium chloride), pH 7.0, with 25 ml of 0.02 M 

sodium phosphate (1 M sodium chloride), pH 6.0. The final wash (arrow 3) was done with 

0.02 M sodium phosphate (1 M sodium chloride), pH 6.0. 

C. CHROMATOGRAPHY ON IDA-Me?* (AFFINITY ELUTION PROTOCOL) 
A sample of protein, 10 mg in 5 ml of column equilibrating buffer (2 mM imidazole in 

0.02 M sodium phosphate, 1 M sodium chloride, final pH of 7.0 after an adjustment with 

hydrochloric acid), was applied to an appropriately equilibrated IDA-Me** column; the 

column was then washed (arrow 1) with 20 ml of 2 mM imidazole (column equilibrating 

buffer). The columns were then developed with linear concentration gradients of imidazole 

at pH 7.0 (arrow 2) and with a finite eluant containing imidazole (arrow 3). Details of the 

gradients are illustrated in Figures 4, 5, 8, and 9. 

All IDA-Me?* columns were developed at room temperature. The flow rates were 

maintained at 1 ml/5 min by means of a peristaltic pump. Fractions of 1 ml were collected, 

and their protein content was measured by spectrophotometry at 280 nm. 

Ill. RESULTS 

All transferrins employed in this study were obtained from commercial sources and were 

used without further treatment. 

A. CHROMATOGRAPHY OF TRANSFERRINS ON IDA-Zn?* 

Human serum transferrin (apo), human lactoferrin (0.8 Fe per mole), and ovotransferrin 

type I (substantially iron free) were chromatographed on IDA-Zn’* columns. The results 

are illustrated in Figure 1. Both ovotransferrin and lactoferrin did not bind to IDA-Zn**. 

Human serum transferrin was retained on IDA-Zn** at pH 7 and was subsequently displaced 

from the column by lowering the pH of the eluant from pH 7 downward. A small portion 

of the protein was recovered at pH 6 and the major portion at a still lower pH value. Thus, 

human serum transferrin and ovotransferrin, both essentially iron free, displayed an affinity 

for IDA-Zn?* and the lack of it, respectively. 
The lack of retention of human lactoferrin on IDA-Zn?* may result from its partial 

loading with iron. Whether human lactoferrin in its apo form will bind to IDA-Zn’* still 

remains an open question at this time, although this is not likely to occur. 

B. CHROMATOGRAPHY OF TRANSFERRINS ON IDA-Co?* 
All three transferrins, i.e., human serum transferrin (apo), human lactoferrin (0.8 Fe 

per mole), and ovotransferrin type I (substantially iron free), were chromatographed on IDA- 

Co2+ columns. The results are illustrated in Figure 2. Chicken ovotransferrin and human 
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Nm oe) 

ABSORBANCE AT 280 nm 

O 

EFFLUENT (mL) 

FIGURE 1. Chromatography of human serum transferrin, human lactoferrin, 

and chicken ovotransferrin on IDA-Zn2*. Ovotransferrin, A; lactoferrin, (J; serum 

transferrin, O. 

ABSORBANCE AT 280nm 

40 60 80 
EFFLUENT (mL) 

FIGURE 2. Chromatography of human serum transferrin, human lactoferrin, 

and chicken ovotransferrin on IDA-Co?* . Ovotransferrin, A; lactoferrin, (]; serum 

transferrin, O. 

lactoferrin were not retained on IDA-Co**. Human lactoferrin may not bind to IDA-Co?+ 

for the same reason for which it did not bind on IDA-Zn’*, i.e., because of partial loading 

with iron. The outcome of this experiment must be reexamined with genuine apolactoferrin. 

Human serum transferrin was retained on IDA-Co** at pH 7; practically all of the protein 

was then recovered by lowering the pH of the eluant down to 6. Therefore, the elution of 

human serum transferrin from the IDA-Co** column occurred at a somewhat higher pH 
value than that from IDA-Zn’*, although the difference was not a large one. 
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FIGURE 3. Chromatography of human serum transferrin, human lactoferrin, and 

chicken ovotransferrin on IDA-Ni?* . Ovotransferrin, A; lactoferrin, (J; serum trans- 

ferrin, O. 

C. CHROMATOGRAPHY OF TRANSFERRINS ON IDA-Ni?* 

In view of the binding of human serum transferrin (apo) to both IDA-Zn** and IDA- 

Co**, one could anticipate its binding to IDA-Ni**, and with a stronger retention as well. 

The results illustrated in Figure 3 confirm both of those expectations. However, whether 

chicken ovotransferrin (apo) and human lactoferrin would bind to IDA-Ni?* or not remained 

to be established. In fact, as shown in Figure 3, both of those transferrins were retained on 

IDA-Ni?* at pH 7 and were then readily displaced (sharp elution profiles) by a stepwise 

lowering of the pH of the eluant from 7 to 6. 

Thus, all three transferrins displayed an affinity for IDA-Ni’?* at pH 7. The strongest 

retention on IDA-Ni**+ was observed for human serum transferrin; it was recovered from 

the column at the lowest pH value. 

D. CHROMATOGRAPHY OF TRANSFERRINS ON IDA-Cu?* 

All three transferrins were applied to IDA-Cu’** columns. All were retained, and none 

was displaced in a falling pH protocol employed for the elution, as described above (Figures 

1, 2, and 3). Those results are not illustrated. No attempt at their recovery was made by a 

prolonged elution of the columns at pH 4 or an even lower pH. 

In order to assess the affinity of individual transferrins for IDA-Cu’*, their elution was 

accomplished by the affinity elution protocol with imidazole. To this end, all transferrins 

bound to IDA-Cu?* columns at a low concentration of imidazole (2 mM) were displaced 

with a linear concentration gradient of imidazole. The results are illustrated in Figure 4. As 

could be anticipated, human serum transferrin (apo) was retained the strongest vis-a-vis 

chicken ovotransferrin (apo) and human lactoferrin (partially charged with iron). Again, the 

affinity of human lactoferrin for IDA-Cu** must be reexamined with a sample of apolac- 

toferrin. 

E. CHROMATOGRAPHY OF HUMAN SERUM TRANSFERRIN ON IDA-Me?* 

In order to better assess the relative affinity of human serum transferrin (apo) for various 

IDA-Me?* sorbents, a series of experiments were performed utilizing an affinity elution 

protocol on all IDA-Me?* columns. The results are given in Figure 5. 
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FIGURE 5. Chromatography of human serum transferrin (apo) on IDA-Me?*. Zn, O; 
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Human transferrin (apo) was not retained on an IDA-Zn** column equilibrated at 2 mM 

imidazole; however, it was retained on IDA-Co** , IDA-Ni’?* , and IDA-Cu?*. The retention 

on IDA-Cu?* was the strongest. 

The chromatographic behavior of human serum transferrin (apo) on IDA-Zn’** and IDA- 

Co’** columns equilibrated with imidazole (2mM) is at variance with the behavior of this 

transferrin on IDA-Zn** and IDA-Co** columns which had not been equilibrated with 

imidazole (Figures 1 and 2). Human serum transferrin (apo) binds more strongly to IDA- 

Zn** (no imidazole) than to IDA-Co** (no imidazole); the reverse is true in the presence 

of imidazole (Figure 5). The reason for this disparate behavior is not clear at present. Perhaps 
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FIGURE 6. Chromatography of human serum transferrin on IDA-Zn**. Fe 

saturated, A; holo, O; apo, LJ. 

the IDA-Co** column itself is being saturated with imidazole at a somewhat higher con- 

centration than is IDA-Zn**. 

It should be observed that human serum transferrin could be recovered from IDA-Ni?* 

at pH 5, but still remained bound to IDA-Cu** at pH 4, in a falling pH protocol. In the 

presence of imidazole, when an affinity elution protocol is employed (Figure 5), human 

serum transferrin is still retained more strongly on IDA-Cu?* than on IDA-Ni?*, but the 

effective concentration of imidazole displacing this transferrin is rather similar (overlapping 

elution profiles). 

F. CHROMATOGRAPHY OF HUMAN SERUM TRANSFERRIN — APO, HOLO, 
AND Fe SATURATED — ON IDA-Zn?* 

Figure 6 illustrates the chromatographic behavior of human serum transferrin on IDA- 

Zn** as a function of its saturation with iron. 

Apotransferrin was completely retained at pH 7 and was subsequently displaced from 

the column at pH 6. Holotransferrin, however, displayed significant heterogeneity: one 

portion was found in the breakthrough fractions, another portion was retained and subse- 

quently eluted at about pH 6.5, and a small portion was eluted in the area corresponding to 

apotransferrin. 

Human serum transferrin, Fe saturated, also displayed chromatographic heterogeneity, 

qualitatively comparable to that of holotransferrin. The major portion of the sample applied 

to the IDA-Zn?* column was found, however, in the breakthrough fractions. 

It seems plausible to interpret the chromatographic behavior of different forms of human 

serum transferrin as a function of iron residency (apoferric, monoferric, diferric). Presum- 

ably, diferric transferrin is not recognized by IDA-Zn**, whereas apotransferrin binds the 

most strongly to IDA-Zn?*. The chromatographic fate of two possible variants of monoferric 

transferrin, if present in the sample, is not clear; they may display different affinity for IDA- 

Zn**. It is clear, however, that at least one of them is retained (Figure 6, portion eluted at 

about pH 6.5). 
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FIGURE 8. Chromatography of chicken ovotransferrin on IDA-Ni?*. 
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G. CHROMATOGRAPHY OF OVOTRANSFERRIN, ‘“‘SSUBSTANTIALLY IRON 
FREE”’ AND “TRON COMPLEX’’, ON IDA-Ni?+t 

Figure 7 illustrates the chromatography of ‘‘substantically iron-free’’ and ‘‘iron-com- 

plex’’ preparations of chicken ovotransferrin on IDA-Ni?*. The column was developed by 

a falling pH protocol. ‘‘Iron-free’’ ovotransferrin was retained on IDA-Ni?* at pH 7 and 

was subsequently displaced from the column by lowering the pH of the eluant to 6. The 

chromatographic behavior of the ‘‘iron-complex’’ ovotransferrin indicated its heterogeneity: 

the major portion of the protein was not retained on IDA-Ni’?* at pH 7, while a small portion 

of the protein was retained and was subsequently displaced at pH 6. 

Figure 8 again illustrates the chromatography of ‘‘iron-complex’’ and ‘‘substantially 
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iron-free’’ preparations of chicken ovotransferrin on IDA-Ni**; the column was developed 

this time by the affinity elution protocol using imidazole. The ‘‘iron-complex’’ ovotransferrin 

was recovered almost quantitatively in the breakthrough fractions; this was in contrast to 

the chromatographic behavior in the falling pH elution protocol, where a portion of the 

protein was retained (Figure 7). The ‘‘iron-free’’ ovotransferrin displayed some heterogeneity 

in the imidazole elution protocol: a small portion of the protein was not retained on IDA- 

Ni?*, while a major portion of the protein was retained and was subsequently displaced 

from the column at 10 mM imidazole. 

The data of Figures 7 and 8 can be rationalized if one assumes that ‘‘iron-complex’’ 

ovotransferrin is a mixture of diferric and monoferric forms with a trace of apotransferrin 

present. A “‘substantially iron-free’’ ovotransferrin preparation could contain a trace of 

diferric transferrin and some monoferric, with the major component being apotransferrin. 

H. CHROMATOGRAPHY OF OVOTRANSFERRIN, ‘“‘SUBSTANTIALLY IRON 
FREE”? AND ‘“‘TRON COMPLEX’’, ON IDA-Cu?* 

Figure 9 illustrates the chromatography of ‘‘iron-free’’ and *‘iron-complex’’ preparations 

of chicken ovotransferrin on IDA-Cu?*. The columns were developed by affinity elution 

with imidazole. The ‘‘iron-free’’ ovotransferrin was retained on IDA-Cu** and was sub- 

sequently displaced from the column at 10mM imidazole. The ‘‘iron-complex’’ ovotransferrin 

displayed chromatographic heterogeneity: a major portion of the protein was found in the 

breakthrough fractions, while the remainder of the protein, retained on IDA-Cu**, was 

subsequently displaced at 8 mM imidazole. 

It is plausible that the portion of the protein binding to IDA-Cu** represents the mono- 

ferric component of the ‘‘iron-complex’’ ovotransferrin, whereas the portion found in the 

breakthrough fractions is the diferric component. However, all experiments depicted in 

Figures 6 through 9 must await a more detailed interpretation until an electrophoretic analysis 

of the chromatographic fractions has been performed. 
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IV. DISCUSSION 

Human serum transferrin, human milk lactoferrin, and chicken egg white ovotransferrin 

all contain many histidines in their structures,”:'°'° and many of those histidines are exposed 

to the solvent.!!3!6 Thus, the observation that all transferrins under study bind to IDA- 

Cu?* is an anticipated one, since a single accessible histidine is sufficient to retain a 

protein.*7* 
The salient points of this chapter are the following. First is the disparate chromatographic 

behavior of human serum transferrin and chicken ovotransferrin on IDA-Zn?* (Figure 1). 

This chromatographic outcome may indicate, prima facie, that the iron binding site contains 

two histidines in the case of human serum transferrin and only a single histidine in the case 

of chicken ovotransferrin. The behavior of human milk lactoferrin on IDA-Zn?* would be 

consistent with the demonstration that only one histidine residue per site is involved in the 

binding of iron.'”"'° 

Second, human serum transferrin, saturated with iron, is not retained on an IDA-Zn?* 

(Figure 6). This may indicate that the binding of this transferrin to IDA-Zn** occurs, indeed, 

via histidines involved in coordination to iron, when the iron is absent. Alternatively, two 

histidines proximal to each other, one normally involved in the liganding of iron and the 

other not,!® are available for coordination to IDA-Zn** when the iron is absent. The choice 

between these two alternatives will be possible when the three-dimensional structure of 

human serum transferrin has been determined. Whether or not both iron binding sites of 

human serum transferrin can be involved in the recognition of IDA-Zn?* must await further 

study, perhaps with proteolytically derived fragments.”°”" 

Third, IMAC may be useful in the resolution of human serum transferrin into its iron- 

content-varying components: apo, monoferric, and diferric. However, in order to stabilize 

the binding of iron to serum transferrin, chromatographic conditions should be further 

modified — phosphate buffer replaced, bicarbonate included, pH increased, etc. 

Finally, IMAC should provide the means for the advanced purification of various trans- 
ferrins. : 

This initial foray into IMAC of transferrins has proved to be of some value both for 

further development of IMAC itself and for the characterization of iron binding sites on 

transferrins. Clearly, additional and more analytical studies are very much in demand. 
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I. INTRODUCTION 

Now that the first products of biotechnology, including both those from recombinant 

DNA technologies and those relating to monoclonal antibodies, are assuming major impor- 

tance in the marketplace, the problems and economics of protein and peptide purification 

are gaining increased importance. The focus of the Bioseparations Program, a part of the 

Separations Research Program at The University of Texas at Austin, is the development of 

effective generic scaleup methods for taking protein products of biotechnology from the 

laboratory to pilot and industrial scales. Particular emphasis is being placed on the use of 

high-performance liquid chromatography (HPLC) in downstream processing. 

Scaleup of the purification of the enzyme uracil-DNA glycosylase, derived from the 

fermentation of Escherichia coli, has been chosen as a model system. There were several 

reasons for this choice. First, the enzyme could serve as a model for recombinant-DNA- 

produced proteins derived from fermentation. The enzyme has been cloned in E. coli, and 

several high-producing strains have been developed.' Second, the scaleup could serve as a 

model for the transition of processing from the laboratory to the pilot scale. A well-docu- 

mented laboratory-scale procedure for purification of uracil-DNA glycosylase has been 

published,’ but larger scale processing has not been reported. Third, successful development 

of scaleup procedures for the enzyme could potentially lead to a viable commercial product. 

Uracil-DNA glycosylase is an indispensable element in a new and very effective method 

for site-directed mutagenesis.* Full utilization of this method is hampered by ready avail- 

ability of the enzyme, and development of scaleup procedures would allow for the widespread 

adoption of this new route for site-specific modification of proteins. 

Uracil-DNA glycosylase had been characterized extensively prior to its use for site- 

directed mutagenesis. This enzyme plays a role in the normal process of DNA repair. DNA 

does not usually contain uracil. In part, this is because of uracil removal by uracil-DNA 

glycosylase. This enzyme catalyzes the cleavage of uracil-deoxyribose bonds, yielding free 

uracil and an unbroken DNA with an apyrimidinic site. The uracil-DNA glycosylase from 

E. coli is a single subunit, globular protein with a molecular weight of 25,000 Da. The 

enzyme is moderately stable, retaining activity in solution up to 45°C.*’ 

II. MATERIALS AND METHODS 

E. coli D110 was obtained from Dr. Ian Molineux, Department of Microbiology, The 

University of Texas at Austin. *H-Uracil DNA was synthesized and provided by Dr. Dale 

Mosbaugh and his colleagues of the Department of Chemistry, The University of Texas at 

Austin. Dithiothreitol, HEPES, bovine serum albumin (BSA), and Trizma® base were pur- 

chased from Sigma Chemical Company, St. Louis, MO. Ultrapure ammonium sulfate was 

obtained from Schwartz Mann, Spring Valley, NY. Hydroxyapatite and a Bio-Gel® HPHT 

column were from Bio-Rad Laboratories, Richmond, CA. Sephadex® G-75 and DNA- 

Agarose were purchased from Pharmacia, Piscataway, NJ. QMA-Accell and an I-125 gel 

filtration column were obtained from Waters Chromatography Associates, Milford, MA, 

and the CM-300 column was from Synchrom, Inc., Linden, IN. HPLC-grade water was 

obtained from a Continental Type I system (Continental Water Company, Austin, TX). All 

other chemicals were reagent grade. 

Uracil-DNA glycosylase was assayed according to the procedure of Lindahl et al.;? 20 

1 of BSA (1 mg/ml) were used as a carrier instead of calf thymus DNA. For the enzyme, 

9.2 nmol of calf thymus *H-uracil DNA (212 to 375 cpm/pmol uracil) were used as substrate. 
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TABLE 1 
Uracil-DNA Glycosylase Purification: Comparison of Original and Modified 

Procedures 

Specific 

Prot mae, activity 

Volume ___ Froteim) __Enzyme activity Recovery (E.U./ Fold 
Sample (ml) mg/ml Totalmg E.U./ml_ E.U. total (%) mg) purification 

Original (Conventional Chromatography) 

Crude sample 100 39.2 3920 0.95 95.0 100 0.024 0 
Streptomycin 190 10.6 2021 0.54 102.6 108 0.189 7.9 
Ammonium sulfate 19 28.5 541 2.8 5332 56 0.098 4.1 
(35—65%) 

Sephadex® G-75 BES 9.2 125 1.4 19.0 20 0.152 6.3 

Hydroxyapatite 4.4 4.6 20 2.9 9) 13.3 0.641 26.7 

DNA agarose 2.0 0.94 1.9 14.3 28.5 30 15.0 625.0 

Modified (HPLC Chromatography) 

Crude sample 27 47 1270 0.88 24 100 0.02 0 

Streptomycin 56 oF spe) 0.56 31 132 0.06 3:2 

30% PEG supernatant 140 1.42 199 0.03 4.3 18 0.02 ed 

5.75—30% PEG pel- 8.4 10.9 91 1.8 15 64 0.17 8.7 
let 

QMA-Accell HPLC 4.8 4.25 20.4 22 11 45 0.52 2133 

(fractions 70—85) 

Hydroxyapatite HPLC 5.0 Poa 13.4 ZAG 11 45 0.81 42.4 

(fractions 16—71) 

CM-300 HPLC (frac- 15 0.03 0.51 0.61 9.2 39 18 949 
tions 46—56) 

I-125 gel filtration 16 0.012 0.20 0.27 4.3 18 21.4 1126 
HPLC (fractions 

31—40) 

Ill. RESULTS 

A. LABORATORY-SCALE PURIFICATION 

An initial objective in this project was to carry out the purification of uracil-DNA 

glycosylase according to the published procedure of Lindahl et al.* Our aims in doing so 

were to provide an appreciation of the overall difficulties that might be encountered in 

scaleup and to provide benchmarks for the development of scaleup procedures. The types 

of purification steps involved are very typical of bench-scale methodologies; they include 

precipitation, salt fractionation, gel permeation, adsorption chromatography, and affinity 

chromatography. As adjunct methods to these separatory steps, a number of centrifugation 

and dialysis procedures are necessary. The laboratory-scale purification, according to the 

original procedure, proved reasonably straightforward and gave stepwise and overall yields 

and degrees of purification comparable to the published data. 

Analysis of the purification steps of the original procedure indicated several steps that 

would pose difficulties for scaleup. These included centrifugation and dialysis steps and, in 

particular, the use of DNA-agarose affinity chromatography. For large-scale applications, 

the DNA-agarose would be expensive and would have poor physical properties. 

Because of the variety of modes in which it can operate and because of the relative ease 

with which it can be scaled up,* HPLC was explored in detail as a substitute for the affinity 

chromatography procedure and for other steps. A series of trials led to the modified labo- 

ratory-scale purification shown in Table 1, where it is compared with the original procedure. 
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FIGURE 1. Analytical-scale HPLC separation of uracil-DNA glycosylase on QMA- 

Accell anion-exchange packing. The injected sample was 18.0 ml of dialyzed 5.7 to 

30% PEG fraction. Fractions were collected at 1.0-min intervals. Elution conditions 

were as follows: 

Time Flow 

(min) (ml/min) % A %B % C 

0 1e5 100 0) 0) 

20 I) 100 0 0) 

30 Nes! 0 100 0 

35 eS) 0 100 0 

55 IRS 0 ma) 100 © 
60 15) 0 0) 100 

65 eS 100 0 0 

70 iL) 100 0 0 

Eluants: (A) 0.05 M Tris-acetate buffer, pH 7.8, containing 0.001 M EDTA and 

0.001 M dithiothreitol; (B) 0.05 M Tris-acetate buffer, pH 7.8, containing 

0.001 M EDTA, 0.001 M dithiothreitol, and 1.0 M sodium acetate; (C) 

0.05 M Tris-acetate buffer, pH 7.8, containing 0.001 M EDTA, 0.001 M 

dithiothreitol, and 2.0 M sodium acetate. 

Substitution with the HPLC procedures speeds up the overall process while allowing for 

comparable yields of product and being readily amenable to scaleup. Examples of the efficacy 

of the four new HPLC steps are shown in Figures 1 to 4. Figure 1 shows the separation 

achieved in the first HPLC ion-exchange step using QMA-Accell as the packing material. 

A 60 cm X 7.8 mm column was loaded with 18.2 ml (84.5 mg) of dialyzed 5.75 to 30% 

polyethylene glycol (PEG) sample. A very simple elution system was developed, using an 

initial Tris-acetate buffer and effecting desorption of the enzyme by increasing concentrations 

of sodium acetate (see figure legend for details). One major enzyme peak was eluted. The 

enzyme-containing fractions were combined, concentrated, and pumped onto a hydroxy- 

apatite column (HPHT, 10 cm X 7.8 mm). The gradient conditions and chromatogram are 

shown in Figure 2. Peak enzyme fractions were combined and concentrated before being 

pumped onto a CM-300 column. Gradient conditions and the elution profile are shown in 

Figure 3. The major enzyme peak (fractions 46 to 56) was combined separately from the 
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FIGURE 2. Analytical-scale HPLC separation of uracil-DNA glycosylase on hy- 

droxyapatite packing. The sample was the combined and concentrated fractions 70 

to 85 from the QMA-Accell column. Fractions were collected at 2.0-min intervals. 

Elution conditions were as follows: 

Time Flow 

(min) (ml/min) % A % B 

0 0.6 100 0 

40 0.6 100 0 

70 1.0 0 00 

90 1.0 0 

100 1.0 100 0 

115 0.6 100 0 

Eluants: (A) 0.01 M potassium phosphate buffer, pH 7.4, containing 0.001 M 

dithiothreitol; (B) 0.2 M KCI in 0.01 M potassium phosphate buffer, pH 

7.4, containing 0.001 M dithiothreitol. 

minor peak (fractions 14 to 45). The major peak was concentrated and then injected onto a 

gel filtration column (Waters I-125, 60 cm X 7.8 mm). Results and eluting conditions are 

shown in Figure 4. 

One of the particular advantages of substituting the HPLC steps in the modified puri- 

fication procedure is that it avoids the necessity for several time-consuming dialysis steps. 

Recent studies have shown that samples from one HPLC step can be diluted with the initial 

eluant buffer from the next step and pumped directly onto the column. Only for the gel 

filtration step does the sample need to be concentrated. 

B. SCALEUP TRIALS 
Following development of the modified laboratory-scale purification of uracil-DNA 

glycosylase, scaleup parameters for each of the HPLC steps were examined. A Waters Delta 

Prep 3000 chromatography system proved very convenient for these scaleup studies. This 

instrument is specifically designed for such purposes and has flow-rate capabilities from | 

to 180 ml/min, with column sizes from 3.9 mm xX 15 cm in the analytical range to 57 mm 

x 30 cm and larger in the preparative mode. Sample capacity runs from microgram to 

multigram loads. A typical scaleup run for ion-exchange chromatography by HPLC is shown 
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FIGURE 3. Analytical-scale HPLC separation of uracil-DNA glycosylase on CM- 

300 cation-exchange packing. The applied sample was fractions 16 to 71 from the 

hydroxyapatite column. Fractions were collected at 1.0-min intervals. Elution con- 

ditions were as follows: 

Time Flow 

(min) — (ml/min) % A % B % C 

0 1.0 100 0 0 
30 1.0 100 0 0 
50 1.0 0 100 0 
55 1.0 0 100 0 
60 1.0 0 . © 100 
65 1.0 0 0 100 
70 1.0 100 0 0 
75 1.0 100 0 0 

Eluants: (A) 0.05 M Tris-acetate buffer, pH 6.8, containing 0.001 M EDTA and 

0.001 M dithiothreitol; (B) 0.05 M Tris-acetate buffer, pH 7.8, containing 

0.001 M EDTA, 0.001 M dithiothreitol, and 1.0 M sodium acetate; (C) 

0.05 M Tris-acetate buffer, pH 7.8, containing 0.001 M EDTA, 0.001 M 

dithiothreitol, and 2.0 M sodium acetate. 

in Figure 5. At the laboratory scale, a typical protein loading of 85 mg gave an overall 

enzyme yield of 70%, with a 22-fold purification. This can be compared with a pilot-scale 

run using 2.65 g of protein, where an 80% yield with a 30.6-fold purification was achieved. 

At the larger scale, separation of the enzyme was much cleaner than at the analytical level, 

with the bulk of the enzyme being eluted as a single peak. Scaleups with hydroxyapatite 

and cation-exchange packing materials have also been completed. Excellent enzyme reso- 

lution and very satisfactory yields of enzymatic activity were obtained. 

Among other HPLC packings tested for protein separations were a variety of reverse- 

phase C-18 materials from several manufacturers. These were examined because such C- 

18-type packings are typically quite stable and of relatively low cost, and noncomplicated 

eluant conditions can be used. Although resolution of protein peaks was often excellent, the 

use of this class of materials for uracil-DNA glycosylase purification was only marginally 

successful. Often enzymatic activity was either lost or spread throughout a relatively larger 
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FIGURE 4. Analytical-scale HPLC separation of uracil-DNA glycosylase by gel 

filtration using a Waters I-125 column. The injected sample was 0.75 ml of the 

combined and concentrated peak samples (fractions 46 to 56) from the CM-300 

column. Fractions were collected at 0.5-min intervals, using a 1.1-ml/min flow 

rate. Elution was isocratic, using a 0.05 M Tris-acetate buffer (pH 7.5) containing 

0.001 M EDTA and 0.001 M dithiothreitol. 

number of fractions of eluant. This was true over a wide range of eluant conditions and at 

both analytical and preparative scales. In some cases, mechanical strength of the particles 

was problematical when large-scale columns were used. 

IV. DISCUSSION 

Purification of uracil-DNA glycosylase according to the originally published procedure 

gave results which closely paralleled the reported values. Analysis of this procedure enabled 

us to identify several steps which could profitably be replaced, for scaleup, by HPLC 

techniques. Laboratory-scale enzyme purification incorporating these modifications gave an 

overall yield comparable to the original procedure, but with an improved specific activity 

of the final product. 

Scaleup of several of the steps involving HPLC has been carried out with excellent 

results, including gains both in yield and in degree of purification, while providing greatly 

increased throughput compared with more conventional chromatographic procedures. At the 

present time, we are approximately two thirds of the way through a pilot-level scaleup of 

the total purification procedure. Our only unsatisfactory experience has come in the attempted 

use of reverse-phase adsorption chromatography packings. In this case it was the physical 

failure of the packing materials themselves, rather than an inability to predict scaleup pa- 

rameters, that caused difficulties. 

Overall, our work with the purification of uracil-DNA glycosylase has provided us with 

strong evidence that, with appropriate packing materials, HPLC techniques offer a highly 

predictable and effective means of scaling up the production of protein products from 

biotechnology. 

ACKNOWLEDGMENTS 

This work was supported, in part, by funds from the Separations Research Program, 



362 Frontiers in Bioprocessing 

ABSORBANCE AT 280nm 
ENZYME UNITS X 10° 

FRACTION NUMBER 

FIGURE 5. _Preparative-scale HPLC separation of uracil-DNA glycosylase on QMA- 

Accell anion-exchange packing. The applied sample was 5.5 ml of 35 to 65% ammonium 

sulfate fraction, dialyzed against buffer A, containing 2.4 g of protein. Elution conditions 

were as follows: 

Time Flow 

(min) (ml/min) %A % B % C 

0 10 100 0 0 
20 10 50 50 0 
30 10 0 100 0 
35 10 0 100 0 
36 10 0 0 100 © 
40 10 0 0 100 
45 10 100 0 0 

Eluants: (A) 0.05 M Tris-acetate buffer, pH 7.8, containing 0.001 M EDTA and 

0.001 M dithiothreitol; (B) 0.05 M Tris-acetate buffer, pH 7.8, containing 

0.001 M EDTA, 0.001 M dithiothreitol, and 1.0 M sodium acetate; (C) 

0.05 M Tris-acetate buffer, pH 7.8, containing 0.001 M EDTA, 0.001 M 

dithiothreitol, and 2.0 M sodium acetate. 
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I. BACKGROUND 

The U.K. has maintained a high level of interest in biotechnology and its industrial 

applications for many years. For instance, British companies were among the first to employ 

large-scale continuous aseptic fermentation techniques for single-cell protein manufacture 

in the early 1970s, and the U.K. was also the source of one of the two basic discoveries 

(hybridoma technology) which underpin the whole of modern biotechnology. Despite this 

strong early position, however, the commercialization of recombinant DNA and hybridoma 

technologies proceeded more slowly than in the U.S. and was the subject of a study in 1980 

by the U.K. Advisory Committee on Applied Research and Development.* 

As a result of this review, the U.K. Department of Trade and Industry (DTI) assigned 

a high priority to creating a framework within which biotechnology could grow and flourish 

in the U.K. Actions taken included encouraging the private sector to fund new companies 

(e.g., Celltech and Agricultural Genetics) and helping to establish the necessary infrastructure 

for a successful biotechnology industry. 

In the latter context, reviews were conducted to identify any rate-limiting steps in the 

commercialization of biotechnology which might be addressed through cooperative research, 

and it was concluded that one of these was in the area of downstream processing (DSP). 

Costs of separation and purification could account for up to 70% of the production cost of 

biological products; thus, the economic success of many products could ultimately depend 

on reducing these costs. Early discussions with biotechnology companies suggested that 

there could be scope for significant improvements in the efficiency of primary cell/debris 

recovery, in the use of membranes, and in the large-scale application of adsorption and 

chromatography. As a result, one of the industrial research laboratories of the DTI (Warren 

Spring Laboratory) and the Harwell Laboratory of the U.K. Atomic Energy Authority 

cooperated to set up the Biotechnological Separations Project (BIOSEP) in 1983. The aim 

was to build on existing research expertise at the two laboratories to tackle generic research 

problems in DSP, which would benefit a wide range of companies.* 

II. HOW BIOSEP OPERATES 

BIOSEP is a multiclient cooperative research enterprise which is funded by a grant from 

the U.K. DTI and by annual subscriptions from the participating companies. At present, its 

50 member companies all have equal access to the results of a program of work costing 

about $2 million (1988, U.S.) per annum. While most of this is conducted at the Harwell 

and Warren Spring laboratories, the program also funds work at several universities and 

involves academic specialists in DSP in reviewing results of the BIOSEP program. The 

membership is representative of the different types of companies in the industry (equipment 

suppliers, chemical, pharmaceutical, and new biotechnology companies, contractors, etc.) 

and has become increasingly international, with members from five countries in Europe as 
well as from North America and Australia. 

The BIOSEP program is decided by members and has included a number of state-of- 

the-art reports (SARs), which comprise in-depth critical technical reviews of all data available 

on the selected subject, using both published and unpublished (e.g., industrial) sources. 

Such reviews are not only valuable products for members, but also allow the rate-limiting 

steps for that technology to be identified as priority areas for future research. A total of 14 

SARs have been completed or are in preparation, covering the major unit operations in 

separation and more specific subjects such as inorganic membranes, flocculants as an aid 

to separation, and membrane-cleaning technologies. Early reviews confirmed the research 
priorities of the membership as belonging to the three main areas of primary separations, 
membrane processes, and adsorption/chromatography. Active research programs are un- 
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derway in all three areas under the direction of technical panels attended by members every 

6 months. These research activities (described in Section III) produce data on which com- 

panies can base process or equipment improvements in-house, and they also provide the 

basis for design reports (DRs) which make recommendations on the best currently available 

methods for selecting, designing, and using separation equipment. The first two DRs cover 

cell recovery efficiency improvements for centrifugation and the computer-aided optimization 

of packed-bed adsorption columns. 

Ill. RESEARCH AND DEVELOPMENT ACTIVITIES 

SARs and DRs are confidential to members. However, while members have immediate 

access to all results of the research program, some results are also published in the open 

literature after a delay period (e.g., References 4 to 12). 

The main elements of the BIOSEP research program are summarized in Table 1, where 

the rationale and the objectives of each research project are listed. By way of illustration, 

further details of three of the projects (including hitherto unpublished results) are given in 

the remainder of this section. 

A. APPLICATION OF FLOCCULANTS TO CENTRIFUGAL SEPARATION 

1. Rationale . 

Separation of bacterial cells can involve considerable difficulties due to their small size 

(1 to 3 wm for cells, <1 jm for debris) and densities close to that of broth. Disk stack 

centrifugation is a common separation method, but relatively low flow rates are obtained 

where good cell recoveries are required. Stoke’s law applied to centrifugation® shows that 

improvements in the efficiency of separation can be achieved by 

e Increasing cell density 

e Reducing broth viscosity 

e Increasing particle diameter 

Flucculants are widely used in the water industry to increase the particle size of bacterial 

flocs in order to aid settlement, but have not been widely used in the biotechnology industry. 

This research project has evaluated the effectiveness of flocculants in increasing the particle 

size in fermenter broths and quantifying the beneficial effect on centrifuge performance. 

2. Methods 
A model fermentation was used, based on the production of a-amylase by Bacillus 

amyloliquefaciens. Samples of fermentation broth were mixed with flocculant solutions and 

aggregation behavior examined by settlement tests, sedimentation tests, and particle size 

analysis. The effect of increased particle size on the efficiency of centrifugal separation was 

determined by passing the fermenter broth through a disk stack centrifuge (Alfa-Laval® 

LAPX) at a variety of flow rates. The selected flocculant was added immediately before 

entry to the centrifuge, and recovery rates were compared with and without addition of 

flocculant. 

3. Results 
A number of flocculants have been evaluated for their effectiveness in achieving cell 

aggregation. Results of particle-size analysis for one typical flocculant (polyacrylamide 

cationic of 15,000 mol wt) are shown in Figure 1. The effects of this flocculant on the 

efficiency of centrifugal recovery at two flocculant concentrations are shown in Figure 2. 
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4. Significance 
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TABLE 1 

A Summary of BIOSEP Research Projects 

Problem 

Efficiency of centrifugal 

recovery of small cells/ 

debris is poor 

Physical models of parti- 

cle-particle interactions 

not applicable to bio- 

logical particles 

Selective separation or 

detection of cells diffi- 

cult 

Protein adsorption causes 

extensive fouling 

Transmission of soluble 

proteins through MF 

membranes is poor in 

the presence of cells/ 

debris 

Antifoams foul mem- 

branes in downstream 

processing 

There is a lack of com- 

parative physical data 

on adsorbents 

Mathematical models for 

affinity adsorption are 

complex or inaccurate 

Purification processes are 

multistep 

Laboratory approach 

Quantify potential of 

flocculation to increase 

particle size 

Synthesize model “‘cell’’ 

of latex bead and cell 

surface molecules and 

study 

Develop lab-scale dielec- 

trophoretic separator 

cell 

Measure adsorption iso- 

therms of proteins on 

membranes, and study 

clean and fouled mem- 

brane structure via 

scanning electron mi- 

croscopy 

Identify key factors af- 

fecting transmission 

Investigate the surface 

chemistry of the mem- 

brane-antifoam interac- 

tion and the effects of 

antifoam solution be- 

havior. 

Assemble a standard test 

rig for measuring pres- 

sure drop and mass 

transfer properties 

Develop lab-scale mea- 

surements allowing full- 

scale predictions via 

model 

Study potential of adsor- 

bents to recover product 

directly from fermenter 

broth 

Objective 

Design recommendation 

for selection and op- 

timi- 

zation of flocculant use 

Insight into mechanisms 

of bacterial aggregation 

at molecular level 

Evaluate potential of di- 

electrophoresis 

Insight into process of 

fouling to assist in 

membrane design and 

cleaning 

Design recommendations 

on membrane selection 

and configuration 

Selection guide for mem- 

brane and antifoam 

compatability 

Performance characteris- 

tics of commercial 

products quantified 

User-friendly mathemati- 

cal model (for IBM®- 

compatible PC) based 

on minimum input data 

Selection and design rec- 

ommendations on prod- 

uct adsorption 

These initial results demonstrate that flocculants are effective in significantly increasing 

the particle size of bacterial suspensions in broth and that this can lead to enhanced efficiency 

of centrifugal separation. Simple laboratory-based selection and optimization procedures are 

now under development to identify the most effective flocculant, determine its optimum 

concentration, and define the best conditions of mixing and conditioning to provide a floc 

which does not break up in the centrifuge. Laboratory predictions are also being correlated 

with performance at the pilot scale to generate design recommendations on selection, op- 

timization, and full-scale use of flocculants in centrifugal cell recovery. 
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FIGURE 1. Increase in particle size distribution of B. amyloliquefaciens cells due to polyacrylamide 
flocculation. 

B. MEMBRANE PROCESSES 
1. Rationale 

The highest priority in BIOSEP membrane research is the problem of flux decline and 

its avoidance.*'° The reversible buildup of solutes at the membrane surface (concentration 

polarization) and the irreversible adsorption of solutes such as proteins to the membrane 

material (fouling) cause a decrease in throughput. The latter is a major limitation to the use 

of both ultrafiltration (UF) and microfiltration (MF) membranes in biotechnological appli- 

cations and has therefore been studied in the BIOSEP research program. One component of 

this program has quantified adsorption isotherms for proteins on different membrane ma- 
terials. 

2. Methods 
The adsorption of bovine serum albumin (BSA) to a range of membranes was studied 

at Harwell using radioactively labeled BSA. Membrane disks were exposed to a given 

concentration of BSA solution for different lengths of time, washed in phosphate buffer to 

remove unbound protein, and the adsorbed protein determined by its level of radioactivity. 

By comparing the amounts adsorbed by different membranes under the same conditions, 

the relative affinity of different materials for BSA could be determined. 

3. Results 
Typical results comparing the adsorption of BSA to membranes of differing composition 

are shown in Table 2, illustrating the major differences in affinity that occur with different 

membrane materials. 

4. Significance 

The results typified by the above emphasize the importance of the interaction between 

protein and membrane in determining fouling potential. Other components of the membrane 

research program have quantified the various contributions to membrane fouling and have 

investigated the mechanism of fouling. One approach to the latter employs protein staining 

and scanning electron microscope techniques to locate protein on and in fouled UF mem- 
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TABLE 2 

BSA Adsorption to Various Membrane Materials 

Nominal Sample 

molecular standard 

Membrane weight Adsorption deviation 

type Membrane material cutoff (mg/m?) (mg/m?) 

3038 Acrylic 20 kDa 63.6 Tes 

XMS50 Substituted polyolefin 50 kDa 498 39 

FS61 Fluoro polymer 20 kDa 1020 110 

Anotec Alumina 0.025 pm? 74.7 1S 

GR61 Polysulfone 20 kDa 18.8 4.9 

SM14549 Cellulose acetate 20 kDa 60.3 4.7 

Note: 1h contact with 0.5% BSA solution in 0.05 M phosphate buffer (pH 7) at 25°C. 

Se orersize: 

branes. Gold immunostaining has shown that BSA can enter the body of some membranes 

with nominal molecular weight cutoff sizes of only 10,000 Da. 

The interaction between protein and membrane is only one of several interactions which 

may contribute to fouling. Another important source of fouling may arise from the use of 

antifoams and other components of fermenter broth, and work is going on to elucidate the 

surface chemistry of the interaction between these substances and the membrane. 

C. MODELING TO AID SCALEUP OF LIQUID CHROMATOGRAPHY 

1. Rationale 

Adsorption and chromatographic techniques for recovery and purification are generally 

developed at small bench scale, requiring scaleup calculations to be conducted in order to 

achieve optimal performance at production scale. A requirement therefore exists for computer 

methods for the design, performance prediction, and optimization of adsorption equipment. 

This project develops the necessary models, together with the required small-scale experi- 

ments, to provide the adsorption isotherm and kinetic data for the model. 

2. Methods 

a. Modeling 

The system is modeled as a reversible mass transfer reaction in which the free adsorbate 

becomes bound to the adsorbent. The forward rate of the reaction is proportional to the 

amount of free adsorbate multiplied by the amount of adsorbent free to bind with the 

adsorbate. The reverse rate is proportional to the amount of adsorbate bound to the adsorbent, 

eos 

K,(Q,,— 9) 

Ciena eQ 
K, 

where C is the free adsorbate, Q is the bound adsorbate, Q., is the maximum capacity of 

the adsorbent, and K, and K, are constants. Further details of the development of the model 

have been published.'? The differential equations involved in the solution of the problem 

are solved using a proprietary language developed by Harwell (FACSIMILE) and allow the 

adsorption, washing, and elution phases to be solved speedily on a PC. 

b. Experimental 

Two laboratory experiments are required to give the required constants: measurement 
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FIGURE 3. Adsorption isotherm (dimensionless). 
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FIGURE 4. Kinetics of aspartic acid adsorption in a stirred cell; Co = initial solution concentration, q,, = capacity 

at equilibrium. Adsorbent uptake: o——»; solution concentration: x x 

of the adsorption isotherm and determining the kinetics of adsorption. The adsorption 

isotherm may be generated by contacting known concentrations of the adsorbate with known 

weights of adsorbent at a constant temperature until equilibrium is obtained. The kinetics 

can be measured most readily by monitoring the uptake of adsorbate in a stirred cell, giving 

a plot of uptake vs. time. These two experiments provide the necessary data to run the 

model. 

3. Results 

A typical validation run is shown in Figures 3 to 5. Figure 3 is the adsorption isotherm 
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FIGURE 5. Experimental data and simulation for loading, washing, and elution 

of aspartic acid onto Duolite® A162. 

for the sytem of aspartic acid onto Duolite® A162. Figure 4 shows the kinetics of aspartic 

acid adsorption in a stirred cell. These curves are used to derive values for constants K, and 

K, and for Q,, which can then be used in the model to predict the behavior of the aspartic 

acid in a column of Duolite® A162. Figure 5 shows the results of a typical validation run 

for the adsorption, washing, and elution stages, and it demonstrates the closeness of the 

theoretical fit with the experimental data. 

4. Significance 

The validation of the above model allows the prediction of the performance of packed- 

bed adsorption columns from constants derived from simple small-scale experiments. This 

enables cost-effective optimization and scaleup of adsorption chromatography equipment. 

Recent expansions of the basic model described above enable more complex systems to be 

modeled, including the consideration of liquid film mass transfer rates, pore diffusion lim- 

itations, and competitive adsorption in multicomponent mixtures. 

IV. CONCLUSIONS 

BIOSEP has established itself over the last 4 years as an effective means of organizing 

precompetitive research in DSP. The research and technology transfer activities under BIO- 

SEP have succeeded in generating a consensus on research priorities between the various 

participants in the biotechnology industry, including suppliers, equipment users, contractors, 

and consultants. 

Members set the priorities at the outset of each research project, provide guidance and 

midterm corrections during the project, and can also assist in final validation of design 

recommendations at industrial scale. The BIOSEP structure thus encourages a continuing 

dialogue between researchers and industrial customers which ensures that research remains 

relevant to real industrial needs. 
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Part 6. Emerging Technologies in Bioprocessing 

The work of some laboratories can be recognized as conspicuously progressive, incon- 

spicuously promising, or dedicated to long-term, highly rewarding goals. A few projects in 

these categories have been singled out for emphasis in the following section, which is devoted 

to “‘emerging technologies’’. In the chapters that follow, Runstadler and Young present the 

Verax Process, which recognizes the real needs of mammalian cells and adapts reactor 

engineering technology to these needs; Matson and Lopez discuss means of approaching 

continuous production and processing using enzymes and membranes in an extractive re- 

actor; and Ulmer describes the engineering of specific protein structures using chemical 

and genetic manipulations, which requires good three-dimensional structure information, 

which in turn requires good crystals. 
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I. INTRODUCTION 

The biotechnology industry is rapidly approaching the introduction to the commercial 

market of high-valued, recombinant-engineered, therapeutic medical proteins. After years 

of research and development efforts, products now under development hold the promise of 

making a significant impact upon such scourges of mankind as heart disease and cancer. 

Most of these products are based upon naturally occurring biomolecules that are produced 

by genetically engineered cells using recombinant DNA techniques. Early in the development 

of the industry, bacteria (especially Escherichia coli) and yeast were the organisms of choice 

for biosynthesis. However, for the large-sized, complex protein molecules that are the focus 

of interest, bacteria and yeast are not capable of the complex posttranslational folding and 

glycosylation of the protein product necessary to produce effective biological activity. The 

mammalian cell has therefore emerged as the vehicle of choice for the manufacture of these 

products.' The new process technology that has evolved to produce these products requires 

a large-scale mammalian cell culturing sytem, followed by downstream processing for pu- 

rification to final product form. 

This chapter describes an immobilized, continuous culturing process developed by Verax 

Corporation (Lebanon, NH) for the low-cost, large-scale, reliable production of efficacious 

high-value biochemicals. The process is based on the immobilization of cells in a particulate 

matrix which is maintained as an optimum culture environment in a fluidized-bed bioreactor. 

The fundamental elements of the process are described. Data are presented to display the 

operation of the bioreactor systems at large production scale. The advantages of the fluidized- 

bed bioreactor process for continuous mammalian cell culture are described. Typical ex- 

amples based on culturing data are provided to demonstrate the economics of these culturing 

systems for the future production of valuable health products. 

Il. THE CONTINUOUS, IMMOBILIZED-CELL, FLUIDIZED-BED 
BIOREACTOR SYSTEM 

The technical objectives for an effective mammalian cell culturing process encompass 

the following: 

Predictable scalability 

Continuous immobilized-cell process 

Ease of process optimization 

Maximum cost-effective product yield 

A. PREDICTABLE SCALABILITY 

The need to bring commercial products to market on a timely schedule with confidence 

demands process scalability. The very nature of the development process usually implies 

operation of the culturing system at small scale with an evolution to ever larger scales as 

development and market demands dictate. Reliability and cost effectiveness are important 

parameters in scalability considerations. Reliability encompasses the ability of a given process 

to function well at larger scales as well as the ability to predict properly sized equipment 
as production demands increase. Cost considerations can become predominant when the 
process becomes immensely costly, both in capital and operating costs, in order to sub- 
stantially increase volume output. The ability to reliably scale up the culturing process is 
one of the most important factors in bringing a product to market. 

B. CONTINUOUS IMMOBILIZED-CELL PROCESS 

A continuous immobilized-cell process permits the attainment of steady-state operating 
conditions. In contrast to a batch or semicontinuous batch process, the continuous process 



379 

permits the realization of sophisticated optimization. One parameter at a time can be varied 
to truly understand the way to achieve optimal process operation. 

C. PROCESS OPTIMIZATION 

The continuous immobilized-cell process offers the advantage of decoupling the feed 

rate of the medium from the cell-specific growth rate. The limitation of washout, such as 

occurs in a chemostat suspension cell system, is no longer an issue, and a truly optimum 

culture environment can be produced by specifying the levels of medium substrate, the 

concentration of inhibitory (waste) products, and overall physical and chemical culture 

conditions. Cell metabolic energy, normally directed toward cell growth and division, can 

instead be directed toward increased cell-specific productivity (grams of product produced 

per viable cell per hour). 

D. MAXIMUM COST-EFFECTIVE YIELD 

The continuous immobilized process and the optimization of the bioreactor system, 

properly implemented, imply maximum cost-effective yield, i.e., maximum grams of product 

produced per liter of medium consumed. The continuous process has the distinct advantage 

that the cell colony need not reproduce periodically, as it must in a batch process. The 

savings of repeated downtime is valuable in the overall cost analysis of producing a product, 

but even more so are the advantages of a steady and reliable product quality output. If the 

culturing system and downstream processing are developed from a systems approach, sig- 

nificant savings in product cost and increases in product yield can be realized; as much as 

80% of the cost of goods in manufacturing lies in downstream processing costs. The use of 

high medium-dilution rates, realized by the decoupling of medium feed rate from cell- 

specific growth rate by immobilizing the cells, also allows flexibility in specifying the time 

that the secreted product spends in the culture milieu.” For some products this can have a 

significant impact on downstream processing costs and, hence, on overall economics of the 

entire processing system. 

On the basis of these arguments we developed a process based upon continuous, im- 

mobilized, long-term culture of mammalian cells for the mass production of biochemicals. 

Il. THE FLUIDIZED-BED BIOREACTOR 

The technical objectives discussed above were achieved in our hands by immobilizing 

mammalian cells in a three-dimensional collagen matrix of spherical particles, each about 

500 jm in diameter.* These collagen microspheres are fluidized in a bioreactor, thus forming 

the continuously operating, immobilized-cell, fluidized-bed bioreactor system. Figure 1 is 

a schematic illustration of the basic bioreactor system. 

On the left is the fluidized-bed bioreactor. The basic element in the bioreactor is the 

500- to 600-jzm-diameter collagen microsphere (which is weighted with small, heavy par- 

ticles to increase the specific gravity) in which cells are immobilized. This fundamental 

element, the microsphere, serves several basic purposes. It is the immobilization matrix in 

which the cells populate to extremely high densities, thus enabling the reactor system to be 

run as an immobilized perfusion-flow system. Second, the millions of microspheres distribute 

uniformly throughout the bioreactor volume, thereby ensuring uniformity of cell density and 

culture environment. Third, the characteristics of a properly fluidized bed provide the high 

rates of mass transfer required to deliver oxygen to the dense populations of cells in the 

microspheres. Fluidized-bed technology is well understood, and the use of a purely solid- 

liquid fluidized-bed configuration ensures good flow stability performance and confidence 

in scalability. It is well known that fluidized beds scale at constant bed depth.* Therefore, 

proper design of even the smallest reactors permits orders of magnitude scaling of reactor 

performance with excellent confidence. 
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FIGURE 1. Schematic of basic bioreactor system. (From Runstadler, P. W. and Cernek, S. R., in 

Animal Cell Biotechnology, Vol. 3, Spier, R. E. and Griffiths, J. B., Eds., Academic Press, London, 

1988, chap. 13. With permission.) 

The remainder of the piping and components shown in Figure | illustrate the recycle 

flow portions of the system and the flow paths for the addition of nutrients and the extraction 

of harvest from the continuously operating system. The pump in the recycle loop provides 

the continuous circulation of culture liquor to support the fluidized bed. Because of the 

characteristics of a fluidized bed, the culture liquor separates from the cell culturing mi- 

crospheres at a clear separation horizon and continues out of the top of the reactor. In order 

to ensure good mass transfer of oxygen and nutrients, vertical superficial velocities in the 

reactor are on the order of 100 cm/min.° 

Leaving the reactor, the recycled culture liquor passes pH-, dissolved oxygen-, and 

temperature-measuring instruments before entering a membrane ‘gas exchanger (shown on 

the right in Figure 1). The gas exchanger is of the shell and tube type. The culture liquor 

flows internally in the silicone tubes of the gas exchanger, while oxygen is passed through 

the shell side. Silicone membranes are permeable to oxygen and carbon dioxide. The culture 

liquor, depleted of oxygen after passing through the reactor, now has the partial pressure 

of oxygen increased by permeation of oxygen from the shell side of the exchanger through 

the silicone membrane to the culture liquor. In the reverse direction, carbon dioxide permeates 

to the shell of the gas exchanger and is removed. Culture liquor thus ‘‘recharged’’ to a high 

partial pressure of oxygen leaves the gas exchanger and passes through a heater and a 

dissolved oxygen probe before reentering the pump for return to the reactor. 

Conditions are such that the recycle flow circulates culture liquor rapidly through the 

bioreactor. Recycle flow rates are sufficient to exchange a bioreactor volume every several 

minutes (recycle dilution rate = recycle flow rate/bioreactor volume = 30 h~'). 

At the same time, nutrients are added to the bioreactor by injecting medium from a 

reservoir into the recycle loop. Because the bioreactor and recycle loop contain only liquids, 

an equal volume of harvest is always extracted from the bioreactor for every input of medium. 

Dissolved oxygen levels, pH, temperature, and requirements for base addition and 

nutrients (medium flow rate) are all controlled by a computer. Sensors and the various 

components shown in the schematic are coupled to and are under monitor and feedback 

control of the computer. 

In addition to the requirements of high mass transfer rates for oxygen and nutrients and 

the requirement of control of the bioreactor environment to achieve a homogeneous, uniform 

distribution of cells throughout the bioreactor, good, reliable aseptic design is an imperative 
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TABLE 1 

Verax Microsphere Design 

Specifications 

Diameter 500 pm 

Pore size, 20—40 pm 

Wet specific gravity, 1.6—1.7 

Biocompatible 

Postinoculate 

for a mammalian culture system that is expected to run continuously for many months. This 

requires careful attention to engineering details so that not a single renegade organism is 

permitted to enter the aseptic envelope over the time of a reactor campaign. 

Other features of the hardware design that demand careful engineering attention are the 

selection and design of components such as the feed and recycle pumps, valves, reactor, 

and the gas exchanger. Depending on cell type, 1 to 5% of the total cells in the bioreactor 

will be in the recycled culture liquor. It is important to maintain minimum levels of fluid 

dynamic shear throughout the entire system in order to prevent degradation of products 

produced by the cells or damage and death to the cells themselves. 

IV. MICROSPHERE TECHNOLOGY 

The heart of the system that enables the extremely high-density, immobilized-cell, 

fluidized bed is the weighted microsphere. Table 1 displays typical microsphere specifica- 

tions. The microspheres are spherical, sponge-like balls of native collagen, each approxi- 

mately 500 wm in diameter. The sponge-like character is provided through pores and 

interconnecting channels on the order of 20 to 40 pm in size. This pore size allows cells 

to easily enter and populate the entire internal volume of each microsphere. Both anchorage- 

dependent and anchorage-independent cells easily do this, with the result that the micro- 

spheres rapidly become populated to cell densities in excess of 10* viable cells per milliliter 

of microsphere volume. 

Another essential feature of the microsphere is its high specific gravity, required to 

achieve the high mass transfer rates in the rapidly upward-flowing culture liquor that passes 

through the bioreactor. Wet specific gravities of 1.6 to 1.7 are required to maintain a fluidized 

bed state of the microspheres in the 100 cm/s upward flow through the bioreactor. Otherwise, 

the microspheres would be washed right out of the reactor. The collagen matrix is highly 

biocompatible. Collagen is the major constituent of the extracellular structural matrix in 

higher animals, and it is immunologically benign. Native collagen is a natural substrate for 

cell adhesion in anchorage-dependent cells. 
The open structure of the microspheres also allows the easy postinoculation of each 

microsphere. Therefore, the microspheres are made prior to cell inoculation and are stored 

in a ready-to-use state. 

Figure 2 is a schematic of the slurry of microspheres in the fluidized bed. Culture liquor 

circulates through and between the microspheres, while nutrients diffuse from the surface 

of the microsphere into the cells. Products and by-products are diffused outward and into 

the culture liquor. 
Processing techniques for manufacturing the microspheres permit consistent control of 

the morphology, porosity, pore size, and fluidization characteristics. Figure 3 is a scanning 

electron micrograph of a portion of the collagen microsphere without cells. The best mor- 

phology is ‘‘leafy like’’, in which the cells can find optimum surface area for mechanical 

or physical attachment to the collagen. Although difficult to measure, estimates of the matrix 

surface area available for cells in the microspheres (estimated by calculation using the known 
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FIGURE 2. Schematic of fluidized bed with microspheres. 

FIGURE 3. Scanning electron micrograph of microsphere morphology. (From Runstadler, P. W., 

Jr. and Cernek, S. R., in Animal Cell Biotechnology, Vol. 3, Spier, R. E. and Griffiths, J. B., Eds., 

Academic Press, London, 1988, chap. 13. With permission.) 

amount of collagen in the microspheres and knowledge of the conformation and average 

thickness of the sheets of collagen) yield values approaching 30 m/l of packed microspheres. 

Figure 4 is a microphotograph of individual microspheres. The open pores and sponge-like 

character of the microspheres are readily apparent. The shiny particles seen in these un- 

populated microspheres are small amounts of benign weighting materials that are added to 

the microspheres to obtain high specific gravities. 

Figure 5 is a scanning electron micrograph of densely packed hybridoma cells populating 

the internal structure of a microsphere. Figure 6 is a scanning electron micrograph showing 

anchorage-preferred cells covering both the weighting materials and the collagen matrix. 

V. PERFORMANCE 

A variety of cell types, both anchorage-dependent and suspension-type cells, have been 
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FIGURE 4. Microphotograph of individual microspheres. (From Runstadler, P. W., Jr. and Cernek, 

S.R., in Animal Cell Biotechnology, Vol. 3, Spier, R. E. and Griffiths, J. B., Eds., Academic Press, 

London, 1988, chap. 13. With permission.) 

FIGURE 5. Hybridoma cells growing in collagen microspheres. 

cultured to cell densities >10* viable cells per milliliter of matrix in 100-ml to 1-1 systems. 

Table 2 shows these different cell types. Among the anchorage-dependent genetically en- 

gineered cells that have been cultured are Chinese hamster ovary (CHO) cells (making five 

different genetically engineered products), human tumor cells, African green monkey kidney 

cells, human embryonic kidney cells, and mouse mammary tumor cells. Nonengineered 
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FIGURE 6. Attachment-preferred cells growing in microspheres. 

TABLE 2 

Cell Types 

Anchorage Dependent Cultured with Microspheres 

Engineered 

rDNA-CHO, human tumor, AGMK, human em- 

bryonic kidney, mouse mammary tumor 

Nonengineered 

Rat kidney, transformed rat kidney, COS 7, hu- 

man hepatoma 

Hybridoma Cell Types Cultured in Microspheres 

30 hybridomas 

Mouse/mouse 

Mouse/rat 

Mouse/human 

Human/human 

IgM, IgG, IgG2a, IgG2b, IgG3 

cells have included rat kidney cells, transformed rat kidney cells, and human hepatoma cells. 

Over 30 different hybridomas have also been cultured successfully, including mouse/mouse, 

mouse/rat, mouse/human, and human/human, making a wide range of immunoglobulin 

products. Figure 7 illustrates monoclonal antibody production using the fluidized-bed pro- 

cess, and it shows typical start-up conditions leading to steady-state antibody production. 

For this hybridoma making an IgG product, steady-state conditions were reached in ap- 

proximately 22 d, yielding harvest concentrations of approximately 90 wg/ml and total 

product production on the order of 400 mg/d from an 800-ml reactor (0.5 g/l of reactor per 
day). 

Figure 8 displays the performance of a 5-1 fluidized-bed bioreactor using a recombinantly 

engineered CHO cell producing a lymphokine. Steady-state performance with a cell-specific 

productivity equal to cell performance in a batch reactor was reached after approximately 

15 d. However, continued operation of the system at a steady-state medium feed rate of 25 

1/d induced a further increase in cell-specific productivity on the order of 1.5 times equivalent 

semicontinuous batch performance at the end of 30 d. 

A recombinant CHO cell line making tissue plasminogen activator (tPA) was cultured 

for more than 60 d in a small 150-ml fluidized-bed bioreactor, and the same cell line was 
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FIGURE 7. Monoclonal antibody production with Verax process. 
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FIGURE 8. Verax process — cDNA CHO cell producing lymphokine. 

cultured for 30 d in a larger 24-1 system. In both cases, cell densities greater than 10* viable 

cells per milliliter of matrix at viabilities of approximately 80% were obtained at steady- 

state conditions at the end of each run. Figure 9 shows the concentration of tPA in the 

harvest and the medium feed rate during the run in the large 24-1 fluidized-bed system. 

Figure 10 shows the daily tPA output in grams during this run. During the steady-state 

portion of the run (day 24 on), greater than 20 g of tPA were produced per day by the 

system. 

VI. COST-EFFECTIVE PERFORMANCE 

Thus, the fluidized-bed bioreactor using the collagen microsphere matrix has been shown 

to be useful for many, if not all, cell types, both anchorage dependent and anchorage 



386 Frontiers in Bioprocessing 

SYSTEM 2000/ tPA 

100 

90 

80 
70 

60 
50 

tPA Concentration 
a 

Medium Feed Rate 
Cee ee D 

2) 7.4.7. 6-8 10 12.14: 16::18' 20:22 24.26 
Days 
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FIGURE 10. Daily tPA output in grams during run with 24-1] System 2000 bioreactor. 

independent. Operation under continuous culture conditions provides optimization of the 

culture environment through the understanding of the kinetics of growth and product for- 

mation. The process yields a product with excellent consistency, purity, and biological 

activity. These factors have important implications for downstream purification, leading to 

reduced costs, if a total systems approach is used to optimize overall performance. 

The entire fluidized-bed bioreactor process is inherently scalable.*° Properly operated 

systems are easily scaled over many orders of magnitude in reactor volume size. The smallest 

reactors run to date are 150-ml fluidized beds, while the largest reactors encompass a bed 
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FIGURE 11. Verax® System 2000 bioreactor in operation. 

of 24 1. The compatibility of cells to the native collagen and the morphology and structure 

of the microspheres ensure maximum cell densities. All of these factors lead to an extremely 

cost-effective bioreactor system. An additional feature is the stability of cultures in the 

fluidized-bed system. In addition to the stabilization of the cells as an inherent result of 

immobilization, these reactor systems become essentially immune to genetic mutations by 

isolating such mutations to one or, at the very most, a few microspheres within the millions 

of microspheres that comprise the reactor bed. 

VII. LARGE-SCALE PRODUCTION SYSTEMS 

Large-scale systems for commercial production are available using this technology. The 

largest of these systems is a 24-1 fluidized-bed reactor that is computer controlled and is 

cleaned and sterilized in place. The entire system is approximately 3.5 X 2 X 1.2 m high. 

Figures 11 and 12 are photographs of this system in operation. Normal recycle flow rates 

are on the order of 12 l/min, and medium and harvest rates vary from 200 to 900 I/d (actual 

values being dependent upon the particular cell-line requirements and optimum culturing 

conditions). Thus, the relatively small 24-1 fluidized-bed system is equivalent in product 

output to 1000-1 and more conventional stirred-tank fermentation systems. 
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Side view of Verax® System 2000 bioreactor 

FIGURE 12. 
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TABLE 3 

Estimate of Market Economics with 

Verax Process 

An Estimate of Profitability — A Blood Protein 

Market size 55,800 g/year 

Selling price $14,000/g 
Market potential $781 million 

Market share $148 million revenue 

Cost of goods $10 million 

Gross margin $138 million (94%) 

Note: All monetary values are 1987 U.S. dollars. 

VIII. PROCESS ECONOMICS 

The bottom line in the selection of a process for commercial production is the economics 

of the process, although factors related to timing and reliability of market entry, etc., as 

discussed above, must also be considered. A valid economic analysis should consider a 

thorough treatment of market factors as well as the evaluation of the process economics. 

An example of this type of analysis is presented for a recombinant blood protein, tPA, 

produced using the fluidized-bed process. 

Table 3 shows an estimate of profitability for a typical therapeutic blood protein product, 

based upon an analysis of 

e Total market size of 55,800 g/year, estimated from dose level per treatment and number 

of patients per year 

Selling price of $14,000/g* 

Market potiential of $781 million per year 

Market share (gross revenues) of $148 million per year (= 19% of total market) 

Cost of goods of $10 million per year 

Gross margin** of $138 million per year or 94% 

The cost of goods estimate is obtained from an analysis of the production process and 

includes details of 

Cell culture specifics 

Medium costs 

Costs for labor and overhead 

Materials and supplies 

Bioreactor costs (including matrix, license, royalty, and maintenance costs) 

Separation and purification costs and yields 

Table 4 displays the essential information on the cell culture specifics used for this cost 

analysis. Costs for a defined medium (serum free) were estimated at $1.00/1. Almost 80% 

of the production costs for this particular product were estimated to be associated with 

separation and purification, assuming a 30% yield of purified to raw product from the culture 

harvest. The final calculated cost of raw product in the culture harvest is less than $100/g, 

* All monetary figures are 1987 U.S. dollars. 

** Gross margin = gross revenues — cost of goods; % gross margin = gross margin/gross revenues X 100. 
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TABLE 4 

Cell Culture Specifics Using Verax Process 

Cell Culture Specifics — A Blood Protein 

Productivity 1.8 g/10° viable cells/h 

Density 1 X 108 viable cells/ml of matrix 

Viability 80% 

Generation time 19 h (growth), 30 h (production) 

Medium feed rate 0.02 ml/10° cells/h 

Yield 94 mg/l 

Medium cost* $1/1 

@ In 1987 U.S. dollars. 

and seven System 2000-type production systems could meet the annual required production 

of 64 kg of raw product harvest. 

These data are typical of the performance obtained from the fluidized-bed bioreactor 

process and are the type of data needed to make appropriate decisions on manufacturing 

strategies based on accurate process economics. 

IX. CONCLUSION 

The immobilized, continuous, fluidized-bed bioreactor culturing process provides the 

following benefits for large-scale production of mammalian cell bioproducts: 

1. It is suitable for both anchorage-dependent and anchorage-independent cells. 

It is easily scaled from research development systems to the large systems required 

for commercial production. 

3. The process provides maximum cell densities for cost-effective volumetric output. 

4. | Combined with a systems approach to process design, the process provides for reduced 

downstream purification costs and increased purification yields. 

5. It provides long-term culture stability. 

6. Product consistency, purity, and biological activity are also provided. 

Because of the ability to precisely control the bioreactor environment, the kinetics of 

growth and product formation enable the user to achieve optimum cost-effective performance. 
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I. INTRODUCTION 

Fulfillment of the commercial potential of biotechnology requires solutions to several 

demanding bioprocessing problems that pose unique challenges to chemical engineers. One 

response to this has been the development and emergence of novel bioreactors employing 

immobilized or entrapped enzymes and cells. Within this field of biochemical engineering, 

process integration — more specifically, the advantageous coupling of bioconversion and 

product recovery operations — is a prevalent theme; another is exploration of bioreactor 

configurations that operate efficiently in multiphase reaction systems. Significantly, at the 

same time that biotechnology scaleup is making these aggressive demands on process tech- 

nology, some of the products of that industry (e.g., protein-engineered enzymes and mono- 

clonal antibodies) are promising to serve as new process tools for the transformation and 

purification of high-value species of chemical and biological origin. 

Such classical membrane separation processes as microfiltration, ultrafiltration, and 

reverse osmosis successfully address a number of important downstream product-recovery 

problems.' Moreover, membrane scientists have recently become fascinated with the idea 

of ‘‘activating’’ membranes by incorporating catalytically reactive or adsorbent species within 

them. Typically, the purpose in doing this is to render the membrane capable either of 

performing a separation more selectively or of performing a chemical conversion simulta- 

neously with a separation. 

In this chapter we discuss a class of membrane reactors wherein a membrane-contained 

biocatalyst converts a water-insoluble reactant to product in a multiphase reaction system. 

The particular reactor described here is representative of a family of related enzyme membrane 

reactors that have in common the fact that some nontrivial attribute of the membrane support 

is exploited to endow the membrane reactor with capabilities that are without counterpart 

in more conventional immobilized-enzyme reactors.** Finally, we examine the application 

of these multiphase membrane bioreactors to the important problem of isolating individual 

stereoisomers at high optical purity from racemic mixtures. 

II. BIOCONVERSIONS OF SPARINGLY SOLUBLE SUBSTRATES 

Many chiral resolution opportunities involve organic compounds that are only slightly 

soluble in water. Clearly, one problem with enzyme-based resolution methods is finding an 

enzyme that exhibits adequate activity and the desired stereoselectivity toward what is usually 

an unnatural substrate. Many enzymes have been identified, however, that have utility in 

the production or resolution of a number of chiral carboxylic acids, esters, and alcohols. 

The problem that remains is to perfect bioreactor and bioprocess designs that make such 

enzyme-based resolution schemes economical at the commercial scale. 

The problem with existing dispersed-phase reactor systems can be appreciated by close 

examination of the mass transfer and reaction steps. Consider the generalized case in which 

it is desired to produce a resolved carboxylic acid. A preferred enzymatic approach is to 

use a hydrolytic enzyme, such as a lipase or carboxyl esterase, to stereoselectively convert 

a simple ester derivative to its corresponding acid and alcohol: 

R’CO,R” + H,O > R'CO,H + ROH 

The acyl moiety, R’, in many of the chiral pharmaceuticals and pesticides of commercial 

interest is composed of substituted benzyl, naphthyl, and/or aryloxy functionalities that make 
the ester poorly soluble in water. The resulting acids, however, are frequently water soluble, 
since most often the optimum pH at which the enzymatic reaction is conducted is above the 
pK, value of the acidic product. 
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FIGURE 2. Schematic of multiphase enzyme-membrane reactor operation. 

Such reactions are conventionally carried out in a multiphase stirred tank reactor or in 

a catalytic packed-bed configuration. In either case, reactor productivity can be poor. The 

nature of the productivity limitation is shown schematically in Figure 1. The organic substrate 

is typically dispersed in a continuous aqueous phase, either as the “‘neat’’ organic liquid or 

dissolved in an appropriate water-immiscible solvent. The enzyme catalyst is immobilized 

on, or contained within, a porous support of some type. In order for the reaction to proceed, 

the substrate must first partition into the aqueous phase and be transported to the supported 

catalyst. However, its low water solubility limits the diffusive flux of substrate to the catalyst; 

consequently, reactor productivity suffers. Additional problems associated with dispersed- 

phase reaction systems relate to difficulties in phase separation and product recovery. 

II. MULTIPHASE MEMBRANE BIOREACTORS 

Figure 2 shows a cross-sectional view of the enzyme membrane in a multiphase mem- 

brane reactor designed to address many of these limitations of dispersed-phase reactors. A 

hydrophilic, microporous membrane — suitably activated by incorporation of an enzyme 

within its pores — is disposed at the interface between aqueous and organic process streams. 

In operation, the reactant partitions from the organic-phase feed stream into the water-wet 

enzymatic membrane, where it is subsequently converted to the water-soluble product. The 

product then diffuses out into the aqueous process stream. 
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FIGURE 3. Hollow-fiber multiphase membrane reactor. 

TABLE 1 

Batchwise Hydrolysis of Ethyl Butyrate in a Multiphase 

Membrane Reactor 

Module Solvent-resistant PAN module (1.0 m7?) 

Enzyme Pig liver esterase 

Enzyme loading 150 mg 

Intrinsic enzyme activity 200 wmol EtOBu hydrolyzed/min-mg 

Organic phase Ethyl butyrate (100%) 

Aqueous phase Phosphate buffer, 0.2 M, pH 8.0 

Reactor productivity 9000 ppmol/min; 416 kg/year-m? 

Enzyme effectiveness factor 30% 

The membrane in a multiphase membrane reactor thus serves-three functions. First, it 

provides high-surface-area contact between the two immiscible process streams on either 

side of it. Second, the membrane serves at the same time to separate the bulk phases, thus 

avoiding the need to disperse one phase within the other. Finally, the enzyme-activated 

membrane also functions as an interfacial catalyst, putting the supported enzyme in direct 

contact with the organic phase containing the reactant. In this manner, it is possible to 

minimize the diffusive limitations associated with the intervening bulk aqueous phase that 

is characteristic of dispersed-phase bioreactors. Hollow-fiber membrane modules are par- 

ticularly attractive as multiphase membrane reactors (see Figure 3). 

Table 1 shows experimental results for the enzymatic hydrolysis of ethyl butyrate (EtOBu), 

a model substrate, fed as the neat organic liquid to a multiphase membrane bioreactor. 

Noteworthy is the enzyme effectiveness factor of 30%, which is calculated as the ratio of 

the observed activity of 9,000 units to the intrinsic enzyme activity of the 30,000 units 

initially loaded onto the membrane. The productivity of the reactor in this case exceeds 400 

kg/year-m? of active membrane area. Such productivities make multiphase membrane bio- 

reactors quite feasible from an economic viewpoint when applied, for example, to the optical 
resolution of high-value compounds. 

Significantly, the enzyme was not covalently attached to the polyacrylonitrile copolymer 

membrane in this experiment; rather, it was reversibly entrapped within the membrane in a 

manner that facilitates replacement of deactivated biocatalyst. Figure 4 shows a cross section 

of the type of asymmetric, hydrophilic hollow-fiber membrane used. The two features most 

critical to its enzyme entrapment capabilities are the fine microporous fiber walls and the 

existence of a ‘‘skin’’ layer at one of the membrane surfaces. This asymmetric membrane 

‘“‘immobilizes’’ the enzyme by entrapping it between two barriers: (1) the enzyme-imperme- 
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FIGURE 4. Reversible enzyme containment in an asymmetric, hydrophilic hollow fiber. 

able skin layer and (2) the aqueous/organic interface maintained at the opposite membrane 

surface. The large size of the enzyme (125 kDa) relative to the molecular weight cutoff 

(MWCO.5.,) of 30 kDa of the surface pores prevents enzyme from diffusing across the skin 

layer of the membrane, while the poor solubility of the enzyme in organic solvents prevents 

it from partitioning across the aqueous/organic phase boundary. 

Membrane modules containing hollow fibers of the type shown are first loaded with 

enzyme by charging an aqueous solution of the biocatalyst to the shell side of the module 

and ultrafiltering the solvent (i.e., water) through the fiber wall. In the process, enzyme 

accumulates within the porous fiber wall. Excess enzyme solution is then displaced from 

the fiber bundle by flushing with air and/or a water-immiscible organic solvent. Deactivated 

enzyme can be removed and replaced as required by means of a simple back-flushing and 

reloading procedure. 

IV. OPTICAL RESOLUTION OF pD,L-BTEE 

The application of a multiphase membrane reactor to the enzymatic resolution of racemic 

amino acids has been demonstrated by feeding it a racemic mixture of N-benzoyl tyrosine 

ethyl ester (D,L-BTEE). Moreover, this substrate is only sparingly water soluble (the satu- 

ration concentration of racemic BTEE is approximately 0.2 mM) so that this substrate is 

also representative of several commercially important chiral compounds that exhibit low 

water solubilities. 

The 1.0-m? multiphase membrane reactor employed for BTEE resolution consisted of 

polyacrylonitrile-based hollow-fiber membranes activated by incorporation of 4 g of chy- 

motrypsin. This enzyme exhibits essentially perfect stereoselectivity for the hydrolysis of 

L-BTEE to the corresponding acid, N-benzoyl-L-tyrosine (L-BT). In this particular case, the 

enzyme was first adsorbed to the micropore walls; subsequently, the adsorbed protein layer 

was stabilized by covalently cross-linking it with a 2.5% solution of glutaraldehyde. The 

poorly water-soluble, racemic ester was then fed to the membrane reactor as a 30 mM 

solution in 1.11 of octanol; the opposite surface of the membrane (see Figure 5) was contacted 

with 0.2 1 of aqueous phosphate buffer (pH 7.8) to maintain reaction pH and provide a 

reservoir for the water-soluble reaction product. Both the organic and aqueous phases were 

then recycled to the multiphase membrane reactor, with the batchwise reaction essentially 

proceeding to completion overnight. 

Table 2 summarizes concentrations and quantities of each of the species present in the 

reaction system before and after the run; both organic- and aqueous-phase concentrations 
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FIGURE 5. Enzymatic resolution of D,L-BTEE in a multiphase membrane bioreactor. 

TABLE 2 

Enzymatic Resolution of D,L-BTEE in a Multiphase Membrane 

Reactor 

Initial Final 

Species Stream Conc. (mM) mmol Conc. (mM) mmol 

D-BTEE Organic 14.9 16.8 14.9 16.79 

L-BTEE Organic 14.9 16.8 0.0 0.0 

L-BT Organic 0.0 0.0 0.12 0.14 

D-BTEE Aqueous 0.0 0.0 0.07 0.01 

L-BTEE Aqueous 0.0 0.0 0.0 0.0 

L-BT Aqueous 0.0 0.0 80.0 16.7 

Note: Membrane: 4 g chymotrypsin on 1-m* PAN hollow-fiber module; organic phase: 

1.13 1 1-octanol; aqueous phase: 0.21 | phosphate buffer, pH 7.8; organic-phase 

enantiomeric excess: 98%; aqueous-phase enantiomeric excess: 99.8%. 

are tabulated. Nearly all of the relatively water-soluble reaction product, the L-BT acid, was 

found in the aqueous process stream, where it was enriched approximately fivefold over the 

initial concentration of L-ester in the feed stream. In contrast, the inert D-BTEE ester was 

recovered in high yield from the organic stream. A final accounting of the concentrations 

of the various enantiomers yielded enantiomeric excess values of 0.98 (i.e., [D — L]/[D + 

L]) and 0.998 (i.e., [L — D]/[L + D]) in the organic and aqueous phases, respectively. 

This example serves to illustrate the ability of single-layer, hollow-fiber-based multiphase 

membrane reactors to separate and enrich reaction products in systems involving the organic- 

phase feed of water-insoluble reactants. Moreover, it highlights an important area for com- 
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mercial application of the technology, namely, the enzymatic resolution of sparingly water- 
soluble chiral pharmaceuticals and agricultural chemicals. 

V. DIFFUSIONAL EFFECTS ON STEREOSELECTIVITY 

The enantioselectivity exhibited by chymotrypsin toward the two isomers of BTEE is, 

for all practical purposes, absolute. However, in many other cases, enzymes that show 

stereospecificity do so only to a certain extent. The practical use of these enzymes in the 

large-scale resolution of enantiomers will depend on the degree of specificity that the enzyme 

exhibits toward a racemic mixture of the isomers. Chen and co-workers have introduced a 

concept which establishes a simple relationship between conversion, optical purity, and 

stereospecificity.° The derivation of their relationship for the case of simple, homogeneous 

enzyme kinetics is reproduced below. 

Consider the following reactions, where A, and A, refer to the R- and S-enantiomers 

of a chiral compound: 

k 
Re eS NS SS 7 Be (1) 

k,5 

AG EZ ve D7 AF e——> 7 Be (2) 

Assuming that the net reaction is irreversible and not inhibited by product, one has the 

following reaction rate expressions for the two isomers: 

Ve = —(k,/K,)g[EZI[Agl (3) 

Vs = —(k,/K,,)s[Ez][As] (4) 

= ~(k)K,,),[Ez][AsV/E (5) 

where 

(k,/K,,.)r 
2 6 OK Ka)s se 

and the conversion, c, is given by 

Acs 
has ad aes My 

The enantiomeric excess (ee), a measure of optical purity, is given by the following expres- 

sions for unconverted reactant and product, respectively: 

[ sl [ Rl pelAcleTorlians 8 ee(A) [Ac] [Ag (8) 

and 

pl BglanclBsI 
[Bk] + [Bs] 
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For a racemic mixture, [Ag]° = [Ag]°, and the equations describing enantiomer concentra- 

tions as a function of time are 

d[Ag] —=- (10) 
dt = 

and 

d[As] = a. 685) 
dt : 

By taking the ratio of Equations 10 and 11, the time variable can be eliminated: 

d[A] pera iR (12) 

d[As] Vs 

Finally, integration of Equation 12 yields the following relationships between conversion, 

enantiomeric excess, and the enzyme stereospecificity parameter E: 

In{(1_— c){1 — ee(A)]}} _ (13) 
in{(1 — c)[{1 + ee(A)]} 

and 

In{1 —-c[1 + ee(B)]} a (14) 

inf lr cl te ec(B)I} 

The higher the value of E, the more optically pure the product will be at a specified 

conversion. 

The above relationships between conversion, enzyme stereospecificity, and optical purity 

are presented graphically in Figures 6 and 7 for a few values of E. Figure 6 pertains to the 

situation where it is the optical purity of unconverted reactant that is of interest, whereas 

Figure 7 summarizes the situation wherein it is the optical purity of the reaction product 

that is important. 

The above derivation is valid only for the case of homogeneous enzyme kinetics; it is 

implicitly assumed that diffusional limitations between the reactant and the immobilized 

enzyme are insignificant. In most large-scale, practical applications of enzymatic resolution, 

however, the enzyme will be immobilized on a solid support in order to permit its reuse, 

and the attendant diffusional resistance will give rise to concentration gradients in the reacting 

species within the solid-phase biocatalyst. This is particularly true where high enzyme 

loadings are used to maximize reactor productivity, for example, in order to minimize the 

required membrane area in a multiphase membrane reactor. 

Such diffusional resistance can lead to a reduction in the effective stereospecificity 

exhibited by an immobilized enzyme. Assume that for a particular enzyme the stereospec- 

ificity value E, as measured in a homogeneous system, is greater than 1 and that the enzyme 

has been immobilized within a porous spherical particle without affecting its intrinsic ste- 

reospecificity. Imagine further that the particle is now immersed in a solution of racemic 

reactant A. Barring any external mass transfer resistances, the rate of diffusion of each 

isomer into the particle will be proportional to its rate of reaction inside the particle. Since 

a value of E greater than | means that one of the isomers is consumed faster than the other, 
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it follows that the concentration profile for the more reactive isomer will be steeper than 

the profile for the less reactive one; i.e., depletion of the more reactive isomer within the 

porous support will be more severe than for the less reactive isomer. By integrating these 

concentrations over the volume of the particle and dividing by the total particle volume, the 

average concentration of each isomer that the enzyme actually ‘‘sees’’ within the solid-phase 

support can be determined. Obviously, the average concentration of the less reactive isomer 

within the support will be higher than the average concentration of the more reactive one, 

despite the fact that the concentrations of the two substrates outside the support may be 

identical. The net result is that the intrinsic stereochemical preference of the enzyme will 

be offset to some degree by the relative availabilities of the two isomers to the immobilized 

enzyme. Accordingly, the effective or observed stereospecificity of the enzyme in such a 

system will be less than its intrinsic E value. 

A more formal analysis of this diffusional effect on stereospecificity can be carried out 

with a simple reaction/diffusion model. Solution of the membrane reaction/diffusion equa- 

tions requires two independent boundary conditions, e.g., some combination of two con- 

centrations or fluxes at either side of the membrane. In order to simplify the analysis for 

presentation here, a spherical catalyst is substituted for the membrane as the enzyme support. 

Considerable mathematical simplification comes as a result of the fact that the spherical 

particle equations require only one independent boundary condition, since the geometry of 

the system specifies that the flux be zero at the center of the particle. Despite the mathematical 

simplification, this spherical particle model retains the essential features of the membrane 

case and makes qualitatively correct predictions of the effect of membrane diffusional re- 

sistance on stereospecificity. 

The pertinent reaction/diffusion equations for a spherical catalyst particle are given by 

the following equations for the two isomer substrates: 

q*[Ag]* | 2 | d{Agl* 
eric ot = a + vVp/Dege = 0 (15) 

and 

we + : wat + vs/Dere = 0 (16) 

subject to the boundary conditions 

a jee wee ll 
r ; dr 

lon 3 lI &— [An|* = [Ag], _[As]* = [Ag] 

It is further assumed that the reaction rate is first order in substrate concentration, i.e., 

Mare = — (V,,/K elArl (17) 

Vs = —(V,/Ki)el[AsVE (18) 

Vi. = k,[Ez°] (19) 

Solution of these differential equations results in the following equations for the reactant 
fluxes into the supported enzyme particle: 
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Np (Der/5)[Ag]bU/tanhh — 1/d) (20) 

Ng = (De/3)[As](O/E™)[1/tanh($/E"?) — 1/(/E"7)] (21) 

where the parameter ¢ is the Thiele modulus, defined as 

co) = 3[(V./Ke/Dece a (22) 

and 

gird Bode 

AVEK.,)s (2) 

The Thiele modulus is a measure of whether the process is reaction rate controlled (low ) 

or diffusion controlled (high o). 

The relationship between enantiomeric excess, conversion, intrinsic stereospecificity, 

and Thiele modulus can be derived by noting that the time dependence of the extraparticle 

concentrations of the two isomers is proportional to their fluxes into the particle: 

d{A 
Soe a —~N, (24) 

d[A aA _ y, 
As before, the time variable can be eliminated by taking the ratio of the two equations, 

d[A N [ARKeSN: ee 
d[As] Ns 

and integrating the resulting expression. The final result for reactant A is given by the 

following expression: 

Inf Ou ee) BI? I/tanhd — 1/d (27) 

In{((1 — c)(1 + ee)] I/tanh(/E!2) — 1/(b/E") 

By direct comparison of Equations 13 and 27 it can be seen that the “‘effective’’ E value 

for the system is given by 

EB. = BE” I/tanhd — 1/b (28) 

ie I/tanh(/E"2) — 1/(b/E"?) 

It can be demonstrated that in the limit as ¢ — 0 (i.e., reaction rate control), the effective 

E value (E,,,) approaches the intrinsic value of E. However, in the limit as 6 > © (i.e., 

large diffusional resistance), the effective E value is equal to the square root of the intrinsic 

stereospecificity. Figure 8 shows the dependence of E,,, on the Thiele modulus for several 

values of E. The dependence of final enantiomeric purity as a function of Thiele modulus 

and conversion is illustrated in Figure 9. 
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As shown in Equations 19 and 22, the Thiele modulus increases with increasing im- 

mobilized enzyme concentration. It follows from this that the higher the enzyme concen- 

tration, the lower the effective enzyme stereospecificity and, thus, the higher the conversion 

required to achieve a desired enantiomeric purity of the unconverted reactant. By the same 

token, when the optical purity of the reaction product is of interest, a similar analysis shows 

a significant penalty associated with high enzyme loadings and appreciable diffusional re- 
sistance in the support. 

Reduced stereospecificity in enzymatic resolutions is a penalty that must be paid for 

enzyme immobilization regardless of the geometry of the support, i.e., whether the enzyme 

is confined to a membrane or bound to a particulate support. Although the effect can never 

be eliminated, at least not with high-productivity bioreactors, an understanding of the effect 

of diffusional resistance on stereospecificity will facilitate the design of enzyme membrane 

reactors that are appropriately optimized for both minimum membrane area (i.e., high 

productivity) and production of a high-optical-purity product. 

NOMENCLATURE 

C Reactant conversion 

| De Effective diffusivity of reactant 

ee(A) Enantiomeric excess for reactant A 

ee(B) | Enantiomeric excess for product B 

E Enzyme stereospecificity (selectivity) 

[Ez°] Total enzyme concentration in catalyst particle 

[i] Concentration of species i 

EN fa Concentration of species i inside catalyst particle 

Kor Enzyme turnover number for isomer R 

Kos Enzyme turnover number for isomer S 

Kee Michaelis-Menten constant for isomer R 

Kec Michaelis-Menten constant for isomer S 

Ne Flux of reactant R into catalyst particle 

Ng Flux of reactant S into catalyst particle 

Vo Reaction rate for isomer R 

Vs Reaction rate for isomer S 

ra) Catalyst particle radius 

ob Thiele modulus (Equation 22) 
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I. INTRODUCTION: AFFINITY PURIFICATION 

In a recent survey of modern protein purification techniques, Bonnerjea et al.' have noted 

that affinity separation is the second most commonly applied technique after ion exchange. 

Affinity methods are unique, however, in offering both the highest average purification 

factor (100-fold) and the highest maximum purification factor (3000-fold) of all the tech- 

niques surveyed. Indeed, these authors have found that affinity purification is at least an 

order of magnitude better in this respect than any other method. In addition, they have 

further noted that affinity techniques are also extremely versatile in that they can be utilized 

at essentially any stage of a purification scheme. 

Affinity purification is not without its limitations, however. As noted in the survey 

described above, affinity ligands are relatively expensive. Affinity columns are also prone 

to fouling. In combination this often dictates that affinity methods not be utilized until the 

later stages of purification. However, maximum advantage of the tremendous purification 

factor afforded by affinity methods is obtained when they are employed as early in the 

purification scheme as possible. Furthermore, those affinity ligands which potentially offer 

the tightest binding and, therefore, the highest purification factor introduce a further com- 

plication for elution of the product from the column. Often extremes of pH and/or ionic 

strength are required which may denature or otherwise damage the protein product. 

Thus, the ideal affinity column would have the following properties: 

Low cost 

General method for obtaining an affinity ligand to any protein of interest 

Resistance to fouling and to inactivation by crude lysates or culture broths 

High specificity and tight binding 

Ability to elute with high efficiency under nondenaturing conditions 

Long column recycle lifetime 

Stable ligand-matrix bond (i.e., no leaching of ligand from column) a ee 

II. IMMUNOAFFINITY PURIF ICATION 

As noted in the purification method survey, about 20% of the affinity procedures used 

triazine dyes as affinity ligands. Such low-molecular-weight compounds are most commonly 

employed, but it is also possible to use monoclonal or polyclonal antibodies immobilized 

on suitable supporting matrices as affinity ligands.” Immunoaffinity columns are extremely 

attractive for protein purification. The availability of monoclonal antibody techniques now 

makes it generally possible to obtain high-specificity antibodies to essentially any protein 

or peptide of interest, thus satisfying criterion number 2 above. Usually it is possible to 

obtain a family of monoclonals with a range of binding constants for the protein antigen, 

thus providing some of the flexibility required to meet criteria 4 and 5. 

Unfortunately, however, most immunoaffinity columns do not meet criteria 1, 3, and 

6, but instead suffer from high cost, ligand leaching, sensitivity to fouling and inactivation, 

and short column lifetimes. As a consequence, immunoaffinity chromatography is generally 

restricted to laboratory use and is presently appropriate only for very high-unit-cost (i.e., 

therapeutic) proteins. At least one Food and Drug Administration (FDA)-approved biologic 

is manufactured using a murine monoclonal immunoaffinity step: Hoffmann-LaRoche’s 

Roferon®-A (recombinant human interferon a-2a).? More general application of this powerful 

purification technique will require substantial reductions in cost and increases in column 
stability and lifetime. 
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IIT. PROTEIN ENGINEERING 

The rapidly developing technology of protein engineering* may provide the key to the 
broader application of affinity purification techniques based on engineered antibodies. Through 
the use of site-directed mutagenesis or synthetic gene technology, it is now possible to make 
precise and facile changes to the amino acid sequence of any protein for which the gene 
has been cloned and expressed by recombinant DNA techniques. When such amino acid 
changes are selected on the basis of detailed knowledge of both the three-dimensional atomic 

structure and the biochemical/biophysical properties of the protein, it is possible to alter the 

structure and function of the protein in a rational, engineering fashion. Early success has 

already been reported in the engineering of a range of properties, including increasing 

stability, altering substrate specificity, modifying kinetic parameters, and shifting the pH 
profile (for recent reviews, see References 5 and 6). 

Thermal stability has been increased by introducing novel disulfide bonds into T4 ly- 

sozyme,’ subtilisin BPN’,® and X repressor,’ while stabilization to denaturing agents has 

been similarly accomplished with dihydrofolate reductase. '!° Oxidation resistance in subtilisin 

BPN’ has been achieved by replacing a sensitive methionine.!! Other approaches to enhancing 

stability which are currently being explored include increased van der Waals and hydrogen 

bonding, additional salt bridges or ion binding sites, and the modification or replacement 

of loops. Further development of these methods is likely to lead to general techniques for 

engineering very robust proteins. 

By substitution of amino acids which interact with the substrate at the active site, protein 

engineering has also been successfully employed to alter the substrate specificities, kinetic 

parameters, and pH profiles of subtilisin BPN’ ,’? trypsin,'? and tyrosyl-tRNA synthetase, '* 
among others. 

IV. ENGINEERED ANTIBODIES 

Several groups have now reported the successful production of recombinant antibodies 

by cloning and expressing the appropriate heavy- and light-chain genes in Escherichia coli,'° 

yeast,'© oocytes,'? or mammalian cells.'* In such systems it is now possible to consider 
applying protein engineering techniques in order to enhance the properties of the antibody 

for affinity separation. 
The first target would be to dramatically reduce the cost of producing the antibody while 

simultaneously increasing the stability and extending the useful column lifetime. Most of 

the antibody molecule is, in fact, not required for antigen binding. All of the determinants 

are found in the two variable domains of the heavy and light chains. In limited cases it has 

been possible to isolate so-called F, fragments by proteolytic cleavage of intact immuno- 

globulins. Such minimal antigen-binding fragments now can be produced more generally 

and simply by inserting a stop codon at the appropriate positions in the heavy- and light- 

chain genes in order to produce the truncated polypeptides. In such a case, each chain would 

contain only about 110 amino acids. Unfortunately, it is still difficult to obtain proper folding 

and assembly of these variable domains when expressed in microbial hosts, and a further 

simplification may be required in order to decrease the production cost for kilogram quantities 

of engineered antibody. It has recently been reported'””° that it is possible to fuse the heavy 

and light chains into a single polypeptide which would fold with monomolecular kinetics. 

Such ‘‘single-chain’’ antibodies are ultimately the goal for the general production of small, 

stable, relatively inexpensive antibody binding sites. Further stabilization to protease re- 

sistance or denaturation could then be achieved by employing additional protein engineering 

techniques such as described previously. Additionally, it should be possible to develop 

highly efficient immobilization procedures for such engineered antibodies by providing a 
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unique, reactive amino acid in an optimal position on the antibody surface to avoid inter- 

ference with the antigen binding site.” 

Once a small, stable, and efficiently immobilized antibody binding site is achieved, it 

will then be possible to explore mechanisms for controlling the binding and release of antigen. 

This is likely to involve modification of electrostatic interactions in order to achieve very 

large changes in antigen binding, constant over very narrow pH and/or ionic strength ranges, 

which are still within the normal stability range of the target protein antigen. Such methods 

would essentially involve very precise control of the pKs of side chains by proper distribution 

and selection of ionizable or polar amino acids at the antibody surface.” An alternative 

approach would be to engineer the antibody to reversibly unfold and refold with high 

efficiency over a similarly narrow range of physical and chemical conditions” or to undergo 

a conformational change in a similar fashion. 

Such an ultimate, engineered antibody should satisfy all of the criteria outlined above 

for the ideal affinity ligand. The research costs for developing such an engineered antibody 

may appear prohibitively high, and, indeed, they would be if it were necessary to repeat 

this entire process with every new protein to be purified. Fortunately, it is likely that much 

of this technology could be generalized.”° Antibodies have a relatively invariant core struc- 

ture, and the availability of many X-ray structures, including several recent ones of complexes 

with protein antigens,**° should greatly facilitate protein engineering. Furthermore, it is 

likely that monoclonals will already have been isolated for analytical use in the purification 

process, and these would provide the appropriate starting point. With the availability of 

suitable probes, the cloning of the necessary portion of the required heavy and light chains 

is now very straightforward, and it may indeed be simpler to sequence the variable domains 

and simply alter the hypervariable loops in a previously cloned and already engineered 

single-chain antibody. It is the generality and versatility which makes antibodies so attractive 

for engineering as immunoaffinity ligands. 

Engineered antibodies will be the obvious choice for the affinity purification of proteins 

and peptides, but their use may be further extended to include lower molecular weight 

compounds. By suitably conjugating such small molecules to higher molecular weight im- 

munogens, it is possible to generate monoclonal antibodies which specifically bind the 

hapten. Such antibodies could extend the useful range of immunoaffinity techniques to higher 

value compounds of only a few hundred daltons molecular weight. 

V. CATALYTICALLY INACTIVATED ENZYMES 

An alternative strategy for developing suitable specific affinity ligands for smaller mol- 

ecules would be to start with an enzyme which binds the compound of interest as either a 

natural substrate, product, or inhibitor. One of the easiest things to do by directed muta- 

genesis is to substitute a catalytically essential amino acid in the active site of the enzyme, 
thereby eliminating all enzymatic activity. If done properly, the inactive enzyme will still 

bind the target compound, but will not modify it catalytically in any way. The binding 

constant (and its dependence on pH, ionic strength, or the binding of an allosteric effector) 

can then be further engineered by modifying the amino acids involved in stabilizing the 
enzyme/substrate complex. '* 

In the future, such an approach may be particularly attractive for affinity purification 

of smaller molecules (e.g., antibiotics, hormones, growth factors, etc.), especially if the 

enzyme involved in production of the compound has already been subjected to protein 
engineering in order to enhance the biosynthesis of the compound through increased stability, 
activity, and immobilization efficiency. Much of the development cost for such a catalytically 
inactive enzyme affinity ligand could then be shared with the production development. 
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VI. CONCLUSION 

Protein engineering will provide a new technology for the development of improved 
affinity purification schemes based on engineered antibodies and enzymes. By lowering the 
production costs, increasing the stability, and extending the useful range of such protein 
affinity ligands, it should be possible to greatly extend the power of affinity separations to 
provide lower-cost and higher-purity separations for lower unit cost products. 

— 
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I. INTRODUCTION 

Microbial processing of metals is not a new technology; it has been used, at least in the 

case of ore leaching, for centuries. Specifically, copper was recovered by man as early as 

1000 B.C. from metal-laden waters which passed through copper ore deposits and mines." 

However, the microbial role in the process of copper sulfide ore dissolution was only 

discovered about 30 years ago. Microbially assisted leaching of low-grade copper ores and 

wastes at mines in the western U.S. has been practiced for decades.* Since the discovery 

in the 1950s of the participation of bacteria in metal ore leaching processes, a small group 

of international investigators has continued to study the bioleaching of ores and the physiology 

of ore leaching bacteria, most notably Thiobacillus ferrooxidans. Recently, the depletion of 

high-grade metal ore deposits, stricter environmental laws, and the high cost of conventional 

mining and smelting have stimulated interest in exploring alternative metal recovery processes 

for a variety of metal ores, concentrates, and metal-containing wastes.’ In the past few 

years, a new in-place uranium bioleaching operation has begun in Canada.* Microbial 

preleaching of gold-containing host rock to assist in the cyanide process for gold recovery 

seems to be on the verge of commercialization.* Small companies have formed which are 

developing metal biorecovery techniques. Many scientists and engineers are studying bio- 

leaching of strategic metals, bioprocessing of coal, and metal recovery from process or 

waste streams.'** 

This surge of interest in the recovery of metals by bioprocessing may stem, in part, 

from the increased awareness of and possibilities engendered by genetic engineering and 

the publicity surrounding the ‘‘new biotechnology’’. 

However, we are still some distance from applying genetic engineering to improve metal 

recovery processes, especially ore bioleaching. Much basic work remains to be done on the 

physiology, ecology, and engineering aspects of microbial transformation of metals before 

we can make rational choices for desired characteristics to be enhanced in the organisms. 

In addition, there are severe technical obstacles to be overcome in developing genetic systems 

for the ore-leaching bacteria, since they grow at low pH and are difficult to grow on solid 

media. Nevertheless, progress has been made in recent years. Several groups have begun 

studying genetic systems for the thiobacilli.”'° Also, new organisms have been discovered 

in the past few years which may be applied to metal sulfide oxidation. Some of these are 

thermophilic bacteria’! which may be important in metal sulfide oxidation in self-heating 

leach dumps. Much has been learned in recent years about metal resistance mechanisms, !? 

which often involve metal transformations, that might find commercial application. Finally, 

engineering science is becoming more integrated into research, which is a necessary com- 

ponent of commercialization. 

II. ENGINEERING CONSIDERATIONS IN METAL 
BIORECOVERY 

Pure-culture, controlled bioreactor processes are associated with the production of phar- 

maceuticals, enzymes, and other organic compounds. However, the bioprocessing of in- 

organic materials and ores is characterized by extreme conditions of pH, temperature, heavy 
metal content, heterogeneous conditions, and mixed cultures. Reactions may occur on an 
immense scale, as in dump leaching operations, and have long processing times. 

The extent and nature of bioprocess engineering for metal recovery, at present and in 
the future, depend on many factors. Especially important are the volume of material to be 
processed and the value of the products. For example, bioprocesses for the recovery of gold 
from ore concentrates might be made cost effective by employing grinding of the substrate 
for maximizing the rates and extent of the bioreaction. On the other hand, copper ore 
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bioleaching or prospective coal desulfurization using microorganisms involves processing 
large volumes of material of relatively lower value. Simple engineering designs and lower 

processing costs will be necessary in these systems. 

Ill. MICROBIAL LEACHING OF ORES AND WASTES FOR 
METAL RECOVERY 

It is well known that the activities of acidophilic bacteria in the western U.S. copper 

leaching dumps play an important role in copper dissolution.'? The activities of these bacteria 

also contribute to production of acidic coal mine drainage.'? Microbial oxidation of pyrites 

(FeS,) also assists in uranium recovery at the Denison mine in Canada.* The ferric sulfate 
solutions produced by this microbial activity oxidize the uranium to more soluble species 

which are recovered from solution. Better control of such bioleaching processes is sought, 

either to maximize metal dissolution or to minimize the leaching of acid and iron salts into 

environments surrounding active and abandoned coal mines. In addition, prospects for 

microbial leaching of strategic and precious-metal-containing ores or concentrates are being 

investigated worldwide. 

Bioleaching of copper and uranium ores and mine wastes occurs due to the activity of 

certain unusual bacteria that oxidize metal sulfides to soluble metal sulfates in acidic so- 

lutions. T. ferrooxidans is the most extensively studied of these bacteria. It obtains energy 

from the oxidation of reduced sulfur species (e.g., S°, S,O,?~) and from certain reduced 

metal species as well, most importantly ferrous ions. This organism can be readily grown 

in 0.01 N H,SO, containing an energy source such as pyrite or sphalerite (ZnS) and inorganic 

salts supplying P, N, Mg, and Ca. Carbon dioxide can serve as the sole carbon source (fixed 

by a mechanism very similar to that of green plants), and oxygen is required as an electron 

acceptor for the oxidation of the reduced iron or sulfur energy source. Thus, the organism 

prospers in an inorganic environment at low pH. T. ferrooxidans is found associated with 

metal sulfide weathering and mining environments around the world. 

Pyrite is an important substrate for the organisms in many mining environments. It is 

the principal metal sulfide associated with coal deposits and is often found in commercial 

metal sulfide ore deposits as well. T. ferrooxidans accelerates pyrite oxidation, generating 

acidic ferric sulfate solutions which readily oxidize and solubilize other metal sulfides. In 

addition, this organism oxidizes many metal sulfides directly. A combination of these re- 

actions probably occurs in copper dump leaching environments to release copper. 

However, T. ferrooxidans is not the only microorganism found in low pH, metal-rich 

environments associated with metal sulfide weathering or mining. Other iron- and sulfur- 

oxidizing bacteria, some thermophilic, have been isolated from such environments, along 

with acidophilic heterotrophic bacteria.'*'’ We know relatively little about the microbial 

ecology of the mining environment and its effect on metal dissolution. Nonetheless, labo- 

ratory experiments employing mixed cultures of bacteria from mining environments often 

show enhanced metal sulfide leaching rates when compared to rates using pure cultures of 

T. ferrooxidans.'°" 

In addition to metal ore deposits, ore concentrates, and mining wastes, certain other 

types of wastes may be amenable to bioleaching. For example, bacterial leaching of metal 

sulfides for metal recovery from sewage sludge has been discussed.'* Commerical smelting 

and refining of lead produces furnace slags and mattes containing impurity metals present 

as sulfides.'? These residues are chemically leached,'? but may also be amenable to bio- 

leaching. We have been evaluating the leaching of cobalt from samples of the furnace matte 

using strains of 7. ferrooxidans. The residues were added to a mineral-salts medium at a 

pulp density of 4% and inoculated with pyrite-grown T. ferrooxidans. Soluble cobalt in- 

creased with time to a maximum of several hundred milligrams per liter after 6 to 7 weeks 
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FIGURE 1. Colonies of calcium phosphate-dissolving microorganisms surrounded by clear zones 

in agar. The defined medium contained a suspension of calcium phosphate as the sole source of 

phosphorus. 

of bioleaching. Sterile controls showed little Co dissolution. We could maintain cultures of 

T. ferrooxidans on the metal sulfides in the furnace matte as a sole source of energy. 

IV. MICROBIAL UPGRADING OF ORES AND FOSSIL FUELS 

Undesirable components of ores and fossil fuels may be removed through the action of 

microorganisms. Examples include the removal of phosphorus from iron ores, desulfurization 

of coal, and the removal of pyrite from certain gold ores. 

Some domestic deposits of iron ore contain elevated levels of insoluble phosphate 

minerals. Inexpensive methods for removal of at least part of this phorphorus are sought 

because phosphorus impurities can adversely affect the properties of finished steels. Removal 

of phosphorus is most easily accomplished at the raw materials stage. 

It has been known for some time that extracellular products of certain soil microorganisms 

dissolve insoluble phosphates.*°*! These products have in some cases been identified as 

organic or mineral acids. Phosphate-dissolving microoganisms are readily isolated from soils 

using a defined solid (agar) growth medium containing a finely suspended insoluble phos- 

phate, e.g., Ca,(PO,),, as the sole source of phosphorus. Colonies of phosphorus-dissolving 

microorganisms are easily distinguishable on the agar surface (Figure 1). We have found 

that culture filtrates of a fungus isolated from Chesapeake Bay sediments dissolve insoluble 

phosphate minerals and remove phosphorus from a Michigan iron ore containing elevated 

levels (0.06%) of phosphorus. The culture filtrates had pH values of <3.0 (initial pH was 

6.5 to 7.0), suggesting formation of organic acids from glucose, which was the sole carbon 

substrate in the medium. Liquid chromatography and Fourier transform infrared spectroscopy 

techniques can be used to identify metabolites in the culture medium and their effects on 

ore dephosphorization. 

Several processes for bioleaching of phosphorus from iron ore may be possible, including 

application of purified metabolites, whole culture fluids from fermenters, or growth of the 
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organisms in the ore or ore concentrate. Collaboration of microbiologists and chemists with 

chemical and mining engineers is necessary to evaluate the most cost-effective options. 

Microbial processes for cleaning or upgrading fossil fuels have also recently received 

much attention, although the concept was first addressed in the late 1950s and early 1960s.??73 
Substantial laboratory work worldwide over the past decade has investigated the microbial 

potential for desulfurization of coal. Most studies have employed T. ferrooxidans to remove 

pyritic sulfur from coal. Although some authors contend that the process is cost effective 

for certain coals,” there has yet to be an industrial demonstration project. Relatively slow 

rates of biodesulfurization of coal and the costs of incorporating a water-based desulfurization 
scheme into existing coal-burning processes at power generating plants have been the chief 

objections to the microbial process. 

Reports of microbial removal of organic sulfur from coal have also appeared?>:?° and 

are of interest because organic sulfur removal from coal by other techniques is very difficult. 

However, until analytical difficulties associated with measuring organic sulfur in coal are 

overcome and until we better understand the speciation of sulfur in coal, it will be difficult 

to prove conclusively that organic sulfur is removed from coal by microbial processes. 

Other research has been directed toward coal conversion, i.e., degradation of low-rank 

coals to liquid products. A variety of fungi have been found which convert certain low-rank 

coals into liquid products.*”** The product has been partially characterized; it is highly polar 

with a high molecular weight. It is not clear how useful these products may be. However, 

some investigators have proposed that anaerobic microbial consortia may be used on a large 

scale, perhaps in underground caverns, to convert lignite coal to methane gas.”? The coal 

would first be liquified by heat and alkali, or perhaps by the above bioliquefaction route. 

V. THE IMPORTANCE OF STANDARDS 

Research into bioleaching of ores and removal of pyritic sulfur from coal is conducted 

in many countries, and many studies are published which report on the dissolution of metal 

sulfides by various strains of T. ferrooxidans and other organisms. It is still uncertain as to 

which properties of 7. ferrooxidans, if enhanced, would lead to more rapid oxidation of 

pyrite or other metal sulfides. Obviously, the strains which most rapidly oxidize these 

substrates are sought. However, it is difficult to compare leaching rates among the many 

laboratories conducting such studies because of the diversity of incubation conditions, mea- 

surements, strains, substrates, and expressions of leaching rates. The availability of a well- 

characterized metal sulfide reference material and the use of standardized procedures to 

conduct bioleaching tests and report results would greatly assist in data comparison. Pyrite 

seems an ideal initial candidate for a standard reference material (SRM) given its importance 

in connection with microbial ore leaching and coal desulfurization. An interlaboratory com- 

parison of pyrite bioleaching rates by a specified strain of T. ferrooxidans would show both 

the feasibility and the limits of data comparison. 

As a first step in this direction, we have begun to evaluate the prospects for standard- 

ization of bioleaching tests and the potential for producing a pyrite SRM. These activities 

are being conducted with the American Society for Testing and Materials Committee E-48 

on Biotechnology and with the National Institute of Standards and Technology (NIST) Office 

of Standard Reference Materials. Very few studies report variance in leaching rates obtained 

in replicate flasks. We evaluated leaching rate in triplicate flasks using a South Carolina 

pyrite and three different strains of T. ferrooxidans. Soluble total iron (after centrifugation 

of the sample) was determined by an o-phenanthroline colorimetric procedure,*° and the rate 

of pyrite dissolution was calculated from the linear portion of the metal release curve as 

discussed by Torma and Sakaguchi.*' The three strains showed pyrite leaching rates of 1.7 

to 2.2 mg Fe per liter per hour (Figure 2). The relative standard deviations of the pyrite 
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FIGURE 2. South Carolina pyrite leaching rates (bars denote standard 

deviation; triplicate flasks) for three strains of T. ferrooxidans in shake 

flasks. 

bioleaching rates ranged from 7 to 11%, suggesting that interlaboratory comparisons of 

bioleaching rates should be possible. The reproducibility of Fe leaching rates was tested 

again 4 months later with the ATCC strain and was nearly identical (Figure 2). After 

additional studies on other pyrite minerals, we will suggest standardized testing protocols, 

conduct interlaboratory testing, and perhaps produce a well-characterized pyrite SRM. 

VI. METAL ACCUMULATION OR PRECIPITATION BY 
MICROORGANISMS 

Microorganisms may selectively or nonselectively accumulate and precipitate metals 

from solution by a variety of mechanisms. 

In general, the microbial cell envelope has a net negative charge and a number of 

negatively charged functional groups which can bind metal cations rather nonselectively .*?:* 

Nonliving biomass preparations have been found to be effective sorbents for heavy metals®-** 

and may be used for selective metal recovery by manipulation of solution pH and complexing 

agents.*° Less sophisticated applications of biomass for metal removal from waste streams 

are presently used commercially. For example, in Missouri, mining wastes are passed through 

meandering streams where algae, bacteria, and other organisms remove dissolved lead and 
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zinc.*° Microbial processes are used to treat metal- and cyanide-containing wastewaters 

emanating from gold mines. The Homestake Mine in South Dakota, the leading gold producer 

in the nation, has a 5.5 million gal/d wastewater treatment plant using rotating biological 

contractors with adsorbed microbial populations for adsorption of toxic metals and for 

degrading cyanides to ammonia and nitrates.*’ 

Microorganisms also metabolically reduce and precipitate oxidized forms of metals and 

metalloids. For example, oxidized selenium species are reduced to elemental selenium by 

certain microorganisms.** In this case, the selenium species act as electron acceptors in 

respiration. Controlled treatment systems employing organisms which carry out this reaction 

may be useful in cleaning up selenium-contaminated waters in the western U.S. Magneto- 

tactic bacteria accumulate soluble iron species and intracellularly synthesize fine particles 

of magnetite.*? 

Metabolic products may also precipitate metals. Examples include hydrogen sulfide 

(produced on a large scale in nature by sulfate-reducing bacteria), which reacts with many 

kinds of metal ions in solution to form highly insoluble metal sulfides. Other biogenic 

metabolites, such as trimethyl tin cations, reduce certain metals to their elemental forms via 

a reductive demethylation mechanism.*° 

VII. SUMMARY AND FUTURE PROSPECTS 

There is a rapidly expanding interest in applying microbial processing for metal dis- 

solution and recovery from ores and wastes. We are still learning about mechanisms and 

routes of microbial metal transformations. New measurement methods and standards directed 

toward characterizing such heterogeneous systems are needed. Process optimization manip- 

ulations through bioengineering will range from simple and inexpensive to more complex, 

depending on product value. As we learn more about the selective biotransformation of 

metals in mixtures, it may be possible to engineer ‘‘intelligent’’ bioprocessing systems where 

the metal of interest could not only be removed, but recovered in a specified oxidation state, 

particle size, or molecular composition. This may require multistep or multiorganism con- 

figurations. 
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I. INTRODUCTION 

Several laboratories have examined biosolubilization of low-ranked coals by 

streptomycetes!? and fungi.** The objective of our research at Colorado State University 

was to examine the kinetics of coal biosolubilization by several microorganisms known to 

degrade lignin or by fungal cultures that had been isolated from coal. The scope of our 

research includes the following parameters: (1) pretreatment of coal, (2) screening for bio- 

solubilization, (3) shake-flask experiments, and (4) coal liquefaction by pyridine and bio- 

solubilization. 

A low-ranked Texas lignite was subjected to nitric acid oxidation** and to ammonia 

freeze explosion (AFEX).° These pretreated coals, along with untreated lignite, were used 

either in surface culture biosolubility tests or shake-flask experiments. 

Preliminary results indicate that nitric acid pretreatment of Texas lignite is an effective 
pretreatment. Liquefaction of untreated and AFEX-treated coal is much slower than nitric 

acid-pretreated coal. Coal liquefaction by pyridine is examined as a possible assay method 

for the amount of coal in biosolubilization broths. 

Il. MATERIALS AND METHODS 

A. PRETREATMENT OF COAL 
1. Nitric Acid-Oxidized Coals 

Texas lignite oxidized with nitric acid was received from Idaho National Engineering 

Laboratory (INEL), Idaho Falls. Coal was first sieved through —20-mesh screens, oxidized 

by 8 M nitric acid for 48 h, and then extracted with water.°® 

2. Ammonia Freeze-Explosion Coals 

Texas lignite, — 20 mesh, was subjected to AFEX pretreatment.° AFEX pretreatment, 

developed by Dale at Colorado State University, has been used successfully as a pretreatment 

of lignocellulosics prior to cellulase hydrolysis. Conditions of the pretreatment follow: 

125 g Texas lignite, 250 g ammonia, and 30% water (w/w), at 250 psig for 60 min. 

Immediately after pretreatment, the coal was removed from the reactor, sealed tightly, and 

frozen for later use. 

B. SCREENING FOR BIOSOLUBILIZATION 

The following microorganisms were screened for ability to liquefy samples of control, 

nitric acid-pretreated, and AFEX-pretreated coals: Streptomyces viridosporus T7a, S. fla- 

vovirens #28, S. setonii #75, Penicillium sp. RWL-S5, fungus ACL-13, and fungus YML- 
Al : 

Cultures were grown on yeast-malt agar (YMA, Difco Laboratories, Detroit) for 8 d 

before an arbitrary amount of sterile coal was sprinkled on the culture surface. 

All coal types were sterilized at 121°C for 30 min prior to use. Cultures were observed 

visually for any sign of liquefaction at 3 and 24 h after coal addition. 

C. SHAKE-FLASK EXPERIMENTS 
Parameters for shake-flask experiments follow: no pH control, 5% inoculum, 105 rpm, 

and ambient temperature. Organisms studied were Penicillium sp. RWL-5 and S. setonii. 
The cultures were grown on yeast-malt broth (YMB, Difco). Samples were taken from day 
zero with RWL-5 on a timely basis in order to examine biosolubilization in cell-free filtrates 
vs. time. In addition, a 48-h culture received 1.0 g of sterile nitric acid-pretreated coal. This 
coal was added directly to the cells in suspension and was sampled after an additional 48 h 
of contact. 
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S. setonii 7-day cultures received coal directly to examine biosolubilization in the pres- 

ence of cells. At timely intervals, flasks were filtered and the filtrates were examined at 

500 nm for evidence of liquefaction of coal. 

D. COAL LIQUEFACTION 
1. Pyridine Solubilization 

The pyridine liquefaction of coal is used to create standardized curves of concentration 

vs. absorbance. Each coal type should be subjected individually to liquefaction by pyridine 

in order to establish a standard curve for that particular kind of coal. These curves can then 

be used to determine the amount of coal solubilized by various microorganisms from the 

measured absorbance of the culture medium. 

The procedure is as follows: 

1. | Weigh out a known amount of coal into a glass scintillation vial or test tube. Establish 

a series of concentrations to be used for the standard curve. 

2. Add a known amount of pyridine to the coal. 

3. Allow the coal to solubilize in the pyridine for a set time period, from 1 to 3 h. Prior 

to taking a sample, mix gently. Allow the coal to settle before a sample is taken. 

4. Dilute each sample in the medium used for fermentation experiments (e.g., YMB). 

5. Scan the pyridine:coal dilutions from 750 to 200 nm with the appropriate light source 

(either visible or UV) to establish the maximum absorbances. Use the medium as a 

reference. (Pyridine has a maximum absorbance of 260 nm.) 

6. Determine the amount of residual coal which has not been dissolved. This establishes 

the actual concentration of coal in the solution. Filter the residual coal through pre- 

weighed Gooch crucibles, wash thoroughly with distilled water, and dry overnight in 

an oven at 100°C. Reweigh and calculate the actual concentration of coal in solution 

by difference. 

7. Once the maximum absorbance has been determined, establish a standard curve at 

that particular wavelength for absorbance vs. actual concentration. Determine the 

concentration of dissolved coal in the fermentation broths by comparison to the standard 

curves for each coal type. 

2. Biosolubilization 
Nitric acid-pretreated coal and control coal (1.0-g amounts) were added to 10 ml of 

cell-free culture filtrate. The coal was allowed to solubilize for 24 h before it was filtered, 

and the filtrate was analyzed spectrophotometrically for coal liquefaction. 

Il. RESULTS 

A. SCREENING FOR BIOSOLUBILIZATION 
In Table 1, the results of the screening experiments are presented. After 3 h, some 

liquefaction of AFEX coal was observed with all six test cultures. However, Penicillium 

sp. RWL-S was the only organism to sufficiently liquefy AFEX material in 24 h. Liquefaction 

of untreated and AFEX coal is much slower than that of nitric acid coal. The three strep- 

tomycetes and Penicillium sp. RWL-5 appeared to be the organisms of choice. All were 

capable of fairly complete liquefaction of nitric acid coal. S. flavovirens #28 and the 

Penicillium sp. also demonstrated an ability to liquefy either AFEX or control coals. 

B. SHAKE-FLASK EXPERIMENTS AND COAL LIQUEFACTION 

Preliminary comparisons were made of cell-free filtrates of RWL-S fermentations, which 

were used to liquefy control coal and nitric acid-pretreated coal, with pyridine-liquefied 
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TABLE 1 

Results: Screening for Biosolubilization 

Coal 

Culture type 3h 24h 

YML-21, fungus Control None None 

AFEX Slight (2 pieces) Slight +/— 

HNO, None . Slight +/— 

ACL-13, fungus Control None None 

AFEX Fair + Fair + 

HNO, None Good + + + 

Penicillium sp. RWL-5 Control None None 

AFEX Moderate + + Good + + + 

HNO, None Excellent + + ++ 

Streptomyces flavovirens Control Slight +/— Slight +/— 

#28 AFEX Slight Slight +/— 

HNO, Moderate + + Excellent + + ++ 

S. setonii Control None None 

#75 AFEX Slight +/— None 

HNO, Moderate + + Excellent + + + 

S. viridosporus Control Slight +/— None 

T7A AFEX Slight +/— None 

HNO, Moderate + + Excellent + + + + 

Note: Visual observation of coal biosolubilization at 3 and 24 h after coal came in contact 

with fungal mat surface. None: no liquifaction; slight +/—: 2—3 droplets; fair +: 

10% liquifaction; moderate + +: 25% liquifaction; good + + +: 50% liquifaction; 

excellent + + + +: 70% liquifaction. 

coal. Very low concentrations of coal were present in the medium after a 24-h period. The 

concentration of control coal was maximally 2.5 x 10~*, while the concentration of nitric 

acid-pretreated coal was 1.0 < 10~° mg/ml. ' 

Nitric acid coal was added directly to RWL 5 cultures which were 48 h old, and the 

coal was allowed to solubilize for an additional 48 h. The concentration of nitric acid- 

pretreated coal in solution corresponded to 0.0245 mg/ml, or roughly a 1000-fold increase 

when compared to that solubilized in the cell-free filtrate. 

S. setonii was unable to liquefy either AFEX or the control coal after 48 h of contact 

time. This result was consistent with the preliminary screening results obtained with agar 

plating. 

IV. CONCLUSIONS 

These preliminary results indicate that nitric acid pretreatment of Texas lignite is an 

effective treatment prior to biosolubilization. Surface cultures of the streptomycetes and the 

Penicillium sp. were capable of producing greater concentrations of solubilized products 

when compared to biosolubilization by cell-free filtrates. This suggests that direct contact 

with cells is necessary for liquefaction to occur, perhaps due to an oxygen dependency in 

the reaction. 
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polymer-bound triazine dyes and, 272 

preparative extraction and, 276—280 

of proteins, 272 
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Antibiotic-degrading enzymes, 85, see also specific 

types 
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recombinant, 407 
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Escherichia coli, 18, 22 
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Baby hamster kidney (BHK) cells, 102 

Bacillus subtilis, 82—83, 86, 167—171 
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acidophilic, 413 

glutamic acid, 207, 209 

plasmid-containing, 89 

recombinant cultures of, 129—136 
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Batch “seed” tanks, 84 

Beer, 296 
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BHK, see Baby hamster kidney cells 
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CMOS, see Complementary metal oxide semiconduc- 
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pretreatment of, 422 
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optimization and, 333—340 

in protein purity estimation, 285—292 
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Continuous flow immobilized system, 86 

Continuous flow isoelectric focusing, 52—53 
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Continuous flow stirred tank reactors (CFSTR), 89, 
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bioreactor system, 378—379 
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67—68 
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bioreactor, 148 
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importance of, 186 

Controlled perfusion reactors, 98, 100—103, 106— 

107 

Cooper-Helmstetter model, 133—134 

CopA RNA, 160, 162, 164 

CopB, 160; 161 

Copper, 344, 347—348, 351—352 

Correlation spectrum, 192 

Corynebacterium 

glutamicum, 206, 208, 214 

sp., 214 

Countercurrent distribution (CCD) of crude protein 

extracts, 275—276 

Crude protein extracts, 275—276 

Crystallization, 47, 49 

CSTF, see Continuous stirred tank fermentor 

Cultured human cells, 226—228, 230, see also 

specific types 

Cultures, see also specific types 

bacterial, 129—136 

chemostat, 97, 135—136 

instability of, 130, 136 

mammalian cell, see Mammalian cell cultures 

plant cell, see Plant cell cultures 

suspension, 66, 110 

tissue, 10 

1-Cyano-4-dimethylaminopyridinium tetrafluoro- 

borate (CDAP), 323 

Cyanogen bromide, 48 

Cylindrical geometry cell, 187 

Cysteine, 52, 54, 60 

Cytostat mammalian cell cultures, 97 

D 

Darcy’s law, 306 

D-compartment synthesis, 69—70 

DEAE-Sepharose Fast Flow, 310 

Defined medium, 95, see also specific types 

Demixing of phase-separated systems, 261 

Density gradient electrophoresis, 224 

Density gradients, 237 

Design reports (DR), 367 

Dextran, 260, 265, 272 
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Dialysis, 357 

Diferric transferrin, 351 

Differential mass balance equations, 130 

Diffuse reflectance, 191 

Diffusional effects on stereoselectivity, 397—403 

Diffusional path length, 336 

Diffusional resistances, 334, 398 

Diffusion processes, 261, see also specific types 

Diffusivities, 335 

3,4-Dihydroxyphenylacetaldehyde, 118 

Dioscorea deltoidea, 7, 124, 127 

Diosgenin, 6, 124 

Distillation, 36 

Disulfide groups, 48 

DNA, see also specific types 

chromosomal, 85, 130 

plasmid, 46, 130 

recombinant, 46—47, 238, 407 

synthesis of, 193 

DNA-agarose affinity chromatography, 357 

DNA probes, 62 

DOPA, 119 

Dopamine, 118 

Downstream processing (DSP), 304, 365—373, 378 

Downstream purification, 94 

Downstream separation, 140 

DR, see Design reports 

DSP, see Downstream processing 

Dyes, 110, see also specific types 

Dynamic growth rate differential, 132 

E 

EDTA, 103 

EGD, see Endoglucanase D 

EI, see Electron impact 

EIMS, 62 

Electrodecantation, 238 

Electrohydrodynamic effect, 252 

Electrokinetic separation, 224 

Electron impact (EI), 60 

Electron microscopy, 66, 369, see also specific types 

Electroosmosis, 237, 247 

Electroosmotic flow profiles, 224 

Electrophoresis, 231, see also specific types 

analytical cell, 223—231 

analytical particle, 228 

continuous flow, see Continuous flow electro- 

phoresis (CFE) 

density gradient, 224 

field step, 238 

forced-flow, 238 

free zone, 224 

gel, 18, 286—288 

preparative, 223—231 

scaleup of, 235—241 

SDS-polyacrylamide gel, 18 

in space, 245—257 

materials for, 247—249 

methods for, 247—249 

results of, 249—255 

two-dimensional, 115, 286—288, 292 

Electrophoresis-convection, 238 

Electrophoretic mobility (EPM), 224, 226, 228—229 

Electrophoretic separations, 10 

Elicitors, see also specific types 

abiotic, 115 

biotic, 115 

fungal, 120, 125 

microbial, 114 

product formation induced by, 114—115 

in Cinchona ledgeriana cultures, 118, 123—125 

in Dioscorea deltoidea cultures, 118, 124, 127 

in Glycine max cultures, 115, 117—118, 120— 

121 

in Gossypium arboreum cultures, 118, 124, 126 

in Papaver somniferum cultures, 118, 120—121, 

123—124 

in Thalictrum rugosum cultures, 117—119, 122— 

123 

yeast, 115 

Eli Lilly and Company, 46 

Embden-Meyerhof-Parnas pathway, 208 

Emulsions, 140, see also specific types 

Enantiomeric excess, 397 

Enantioselectivity, 397 

Endoglucanase D (EGD), 32 

Endotoxins, 22, 83, see also specific types 

Energy sources, 72, see also specific types 

EnFET, 190 

Engineered antibodies, 407—408, see also specific 

types 

Environmental improvement, 7 

Environmental protection, 7 

Enzymatic hydrolysis, 394 

Enzymatic techniques, 7, 114, see also specific types 

Enzymatic transformation, 1 | 

Enzyme-based electrodes, 196 

Enzyme membranes, 393 

Enzyme multispecies sensors, 195—201 

Enzymes, 6, 9, 33, 82, 114, 392, see also specific 

types 

affinity partitioning of, see Affinity enzyme 

partitioning 

antibiotic-degrading, 85 

catalytically inactivated, 408 

insulin and, 46 

proteolytic, 168 

purification of, 286 

restriction, 46 

sources of, 40 

synthesis of, 114 

transformation of, 49 

Enzyme thermistor system, 182 

EPM, see Electrophoretic mobility 

Equilibrium, 260 

Erythrocytes, 226, 229, 262 

Escherichia coli, 18, 32, 46—47, 82—84, 86, 89, 

208, 356, 407 

antigens and, 18, 22 

cloned genes and, 168 

fermentation of, 47 



plasmid-containing, 84 

Eschscholtzia californica, 119 

Estimation algorithm, 148 

Ethanol 

hollow fiber extractive fermentor for production of, 

139—144 

lignocellulose conversion to, see Lignocellulose 

conversion to ethanol 

Ethyl! butyrate, 394 

Eukaryotes, 84 

Evaporators, 48 

Extraction, 52, 276—280, see also specific types 

Extractive fermentation, 139—144 

F 

FAB/MS, see Fast atom bombardment/mass 

spectrometry 

Fast atom bombardment/mass spectrometry (FAB/ 

MS), 52—57 

Fast protein liquid chromatography (FPLC), 54, 267 

Fatty acid-PEG conjugates, 262 

Fermentation, 47—48, see also Fermentors; specific 

types 

batch, 69 

computer control of, 48 

of Escherichia coli, 47 

extractive, see Extractive fermentation 

lysine, see Lysine fermentation 

suspension-culture, 66 

Fermentors, see also Fermentation; specific types 

continuous stirred tank (CSTF), 144 

hollow fiber extractive, see Hollow fiber extractive 

fermentor (HFEF) 

plug flow, 143 

Fertilizers, 6, see also specific types 

FET sensors, 176—178 

FIA, see Flow injection analysis 

Fiber optic sensors, 190 

Fibroblasts, 103, 107 

Field step electrophoresis, 238 

Film diffusion, 334 

Filtration, 299, see also specific types 

Final crystallization, 47 

Final purification, 47 

Fixed erythrocytes, 229 

Flavors, 6, 110 

Flocculants, 367—368, see also specific types 

Flow-channeling methods, 238—240, see also 

specific types 

Flow injection analysis (FIA), 87, 186 

Fluidized-bed bioreactors, 378—381 

Food additives, 82, see also specific types 

Food colors, 6 

Food flavors, 6 

Food fragrances, 6 

Forced-flow electrophoresis, 238 

Formate dehydrogenase, 281 

Formic acid, 48 

Forward binding rate constant, 336 

Fossil fuels, 7, 414—415 
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Fouling, 369 

Fourier transform IR (FTIR), 187 

F6P, see Fructose-6-phosphate 

FPLC, see Fast protein liquid chromatography 

Fractional precipitation, 10 

Fragrances, 6 

Free energy, 260 

Free ligands, 274, see also specific types 

Free zone electrophoresis, 224 

Fructose-6-phosphate (F6P), 215 

F6P, see Fructose-6-phosphate 

FTIR, see Fourier transform IR 

Fuels, 7, 38, 414—415, see also specific types 

Fungal elicitors, 120, 125 

Fungi, 125, 422, see also specific types 

Fungicides, 6, see also specific types 

Fusarium moniliforme, 120 

G 

B-Galactosidase, 88 

Gas chromatography (GC), 52, 57, 62 

Gas chromatography (GC)-chemical ionization mass 

spectrometry, 53 

Gas chromatography-mass spectroscopy (GC-MS), 

53, 57—60 

Gas sensors, 195—201 

Gateway sensors, 186 

Gaussian white noise, 149 

GC, see Gas chromatography 

GC-MS, see Gas chromatography-mass spectroscopy 

Gel filtration chromatography, 47—48 

Generic research, in DSP, 366 

Genetic engineering companies, 4 

Genetic instability, 82, 87 

Genetic manipulations, 46 

GETPIMW, 287, 289 

Glandular insulins, 46 

Glucose, 67, 94, 176, 214 

lysine products from, 206 

uptake of, 101 

Glucose oxidase (GOD), 180 

Glucose-6-phosphate, 214, 280 

Glucose sensors, 178—180, 182 

B-Glucosidase, 33, 36 

Glutamate, 176, 207 

L-Glutamate, 180 

Glutamate oxidase, 180—181 

Glutamate sensors, 180—182 

Glutamic acid, 216 

Glutamic acid bacteria, 207, 209 

Glutaraldehyde, 176, 180 

Glyceollin, 115—117 

Glyceraldehyde-3-phosphate dehydrogenase, 291 

Glycine max (soybean), 115, 117—118, 120—121 

Glycoproteins, 18, see also specific types 

Glycosylation, 82 

Glyoxylate shunt, 208, 216 

GOD, see Glucose oxidase 

Gold immunostaining, 371 

Gossypium arboreum, 118, 124, 126 
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Graft-vs.-host bone marrow cells, 224 

Gravity, 238, 261 

Gravity-stabilized methods, 237 

Growth-arrested cells, 106 

Growth factors, 94, see also specific types 

Growth inhibitors, 76, see also specific types 

Growth rate differential, 130, 132, 135 

H 

Health care, 4, 82 

Heat inactivation process, 47 

Heat shock proteins, 85 

HEK, see Human embryonic kidney cells 

Hemicellulose, 33 

Hemoglobin, 246—247, 249—252, 255, 257 

Heparin-Sepharose chromatography, 322—323, 

328—331 

Heptafluorobutyric acid (HFBA), 20 

Herbicides, 6, see also specific types 

HFBA, see Heptafluorobutyric acid 

HFEF, see Hollow fiber extractive fermentor 

High cell density cultures, 95, see also specific types 

High-performance adsorption separations, 303—318 

affinity chromatography, 312—318 

ion exchange, 304—312 

High-performance liquid chromatography (HPLC), 

323 

reverse-phase, 17—23, 55, 57, 60 

scaleup of, 355—362 

High-producing cell lines, 113 

High-specificity antibodies, 406 

Histidine residue, 344 

Hollow fiber extractive fermentor (HFEF) 

economics of, 144 

for ethanol production, 139—144 

mathematical model of, 140—142 

simulation of, 142—144 

Hollow fiber membranes, 394 

Hollow fiber reactors, 103 

Holotransferrin, 349 

Homeostatic environment, 95, 106 

Homeostatic growth, 94 

Hormones, 94, see also specific types 

Horvath’s equations, 334 

Host cell-plasmid interactions, 89 

Host-vectors, 82—84, 86—88 

HPLC, see High-performance liquid chromatography 

Human embryonic kidney (HEK) cells, 224, 226, 230, 

383 

Human health care, 4, 82 

Human milk lactoferrin, 344 

Human nutrition, 4—6 

Human serum transferrin, 344 

Hybridomas, 107, 384, see also specific types 

Hydrodynamic factors, 237, see also specific types 

Hydrophobic interaction chromatography, 48 

Hydrophobic membranes, 140 

Hydrophobic substrates, 76, see also specific types 

Hydroxyapatite, 360 

Hydroxypropyl starch, 276 

Hypochlorite, 48 

IC, see Integrated circuit 

IDA, see Iminodiacetate 

IFN, see Interferon 

IMAC, see Immobilized metal ion affinity chroma- 

tography 

Imidazole, 345 

Iminodiacetate (IDA), 344 

Iminodiacetate (IDA)-cobalt, 344—346, 348 

Iminodiacetate (IDA)-copper, 344, 347—348, 351— 

352 

Iminodiacetate (IDA)-Me, 344—345, 347—349 

Iminodiacetate (IDA)-nickel, 347—348, 350—351 

Iminodiacetate (IDA)-zinc, 344—346, 348—349, 352 

Immobilization matrix, 379 

Immobilized antibodies, 408 

Immobilized-cell biocatalysts, 67 

Immobilized cells, 66—68, 112, see also specific 

types 

Immobilized metal ion affinity chromatography 

(IMAC), 344, 352 

Immune response, 83 

Immunoaffinity cell partitioning, 265—268 

Immunoaffinity chromatography, 312, 322 

Immunoaffinity purification, 406 

ImmunoFET, 190 

Immunoglobulin G antibodies, 266 

Immunoglobulins, 298, see also specific types 

Immunostaining, 371, see also specific types 

Immunotoxins, 313, see also specific types 

Inclusion bodies, 18, 83 

Incomplete fragments, 18 

Induced product formation in plant cell cultures, 

114—124 

in Cinchona ledgeriana cultures, 118, 123—125 

in Dioscorea deltoidea cultures, 118, 124, 127 

in Glycine max cultures, 115, 117—118, 120— 

121 

in Gossypium arboreum cultures, 118, 124, 126 

in Papaver somniferum cultures, 118, 120—121, 

123—124 

in Thalictrum rugosum cultures, 117—119, 122— 

1s 

Inequality constraints, 213 

Infrared (IR), 187, 191, 193 

In-line process analytical chemistry, 187—191 

Inorganic ions, 94 

Inositol, 94 

Insulin, 45—49, 94 

Integrated biosensors, 175—182 

Integrated circuit (IC) technology, 195—201 

Integrated circuit (IC) temperature-sensing devices, 

182 

Interfacial tension, 261 

Interferon (IFN), 17—23, 53—54, 57, 312, see also 

specific types 

Interferon (IFN)-a, 52 

Interferon (IFN)-B8, 17—23 



Interferon (IFN)-y, 52, 60, 62 

murine, 61 

N-terminal nonapeptide of, 54—55 

C-terminal peptide of, 57 

Intermittent methods, 186, see also specific types 

Intrabiocatalyst mass transport, 68 

Intracellular processes, 11, see also specific types 

Intracellular protein production, 83 

Iodine, 7 

Ion exchange chromatography, 47—48, 304 

Ion exchange resins, 318, see also specific types 

Ion exchange separations, 304-312, see also specific 

types 

Ion-selective electrodes (ISE), 196, 198—200 

Ion-sensitive field effect transistor (ISFET), 176, 189 

Ion sensors, 195—201 

IPTG, see Isopropyl-B-p-thiogalactoside 
IR, see Infrared 

ISE, see Ion-selective electrodes 

ISFET, see lon-sensitive field effect transistor 

Isoelectric focusing, 53—54, 60 

Isopropyl-B-p-thiogalactoside (IPTG), 85 

Isoquinoline, 119 

Isoquinoline alkaloids, 118, 120—123 

Isotachophoresis, 240 

K 

Kalman filter (KF), 148, 151—153, 157 

a-Ketoglutarate dehydrogenase, 210 

KF, see Kalman filter 

Kidney cells, 229, see also specific types 

baby hamster (BHK), 102 

human embryonic (HEK), 224, 226, 230, 283 

rhesus monkey, 102 

Kinar-lined pipe, 48 

Kinetics, 260, 334—335 

Klebsiella pneumoniae, 69 

Krebs cycle, 208 

L 

Laboratory-scale purification, 357—359 

B-Lactamase, 88, 168—169 

Lactate dehydrogenase (LDH), 276 

Lactoferrin, 344, 346 

Laminar flow, 236 

Langmuir-type isotherms, 322 

Latex microspheres, 229 

LC, see Liquid chromatography 

LDH, see Lactate dehydrogenase 

“Leaky” behavior, 86, 88 

Leu-enkephalin 

gas-chromatographic-mass spectrometric sequenc- 

ing of, 57—60 

N,O-permethylated, N-acetylated, 52 

Ligand-PEG, 276, 278 

Ligand/polymer molar ratio, 275 

Ligands, 273—274, 312, see also specific types 

affinity, 408 

free, 274 
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Lignin, 33, 38—39 

Lignocellulose conversion to ethanol, 31—42 

discussion of, 36—42 

economic considerations in, 35—36 

process of, 33—35 

Linear quadratic Gaussian/loop transfer recovery 

(LQG/LTR), 148, 157 

Linear quadratic regulator (LQR), 149, 152, 156 

Lipids, 130, see also specific types 

Lipopolysaccharides, 168, see also specific types 

Liquid chromatography (LC), 62 

high-performance, see High-performance liquid 

chromatography (HPLC) 

scaleup of, 371—373 

Liquid-liquid extraction, 10 

Low-molecular-weight chemicals, 38, see also 

specific types 

Low-molecular-weight fragments, 18, 20, 22 

Low-protease mutants, 168 

LQG/LTR, see Linear quadratic Gaussian/loop 

transfer recovery 

LQR, see Linear quadratic regulator 

Lumped reactions, 208, 210 

Lung permeator, 103 

Lysine, 208—209, 214 

Lysine fermentation, 205—218 

applications of, 214—216 

biomass equations for, 208—209 

of Brevibacterium sp., 214 

maintenance equations for, 208—209 

methodology of, 207—214 

M 

Maintenance equations for lysine fermentation, 208— 

209 

Maintenance reactors, 103 

Malate enzyme, 210 

Mammalian cell cultures, 84, 93—95, 322, 407, see 

also specific types 

chemostat, 97 

continuous, 378 

in controlled perfusion reactors, 98—107 

cytostat, 97 

perfusion, 98 

red batch, 95—96 

steady-state, 95—98 

Markets, 2 

Mass fabricated sensors, 195—201 

Mass spectroscopy (MS), 52—53, 57—60, 62 

chemical ionization, 52 

fast atom bombardment, 52—57 

gas chromatography, 53, 57—60 

gas chromatography/chemical ionization, 53 

Mass transfer resistances, 334, 400 

Mathematical models, 89, 140—142, see also specific 

types 

McDonnell Douglass Continuous Flow Electro- 

phoresis System, 228, 246—247, 249, 251, 

Sioa 238 

Media compressibility, 309 
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Membrane gas exchanger, 380 

Membrane processes, 369—371, see also specific 

types 

Membrane reactors, 392 

Membranes, see also specific types 

enzyme, 393 

hollow-fiber, 394 

Membrane separation, 10 

2-Mercaptoethanol, 55, 60 

Metabolic activity of immobilized cells, 66 

Metabolic burdens, 130 

Metals, 411—417, see also specific types 

Methionine, 18, 20 

S-Methionine, 115 

MF, see Microfiltration 

Microbial elicitors, 114 

Microbial leaching 

of metals, 411—417 

of ores, 413—414 

Microbial upgrading, 414—415 

Microbiosensors, 176 

Microcarrier systems, 103 

Microfiltration (MF) membranes, 369 

Micro-glucose sensors, 178—180 

Microgravity, 238 

Micro-hydrogen peroxide electrodes, 178 

Microorganisms, 416—417, see also specific types 

Micro-oxygen sensors, 181 

Microscopy, see also specific types 

electron, see Electron microscopy 

structured modeling and, 66—68 

Microsensors, 186 

Microsphere technology, 381—382 

Mid-infrared, 187 

Minerals, 7, see also specific types 

MK-2, see Rhesus monkey kidney cells 

Modeling, see also specific types 

bacterial growth system, 149—157 

cell, 89 

of column processes, 333—340 

Cooper-Helmstetter, 133—134 

hollow fiber extractive fermentor, 140—142 

mathematical, 89, 140—142 

microscopic observations and, 66—68 

structured, see Structured modeling 

system, 149—157 

two-compartmental, 131 

Modified polymers, 38 

Molecule/molecule interactions, 11 

Molecule/particle interactions, | 1 

Monitoring, 12, see also specific types 

Monoclonal antibodies, 18, 96, 107, 267, 304, 312, 

406 

Monod relationship, 97, 149 

Monoferric transferrin, 349 

Morphinan alkaloids, 121, see also specific types 

Morphine, 118, 120 

Mouse mammary tumor cells, 383 

mRNA, 88, see also specific types 

CopB, 161 

RepA, 159—164 

MS, see Mass spectrometry 

Multibeam interferometry, 191 

Multiphase membrane bioreactors, 393—395 

Multiple-field fractionation, 11 

Multisensor design, 198 

Multivariate calibration, 192—193 

Murine IFN-y, 61 

Mutagenesis, 356, 407 

Mutants, see also specific types 

low-protease, 168 

protease-deficient, 168 

N 

NAD, 208 

NADH, 208 

NADPH, 208, 216 

Natural products, 110, see also specific types 

Natural resource utilization, 7 

Near infrared (NIR), 187, 191, 193 

Near infrared (NIR) spectroscopy, 191 

Negative affinity, 313 

Nickel, 347—348, 350—351 

NIR, see Near infrared 

Nitric acid oxidation, 422 

Nonessential amino acids, 94, see also specific types 

Noninvasive process analytical chemistry, 191—192 

Nonproliferating cells, 103—107 

Nonprotein products, 82, see also specific types 

Norlaudanosoline, 118—119, 121 

Novel affinity separations, 405—409 

Novel host-vectors, 86—88 

Nucleic acids, 322, see also specific types 

Nucleotides, 130, see also specific types 

Nutrients, 67, 76, 85,’see also specific types 

serum-supplemented, 103 

transport of, 67, 69 

Nutrition, 4—6 

OAA, see Oxaloacetate 

Oligomers, 18, 55 

Oligosaccharin, 115 

Oncogenes, 322 

On-line high-performance liquid chromatography, 48 

On-line process analytical chemistry, 186—187 

Oocytes, 407 

Optical purity, 397—398 

Optical spectroscopy, 187, 191 

Optimization, 72—74, 186 

Optrodes, 190 

Ores, see also specific types 

bioleaching of, 412 

microbial leaching of, 413—414 

Ovotransferrin, 344, 350—351 

Oxaloacetate (OAA), 216 

Oxaloacetate (OAA) decarboxylase, 210 

Oxidation states, 18 

Oxidized methionine, 18, 20 

Oxygen consumption, 100—101 



P 

PAL, see Phenylalanine ammonia lyase 

Papaverine, 118 

Papaver somniferum (poppy), 118, 120—121, 123— 

124 

Particle/particle interactions, 11 

Partitioning, 76, see also specific types 

PBS, see Phosphate-buffered saline 

PCP, see Pneumococcal capsular polysaccharide 

Peak width measurements, 335 

PEG, see Polyethylene glycol 

Penicillium sp., 422—423 

Pentose phosphate pathway (PPP), 206, 208, 213— 

216 

Peptides, 62, see also specific types 

Perfusion-flow system, 379 

Perfusion mammalian cell cultures, 98 

Perfusion rate, 98 

Perfusion reactors, 98—100 

N,O-Permethylated, N-acetylated leu-enkephalin, 52 

Pesticides, 6, see also specific types 

Petroleum, 7 

pH, 274 

Pharmaceuticals, 4, 110, see also specific types 

Phase-separated systems, 261 

Phenylalanine ammonia lyase (PAL), 115 

Phenylpropionic pathway, 115 

Phosphate-buffered saline (PBS), 263 

Phosphate-dissolving microorganisms, 414 

Phosphoenolpyruvate carboxylase, 210 

Phosphofructokinase, 281 

Phosphorus, 414 

Phosphorus/oxygen ratio, 209 

Phosphorylation, 82 

Photodiode arrays, 187 

Physical toxicity, 140 

Physisorption, 189 

Phytium sp., 121 

Phytoalexins, 115, see also specific types 

Phytophthora 

cinnamoni, 123—124 

megasperma, 115 

alpha-1 PI, see alpha-1 Proteinase inhibitor 

PID, see Proportional-integral-derivative 

Plant cell cultures, 110—126, see also specific types 

biosynthetic capacity of, 112—114 

elicitor-induced product formation in, 114—115 

Cinchona ledgeriana , 118, 123—125 

Dioscorea deltoidea , 118, 124, 127 

Glycine max , 115, 117—118, 120—121 

Gossypium arboreum , 118, 124, 126 

Papaver somniferum , 118, 120—121, 123—124 

Thalictrum rugosum , 117—119, 122—123 

productivity of, 113, 125 

techniques in, 1 10—112 

Plasma processing, 296—299 

Plasmid-containing bacteria, 84, 89, see also specific 

types 

Plasmid-containing yeast, 89 

Plasmid-encoded proteins, 83, 86, see also specific 

types 
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Plasmids, 89, see also specific types 

DNA of, 46, 130 

interactions with host cell, 89 

R1, 159—164 

replication of, 132 

segregation of, 130, 132—133, 135 

stability of, 83, 86 

synthesis of, 134 

Plug flow fermentor, 143 

Pneumococcal capsular polysaccharide (PCP), 247, 

249 

Polyacrylamide, 262—263 

Polyacrylamide gels, 66—67 

Polyclonal antibodies, 267 

Polyethylene glycol (PEG), 260, 263, 272, 324, 328, 

358 

antibody-modified, 265 

secondary antibodies derived from, 267 

Polyethylene glycol (PEG)-modified primary 

antibodies, 266—267 

Polyethylene glycol (PEG)-oleate, 263—264 

Polyethylene glycol (PEG)-salt system, 278 

Polymer-bound triazine dyes, 272 

Polymers, 38, 274, see also specific types 

Polypeptides, 82, see also specific types 

identification of, 60 

purification of, 18 

Polysaccharide, 246, 249 

Polystyrene latex (PSL), 226, 246, 248, 251—253, 

255—256 

Polyvinylbutyral membrane, 176 

Poppy, 120—123 

Pore diffusion, 334 

Pore structure, 340 

Posttranslational modification, 82 

PPP, see Pentose phosphate pathway 

Precipitation, 296, see also specific types 

fractional, 10 

metal, 416—417 

solvent, 298 

Preparative electrophoresis, 223—231 

Preparative extraction, 276—280 

Preparative reverse-phase, 20 

Preparative scale chromatography, 321—331, see also 

specific types 

materials 

for AT III isolation/characterization, 323 

for alpha-1 PI isolation/characterization, 323 

methods in 

for AT II] isolation/characterization, 323 

for alpha-1 PI isolation/characterization, 323 

results 

AT III heparin-Sepharose chromatography, 328— 

331 

alpha-1 PI anion-exchange chromatography, 

323—328 

Prepolymers, 38, see also specific types 

Preproinsulin, 83 

Pressure-driven membrane separation, 10 

Process analytical chemistry, 186—192 

in-line, 187—191 

noninvasive, 191—192 
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on-line, 186—187 

Process-control algorithms, 8 

Production rate vector, 210—211 

Productivity 

of plant cell cultures, 113 

specific, 140 

volumetric, 140, 142—143 

Proinsulin, 47, 168 

Proinsulin-S-sulfonate, 47 

Proportional-integral-derivative (PID) controllers, 

LST 

Proteases, 83, 167—171, see also specific types 

Protein A affinity resins, 314 

alpha-1 Proteinase inhibitor, 322—328 

Protein nature of bioproducts, 11 

Proteins, see also specific types 

adsorption isotherms for, 369 

affinity partitioning of, 272 

behavior of, 1 1—12 

biologically inactive, 83 

bulk, 82 

contaminant, 322 

engineering of, 82, 407 

folding of, 8, 47 

heat shock, 85 

interactions among, 322 

plasmid-encoded, 83, 86 

proteolytic, 85 

purification of, 52, 285—292, 295—301 

purity of, 285—292 

recombinant, 18 

serum, 103 

single-cell, 4, 33 

structural characterization of, 52 

therapeutic, 82 

total cellular, 84 

unfolding of, 8 

Proteolytic enzymes, 168, see also specific types 

Proteolytic proteins, 85, see also specific types 

Pseudomonas putida, 66 

PSL, see Polystyrene latex 

PSS, see Pseudo-steady-state 

Pseudo-steady-state, 206, 208, 211—213 

Purification, 8, 1O—11, 48—49, 231, see also specific 

types 

affinity, 406 

chromatographic, 47 

downstream, 94 

of enzymes, 286 

final, 47 

of formate dehydrogenase, 281 

of glucose-6-phosphate dehydrogenase, 280 

immunoaffinity, 406 

laboratory-scale, 357—359 

of phosphofructokinase, 281 

of polypeptides, 18 

of proteins, 52, 285—292, 295—301 

uracil-DNA glycosylase, 355—362 

Purification steps, 140 

Pyridine solubilization, 423 

Pyrogens, 18, see also specific types 

Pyruvate, 94, 209 

Pyruvate carboxylase, 210 

Q 

QA, see Quality assurance 

Quality assurance (QA), 301 

R 

Rat walker cells, 100 
rDNA, see Recombinant DNA 

Reaction/diffusion model, 400 

Reactors, see also specific types 

air-lift, 102 

bio-, see Bioreactors 

continuous-flow, 88 

continuous-flow stirred tank, 134 

dynamics of, 134 

hollow fiber, 103 

maintenance, 103 

perfusion, 98—100 

Recombinant antibodies, 407 

Recombinant bacterial cultures, 129—136 

Recombinant DNA (rDNA), 46—47, 238, 407 

Recombinant interferon, 17—23, 57, 312 

Recombinant organisms, 47, see also specific types 

Recombinant proteins, 18, see also specific types 

Recombinant vector host, Bacillus subtilis as, 167— 

171 

Recombinant vectors, see specific types 

Recovery of metals, 7, 412—414 

Recycling free-flow focusing (RF3), 240 

Recycling isoelectric focusing (RIEF), 60, 238—240, 

286, 288 

Red batch mammalian cell cultures, 95—96 

Reduced gravity, 261 

Redundancy analysis, 212—213 

Refractile bodies, 18 

RepA mRNA, 159—164 

Replication constants, 134—135 

Resins, 40, 309, see also specific types 

affinity, 314, 318 

ion exchange, 318 

protein A affinity, 314 

Resource recovery, 41 1—417 

Restriction enzymes, 46, see also specific types 

Reverse-phase HPLC, 17—23, 55, 57, 60 

Reynolds number, 252 

RF3, see Recycling free-flow focusing 

R-fraction, 72—74 

Rhesus monkey kidney cells (MK-2), 102 

Rhizopus arrhizus, 125 

Ribosomal RNA (rRNA), 69 

Ribosomes, 130 

Ribulose-5-phosphate, 213 

Rice straw, 32—33, 36—38 

Ricin A chain, 313 

Ricin B chain, 313 

RIEF, see Recycling isoelectric focusing 

RNA, 66, see also specific types 

CopA, 160, 162, 164 



ribosomal, 69 

Robustness, 148, 152 

Room monitoring, 48 

R1 plasmids, 159—164 

rRNA, see Ribosomal RNA 

Runge-Kutta computer algorithm, 72 

S 

Saccharomyces cerevisiae, 67, 82—84, 86, 141 

Safety, 48 

Salts, 274 

Sample stream distortion, 247 

Sanguinarine, 118, 120—121 

SAR, see State-of-the-art reports 

Scanning electron microscopy (SEM), 369 

SCP, see Single-cell proteins 

SDS, see Sodium dodecy] sulfate 

SDS-PAGE, see Sodium dodecy] sulfate (SDS)- 

polyacrylamide gel electrophoresis 

Secondary interaction phenomena, 340 

Secondary metabolism, 115, 125 

Segregational instabilities, 84, 130, 136 

Segregation of plasmids, 130, 132—133 

Selective pressure, 85 

SEM, see Scanning electron microscopy 

Semiconductor fabrication technology, 176 

Sensitivity analysis, 211—212 

Sensor array, 190 

Sensors, see also specific types 

bio-, see Biosensors 

enzyme multispecies, 195—201 

FET, 176—178 

fiber optic, 190 

gas, 195—201 

gateway, 186 

glucose, 178—180, 182 

glutamate, 180—182 

ion, 195—201 

mass fabricated, 195—201 

micro-, 186 

micro-glucose, 178—180 

multi-, 198 

multispecies, 195—201 

urea, 176—177 

Separand band spreading, 229 

Separation, 8, 10—11, see also specific types 

affinity, 10, 406 

aqueous two-phase, 11 

of cells, 231 

centrifugal, 367—368 

downstream, 140 

electrokinetic, 224 

electrophoretic, 10 

high-performance adsorption, see High-perform- 

ance adsorption separations 

ion exchange, 304—3 12 

novel affinity, 405—409 

Sepharose CL-4B, 335 

Serum, 94—95 

Serum proteins, 103, see also specific types 
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Serum-supplemented nutrients, 103 

Sesquiterpene aldehyde, 124 

Shake-flask experiments, 422424 

Shear, 94, 100, 240 

Silicon dioxide, 176 

Silicon nitride, 176 

Simulation, 72—74, 152—155, see also specific types 

Simultaneous saccharification and fermentation 

(SSF), 33—34, 40 

Single-cell proteins (SCP), 4, 33 

“Single chain” antibodies, 407 

Site-directed mutagenesis, 356, 407 

Snake venom, 286 

Sodium cyanide, 48 

Sodium dodecyl sulfate (SDS), 280, 286 

Sodium dodecyl sulfate (SDS)-polyacrylamide gel 

electrophoresis (SDS-PAGE), 18, 22 

Solid-liquid interface, 67 

Solid-phase techniques, 54, see also specific types 

Solution, 211—212 

Solvent dilignification, 33 

Solvent-to-feed ratio, 144 

Solvent-phase-based mass transfer coefficient, 142 

Solvent precipitation, 298 

Sorption kinetics, 334 

Soybean, 115—117 

Space, 224, 246 

Space Shuttle, 224, 246, 261 

Specific productivity, 140 

Spectroscopy, see also specific types 

fast atom bombardment/mass (FAB/MS), 52—S7 

gas chromatography/chemical ionization mass, 53 

gas chromatography-mass (GC-MS), 53, 57—60 

mass, see Mass spectroscopy (MS) 

near infrared (NIR), 191 

optical, 187, 191 

ultraminiature optical, 191 

Spin filters, 98 

Spodoptera frugiperda, 84 

SPOTMATCH, 289 

SRM, see Standard reference material 

SSF, see Simultaneous saccharification and 

fermentation 

Stability, 148 

Standard reference material (SRM), 415 

State-of-the-art reports (SARs), 366 

Steady-state conditions, 66 

Steady-state continuous growth, 94 

Steady-state determination of replication constants, 

134—135 

Steady-state mammalian cell cultures, 95—98 

Stereoselectivity, 397—403 

Steroids, 76, see also specific types 

Stokes equation, 252 

Streptomyces 

flavovirens, 422 

setonii, 422—424 

sp., 181, 422 

viridosporus, 422 

Stress conditions, 114 

Structural characterization of proteins, 52 
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Structural instabilities, 130 

Structured modeling, 65—66, 72—77, see also 

specific types 

kinetic, 130 

microscopic observations and, 66—68 

theory of, 68—72 

STS-6 experiments, 247 

STS-7 experiments, 248—249, 252 

Submicron particles, 229 

Substrates, see also specific types 

bioconversions of sparingly soluble, 392—393 

consumption of, 76 

‘hydrophobic, 76 

Subtilisin BPN’, 407 

Sulfhydryl groups, 48, 52 

Sulfitolysis reaction, 47 

Surface interaction, 11 

Suspension culture, 66, 110 

Suspension-type cells, 382 

Sweeteners, 6, see also specific types 

Synthetic gene technology, 407 

System modeling, 149—157, see also specific types 

T 

TBP, see Tri-n-butylphosphate 

TCA, see Tricarboxylic acid 

TDC, see Tyrosine decarboxylase 

Temperature, 274 

TFA, see Trifluoroacetic acid 

Thiobacillus ferrooxidans, 413—415 

Thalictrum rugosum, 117—119, 122—123 

Therapeutic materials, 298, see also specific types 

Therapeutic proteins, 82, see also specific types 

Thermodynamics, 260 

Thiele modulus, 401 

Tiselius apparatus, 236 

Tissue cultures, 10, see also specific types 

Tissue plasminogen activator (tPA), 384—385, 389 

Total cellular proteins, 84 

Toxicity, see also specific types 

lipopolysaccharide, 168 

physical, 140 

tPA, see Tissue plasminogen activator 

Trace contamination in bioreactors, 12 

Transferrin, 94, 344—349 

Transformation, 47 

Transport, 10, 67, 69, see also specific types 

Transverse-flow filtration, 299 

Tri-n-butylphosphate (TBP), 143 

Tricarboxylic acid (TCA) cycle, 208, 210, 216 

Trichoderma reesei, 33, 36, 40 

Trifluoroacetic acid (TFA), 20 

Trimethy] tin cations, 417 

Trypan blue-derivatized antibodies, 268 

Trypsin, 103, 407 

Two-compartmental models, 131, see also specific 

types 

Two-dimensional electrophoresis, 115, 286—288, see 

also specific types 

Tyrosine, 54, 118 

Tyrosine decarboxylase (TDC), 119, 121, 123 

Tyrosyl-tRNA synthetase, 407 

U 

Ultraminiature optical spectroscopy, 191 

Ultrasound, 192 

Ultraviolet-visible (UV-Vis), 187 

Uncertainty bound in bacterial growth system, 151 

Uracil-DNA glycosylase purification, 355—362 

Urea fet sensor, 176—177 

Urease, 176 

UV-Vis, see Ultraviolet-visible 

AY 

Vaccines, 94, see also specific types 

Vacuum dried final crystallization, 49 

Verticillium dahliae, 120 

Vesicular stomatitis virus (VSV), 18 

Viruses, see specific types 

Vitamins, 94, see also specific types 

Volumetric productivity, 140, 142—143 

VSV, see Vesicular stomatitis virus 

WwW 

Washout, 379 

Western blotting, 18 

Worldwide markets, 2 

Y 

Yeast elicitors, 115, see also specific types 

Yeasts, 67, 89, 94, 125, 407, see also specific types 

Z 

Zeolites, 75 

Zinc, 344—346, 348—349, 352 

Zymomonas mobilis, 69 
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